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ABSTRACT 

A practical application of the ability of a strain of Desulfovibrio 

to reduce sulfates to sulfide in concentrated brines is proposed. Using 

kinetic data from previous studies on the salt-tolerant strain, a continuous 

process for removal of sulfates from a ten per cent brine is designed, and 

the economics of the process are determined. A comparison is made with the 

economics of a conventional process which removes sulfates by precipitation 

with barium chloride. The results indicate that the bacterial process may 

be more economical for removing sulfates from brines of ten per cent NaCl 

or less, especially when large volumes are handled. 

A proposal is made for adapting the bacterial reduction process to 

reclaiming sulfur from seawater, using a cheap carbon source such as sewage, 

and utilizing the sulfate-free .effluent as feed for ,a seawater conversion 

plant. 
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Cost estimates are made based on the proposed design. These are 

compared with cost estimates for a plant removing sulfate from saturated 

(26. 7%) brine by precipitation with barium chloride. Since the bacteria 

are not able to grow well in saturated brine, the additional cost of pro

ducing saturated brine from 10 per cent brine by evaporation is considered. 

Costs of the two processes for removing sulfates from brines of 10 per cent 

and less are estimated and compared. 

A further application of bacterial reduction of sulfate in re

covering sulfur from seawater is hypothesized. 
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II . PRODUCTION OF SULFATE-FREE TEN PER CENT 
BRINE BY BACTERIAL SULFATE REDUCTION 

A. Description of the Sulfate-Reducing Bacterj_a 

In this study, the term sulfate-reducing bacteria re:fen; to the 

Gram-negative, obligately-anaerobic vib:do of the genus Desulfovibrio. 

'Though several species have been identified it is sufficient in this study 

to refer merely to the genus or to sulfate-reducing bacteria in general. 

The particular organism studied by Leban and Wilke, 2 and Edwards,3 from 

which kinetic data for this work is taken, was isolated from mud at the 

bottom of.salterns of the Leslie Salt Co. on San Francisco Bay. 

Desulfovibrios carry out sulfate reduction as an integral part of 

an energy-yielding respiratory mechanism analogous to oxidative phosphory

lation in aerobic metabolism. A mole of sulfate, as terminal electron 

acceptor, accepts 8 electrons as it is reduced to sulfide, thereby 

oxidizing the hydrogen-donating substrate, whic~ may be gaseous hydrogen 

or any one . of a large number of 1organic compounds. Oxidation of organic 

compounds is characteristically incomplete, invariably resulting in the 

formation of acetate. For example, the oxidation of lactic acid follows 

the relation 

2 H + 

The cell obtains the carbon for growth from assimilatory reactions. A 

more complete description of the organism and its isolation, cultivation, 

and metabolism is given by Leban and Wilke. 2 

/ 
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B. Growth and Kinetic Experiments 

Early experiments
2 

on the salt-tolerant Desulfovibrjo were c.'. ::·:c.:.co. 

out on a batch basis, the bacteria being allowed to grow in botT;ies fro::1 

which the air was excluded, and samples taken over a_ period of several ciEJ.'f'· 

to determine cell concentration, su],.fide concentration, and l.actate con

centration. Media used for the majority of the experiments contained lactic 

acid as a carbon source. 

Later work3 involved kinetic experiments with a continuous cultivator. 

The growth medium used was Medium M, described in Appendix E'. The fermen

tation vessel consisted of a 2.3-liter enclosed glass cylinder. Temperature 

control was accomplished by flowing water through a jacket. Stirring was 

achieved by a magnetic mixer. Sulfide concentration was controlled by 

metering H2s and N2 through the fermentation broth. Nutrient medium was 

introduced at a controlled rate with a peristaltic pump and overflowing 

broth was collected in a waste bottle. A schelllf!-tic description of' the 

apparatus is shown in Fig. 1. Kinetic data from this apparatus are used 

in this study and shown in Figs. 3 and 4, 

Most experiments performed on the salt-toierant strain were with 

media containing 10 per cerit NaCl and la~tic acid. The bacteria grew weli 

in 10 per cent salt but more slowly in 16 per cent salt. It can be ex

pected that growth would be even less .favorable in saturated salt solutions, 

but quantitative information is lacking. The experiments showed that the 

addition of yeast extract to the growth medium improved growth rates. Use 

of this data for design of an industrial-scale fermentation where yeast / 

extract is not added is therefore not strictly valid unless it is assumed 

that the raw material used as nutrient (molasses) contains some of the 

growth factors evidently present in the yeast extract. 

~- '.f 

-~·.:-
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Therefore the present study must be regarded as a preliminary 

assessment to determine ~hether or not further study of this method for 

sulfate removal ~ould be justified. For a more accurate assessment, ki- . · 

netic and yield data should be obtained ~i th substrate and process 

conditions corresponding more closely to the proposed process. 

C. Process Description 

1. Design Basis. 

In order to determine the economic feasibility of bacterial sulfate 

reduction, the costs involved in removing the sulfate from a given quantity 

of sulfate-containing rock salt by this method is compared with the costs 

of removing the sulfate from the same quantity of rock salt by precipitation 

of barium sulfate from barium chloride. The initial comparison is made 

between a plant which produces a 10 per cent sodiumchloride brine with· 

bacterial sulfate removal and a plant producing saturated brine (26. 7 per 

cent sodium chloride) with barium_chloride precipitation. A comparison is 

then made between the costs for the same barium chloride plant and the 

costs for a bacterial sulfate reduction plant producing saturated brine 

concentrated from 10 per cent by evaporation. 

The reason for design on the basis of 10 per cent brine in the 

case of bacterial sulfate removal is that the laboratory studies on ~hich 

the design is based involved the growth of Desulfovibrio in a 10 per cent 

sodium chloride medium. 2 '3 It is felt that an extrapolation of the kinetic 

data from a 10 per cent environment to 26.7 per cent ~ould not be ~arranted 

but that useful conclusions could still be drawn from the design of a plant 

processing 10 per cent brine, providing the same quantity of sulfate were 

processed as that in-the barium chloride process. 

The plan~ size chosen for this study is based on a daily chlorine 

production of 50 tons. With a consumption of L 7 tons of Iii Odium chlo.ride 

per ton of chlorine, the amount of rock salt processed is 85 tons per day. 
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Losses of salt in the purification step are assumed negligible. This 

plant capacity is probably about the average for the caustic-chlorine 

industry, although the recent trend is to b~ild plants in excess of 100 

tons per day. 

No attempt is made in proposing the plant design to choose the 

most favorable plant location and it is assumed that t:he cost factors 

due to location .average out to a negligible value. The rock salt used by 

the plant comes from Kingman, Kansas, and a logical choice for plant site 

would perhaps be in this area. This particular rock salt was chosen for 

the study because the relatively high sulfate content would dictate the 

need for purification in application to the chlorine-caustic process. 

Advantages of sulfate removal by bacteria would logically be more likely 

in treatment of brines of high sulfate content, since larger quantities 

of expensive barium chloride would be required per unit of rock salt 

processed. The composition of the rock salt of interest is shown in· 

Table 1.
4 

In the design, the following further assumptions are made: 

(a) The land necessary for the plant is already owned und available. 

(b) Facilities for utili ties such as steam and cooli-ng water are 

available for use, having been built to serve a hypothetical 

chlorine-caustic complex or other nearby chemical pla~t. 

(c) Storage and handling facilities for the rock salt have been 

built. 

(d) Administrative offices, laboratories, cafeteria, clinic, etc., 

and attendant personnel are in existence as part of the com

plex as a whole. 

(e) Capital is company-owned . 

·, 
I 

/ 

-::•; 
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Table 1. Composition of roqk salt from 
Kingman, Kansas 

Constituent ~ bl wei€;ht 

NaCl 97·51 

Caso4 1.51 

Na
2

so4 0.57 

MgC12 
. 0.10 

Fe
2

o
3 

O.ll 

Insolubles . 0.20 

Per cent by weight so4 = 1.46% 

. ·!' 

/ 

I{; . .. 
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2. General Process Description 

The process can be divided into severa:l steps, as illustrated. j_n 

Fig. 2. 

a. Feed preparation. First, the sulfate-containing rock salt rnu:.;t 'oe; cL.<;

solved in water along with a suitable carbon substrate and other nutrients 

for growth of sulfate-reducing bacteria. 

b. Anaerobic fermentation. This is the main step of the process. 

Desulfovibrio is allowed to grow in a continuous cultivator under strJctly 

anaerobic conditions. Cellular material is formed ~t th~ expense of the 

carbon substrate while the energy for cellular activity is obtained by re

duction of the sulfate in the brine. to sulfide. 

c. Removal of H2~. The sulfide formed from the sulfate is partially evolved 

as H2S in the fernientor, but the remainder stays in solution. This suJ.fide 

must be removed,.preferably as H
2

S, from the brine streamand suitably 

disposed of. 

d. Removal of organics. Unmetabolized organic material and additional 

organic matter produced in the anaerobic fermentation must also be removed . 

. from the brine before it can be used. 

e. Clarification. Finally, the brine stream is freed of all particulate 

matter and is decolorized, emerging as a clear, sulfate-free effluent. 

3· Selection and Design of Process Steps 

In this section, the development of the final process is described, 

as alternative methods of carrying out each process step are discussed and 

the design of the major processing equipment is carried out. Design cal

culations for minor and auxiliary equipment for the process are shown in 

Appendix A. 
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a. Feed preparation. The initial design for preparing feed solution for • 

the fermentation involved three large agitated tanks :for disso1ving rock 

salt and mixing in nutrients batchwise, each tank dischorging its conten~G 

alternately after one hour of mixing into a large holding tank. Th:i;·; ,1,,:;~ 

sign proved costly in terms of capital investment and labor requiremer;ts 

and a more economical continuous system was designed. The continuous system 

is a variation of the method for producing saturated brine from rock salt 

for the caustic-chlorine industry, namely, the technique of passing water 

through a bed of rock salt so that it emerges completely saturated in 

sodium chloride. Rock salt from a large pile or storage bin is fed con

tinuously to a belt conveyor which transfers the salt at a rate of 7,090 

pounds per hour to the top of a 20-foot concrete saturation tower. The 

tower is thus kept full of rock salt while 19,000 pounds per hour of pro

cess water flows upward through the salt bed and overflows at the top fully 

saturated with sodium chloride. The saturated brine flows by gravity to 

a 2,000-gallon. blending tank where it is diluted continuously with 42,800 

pounds per hour of process water to a concentration of about 10 per cent 

sodium chloride·. The necessary nutrient, molasses, and the minerals, 

phosphoric acid, ammonium chloride and sodium sulfide, are pumped at con

stant flow rate from storage tanks and mixed with the brine in the blender 

to fo:ron a continuous stream of nutrient medium for the microbial sulfate 

reduction. This method eliminates the need for controlled feeding of rock 

salt to a dissolving tank that would require a higher residence time than 

a blending tank which handles fluids only. 

The storage tanks for molasses and phosphoric acid are designed for 

one month's supply, while the mineral storage tank holds approximately one 

Qay's supply. Mineral solution is made up daily in a batch mixer. The 

feed blender is designed for an average residence time of fifteen mj_nutes . 

Calculations on 'the design of the feed preparation equipment including 

conveyor, saturation tower, blending tank, storage tanks and associated 

pumps are shown in Appendix A. 
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b. Anaerobic fermentation. Kinetic data by Leban. et al. 3 and }~dwarcl:_; u~·,(i 
'\-lilke, 0 are used to design a fermentor for carrying out sulfate reducti.on \. 

by bacteria. A sulfate-removal efficiency of 99 per cent is cho:~en b<:c:m;;C; 

it corresponds to a sulfate concentration in the fermentor. (a;:1d efi'Juc,n-!:. ~ 

concentration) of 0.2 mM/1, for which data from a continuous lc-,borc."cory 

experiment are available, as shown in Figs. 3 and 4. These data, hm-H::v.c~:.·, 

most likely do not demonstrate the true dependence of specific growth :ca te 

on sulfate concentration. In designing the fermentation system, sulfate 

concentration is assumed to be the limiting growth factor, while it appears 

that the curve of Fig. 3 does not pass through the origin as it should 

for true sulfate limitation. Unfortunately, 'these are the only kinetic 

data available for design purposes, since, as Leban and Wilke2 have pointed 

out, very little quantitative data on sulfate reduction by bacteria h::H> 

been published in contrast to the considerable research done on physiology, 

morphology and ecology of genus Desulfovibrio. Investigation of sulfate

limited growth kinetics is necessary if the economic advantages of sulfate 

removal from brines or other solutions are to be exploited. The data 

further suffer from the fact that the laboratorymedium for growth con-

tained yeast extract which was shown to be an important factor in the 

growth rate of Desulfovibrio. Further research would demand the investi

gation of growth under conditions expected in a large -scale application. 

For instance, the utilization of bacteria for recovering sulfur 

from seawater would require knowledge of growth kinetics in seawater with 

nutrients such as molasses or even raw sewage as carbon sources. Use of 

yeast extract to furnish growth factors on a industrial scale would be 

prohibitive because of high cost. It is possible that these unknown 

growth factors may be present in molasses or raw sewage, however. 

Use of tile data from Figs. 3 and 4 will give only an approximate 

design figure for a fermentor, but if the cost of the fermentor is not the 
I 

dominating factor in the economics of the process, conclusions may still 
! 

be drawn concerning the feasibility of the method . 

. \'·-·1 

:i.··.' 
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The following fermentor designs were considered for carrying Ot<t 

sulfate reduct;i.on: 

(a) Single-stage, stirred tank. 

(b) Two-stage, stirred tank. 

(c): Single-stage, stirred tank with centrifuge recycle. 

Of these three alternatives,·the single-stage stirred tank with 

centrifuge recycle shows the most promise on the basis of economy. Approxi- / 

mate installed cost of each alternative design is given in Table 2. The 

contributing factor to high cost in the first two designs is the tremendously ' 

large volume--on the order of l million gallons--necessary to carry out 

the slow fermentation process. With such large volumes, adequate mixing 

is a definite problem. 

By centrifugation of the effluent from the fermentor, the cells .are 

concentrated in a slurry andreturned to the fermentor. A high steady

state concentration of cells is maintained in the fermentor in this manner, 

thereby reducing the required volume by a factor of about 200. 

The design calculations for the single~stage and two-stage stirred 

tank 'fermentors are shown in Appendix A. Design of the single-stage 

fermentor with centrifuge recycle is carried out as follows: 

(1) Design of fermentor: 

Design criteria: 

Initial sulfate s
0 

= 18.3 mM/1 (millimoles per liter) 

Effluent sulfate s1 = 0.2 rriM/1 (99 per cent reduction) 

-12 I Dry weight of cells 10 g cell 

. -12 ;· Wet weight of cells = 2.5 x 10 . g cell 

Volume of cells = 2.5 x lo-12 ml/cell (density 1 g/cc) 
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Table.2. Installed costs of various fermentor designs 

Design Type Installed Cos~ February 1966 

Single-stage stirred tank ~153,000 

Two-stage stirred tank 123,000 

Single-stage stirred tank, 

centrifuge recycle 

!.>' .. 
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The maximum practical concentration of dense culture obtained '-" 

the fermentor is assumed to be 10 per cent cells by volume. 

10% by volume = 0.1 ml cells/ml .solution 

x1 = (0.1 ml cells/m)J/(2.5 x 10-:-12m1 cells/cell):= ~~ x 1010 cell::i/ml 

This represents a concentration 150 times the normal maximW•t concentration 

obtained in a batch culture. 

A continuous centrifuge is used to concentrate the effluent and the 

thickened slurry is recycled back to the fermentation vessel. Assu..'ning 

the returned slurry is 50 per cent cells by volume, (see following section 

on design of the centrifuge) the concentration factor, c, will have a 

value of 5· 

Referring to Fig. 5(c), a cell balance over the entire system 

yields at steady-state: 

where F = volumetric flow rate, gal/day 

vl =volume of fermentor, gal 

x2 = cell concentration in effluent stream, cells/ml 

-1 
~ = specific growth rate of the cells, day 

A sulfate balance over the entire system gives: 

~Jso -sl J "(~l ::~) xl 

where ( ~l ::l) "-specHic r~t~ of sulfate reduction, 

rnM/ (cell) (day) . 

(l) 

(2) 
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Fig. 5. Alternative designs of a continuous cultivator for bacterial 
sulfate reduction. 
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Then, 

for s1 = 0.2 mM/1 
' 

...;1 
~ 0.13 day from Fig. 3 

( ;
1 

::
1

) = 0.125 x 10-
10

mM/(cell)(day) from Fig. 4 

. = (18.3-0.2)(187,000) 

Vl (0.125 X l0-10)(4 X 1013 ) 

vl = 6770 gallons 

From Eq_. (l) 

~ "x:G1l" 
. 10 ( 6770 l 8 x2 = (4 X 10 ) 1g7 ,OOO (0•13) = 1.88 x 10 cells/ml 

. ·} 

·A cell baiance on the centrifuge yields: 

(3) 

where E is the fraction of feed recycled to the fermentor and c is the 

concentration factor, having a value of 5 as previously mentioned. 

1 
E = c-1 

1 
E = 

5
.:_1 = 0.25 
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The recycle rate EF will then be: 

EF = (0.25)(7800 gal/hr) = 1950 gal/hr 32.5 gpm 

The concentration in the recycle stream cx
1

, is: 

10 11 
cx1 = 5(4x 10 cells/ml) = 2 x 10 cells/ml 

The reduction in fermentor volume from the case of a single stirred

tank fermentor is more than 200-fold. The investment cost' including the 

centrifuge is lower than for the other designs, as shown in Table 2. 

(2) Design of centrifuge: 

The design of a continuous centrifuge from theoretical principles 

alone is not generally possible in the present state of knowledge. The 

scale-up method of Ambler
1

5 may be useful when pilot-plant or laboratory 

data are available but in most cases full-scale test runs by the manu

facturer are necessary for determining whether a given separation can be 

accomplished by centrifugation. This is especially true in the case of 

the disc-type centrifuge with nozzle discharge, where such variables as 

the nozzle diameter are determined by trial-and-error in full-scale equip

ment. Nozzle-discharge centrifuges such as manufactured by DeLaval find 

use in the separation of yeast "cream" from the fermentation broth ··in the 

manufacture of baker's yeast. These centrifuges can handle large volumes 

of slurry and can concentrate. solids up to 50 per cent by weight, 
2 

and are 

therefore suitable for the purposes of this design. 

Perry2 and Flood3 have given a few design criteria from which 

an appropriately-sized. disc ~entrJfuge mB.y be chosenand>its cost esti:.: 

mated. Cost data taken from Flood are plotted and shown in Appendix F. 

The centrifuge should be able to handle 165 gpm or more of liquid 

throughput and discharge up to 1.6 tons of dry ;;olids per hour. According . 
to ~erry and Flood, a nozzle -discharge centrifuge with a 30-inch bowl would 

be required for these conditions. This type of centrifuge typically draws 

15 to 40 kw hr/ton .. With 4 tons/hr of solids (wet basis) the power required 

• .. \ 

~~ . 

a, 
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is 100 kw hr or 135 hp, which is_ typical of examples given by Pc:rry. r;'L<o 

presence of hydrogen sulfide requires the use of stainless steeJ_ for <:,l:L 

~~etted parts. 

Since this design has not been based on experimental vlork with 

centrifuges 1 there is no. gusrontf'le th~>Jt it 'Will \>Jorlc. Neither has the 

assumption that the kinetics will remain- the same for dense cultures as in 

usual cultures .been tested experimentally·. At best, it is an adaptation 

of a design that has found some use, though not extensive, in the fermen

tation industry. It is proposed in-this study because of the economic 

advantages it offers. Its successful exploitation in industry requires 

more research into kinetics of dense cultures and centrifugation of bac

terial cells. 

c. Removal of H,..S. Sulfides in solution are highly corrosive to metals 
--------;;::-

and even concrete and as such are much less tolerable than the sulfates 

from which they originated. 

for removal of sulfides: 

There are several methods which can be used 
' 

(1) Oxidation of sulfides to sulfur wi~h c12 

(2) Formation of insoluble sulfide, e.g., FeS 

(3) Stripping H2S with air 

(4) Steam-stripping H2S 

.The first two methods are simple and inexp~nsive·when the level of 

sulfides is low. But they introduce new contaminants to the brine stream 

and since prec~pitates are formed, further-processing is required. It is 

not likely that sulfur or a usable sulfur product can be recovered econom

ically from the first two methods since the precipitates will be mixed with 

cells and cellul~r debris from the fermentation and activated-sludge pro-

cess (which is discussed in the next section dealing with removal of organics). 

If the pH is 7.0 or less, a majority of the sulfide can be stripped out as 

/ 
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H2S., Stripping with air is a widely-used technique and is effective in 

n
2
s removal. The major drawback in this case is that the H

2
s gas is di

luted by a large volume of air, making recovery of the gas for possible 

sulfur manufacture difficult. Release of the H,.)3-conta ining air to th'i~ 
E. 

t1tl110t3ph~rl!:l iu to be avoided, einee it presents an air-pollution problem. 

Steam-stripping has the advantage of producing an effluent gas 

rich in H
2

S, making it directly amenable to sulfur recovery and eliminating 

the pollution problem. A full discussion of various alternatives for dis

posal of the H
2

S is given in Section D of this chapter. 

For this study, we will postulate that-H
2

S is not to be discharged 

to the air, keeping the process as clean as possible. This dictates that 

a steam-stripper should be incorporated into the process. ~1e procedure 

involved in the design of the ~tripper follows: 

(1) Calculation of sulfides in gas and liquid effluents from the 

fermentcir: 

Formation of gas in the fermentation generally follows the stoichi-

' ometry 

·Thus, for every mole of H
2

S formed, two moles of co2 are also formed. 

The fl·ow rate of rock salt is 85 tons per day or 7090 lb/hr. Vlith 

sulfate at 1.4·6 per cent, and with a 99 per cent conversion of sulfate to 

sulfide, the amount of H2S potentially produced is calculated as (0.0146). 

(7090)(0.99)(34/9Q = 36 lb H2S/hr. The amount of C02 formed will be (2) 

(36)(44/34) = 93 lb/h~. 

Both the H2S and co2 will dissolve to a certain.extent in tbe brine, 

according to their respective solubilities. Figures 6 and 7 give the 

solubilities of H2S and co2 in NaCl brines as a function of temperature. 

The broken· curves are extrapolations or interpolations vlhich should be 

· ... '. 

.}( 
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NaCl 

Temperature, °C 

M U 8 1.2229 

Fig. 6. Solubility of H
2

S in -water and NaCl brine~_33,52 N = g-equiv. 
of NaCl per liter. a: ==volume of H2s at STP per volumecof solution. 
Partial pressure of H2S == l atm . 
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Fig. 7. Solubility of co2 in water and NaCl brines.33,52 M =moles 
NaCl per liter. a: = volume of co2 at STP per volume of ~elution. 
Partial pressure of co2 = 1 atm. 
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reasonably accurate. These curves show that the presence of NaCl lowers 

the solubilities of the gases. 

An H2S material balance on the fermentor illustrated in Fig. 8 

may be written as: 

where 

x1L + y1G = 1.06 

xl = mole fraction H2S in liquid 

yl = mole fraction H S in effluent gas 2 

L total liquid molar flow rate, lb-moles/hr 

G = total gas molar flow rate, lb-moles/hr 

Similarly for co2 , 

H2S and C02 in the gas are in equilibrium with the liquid according 

to Henry's law: 

where H1 , H2 ~Henry's law constants for H2S and co2 

P = total pressure 

An additional equation can be written: 

Since the gaseous species are very dilute in·the liquid, L can be closely 

estimated as the total molar flow of water and NaCl. 

water 

NaCl 

61,900 

6,910 

lb-moles/hr 

3440 
118 

:L = 3560 lb- moles/hr 

/ 
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G 
r--------:> 

H2S: 8.4 tb/hr, y:::O.i91 

C0 2 : 46.3tb/iH, y:::0.809 

P = 1 at m 

H2S: 27.6 lb/hr, X= 2.28 X 10- 4 

co 2 : 46.7 tb/hr, x::: 2~99 x to- 4 

T = 30°C 

M U B ·12231 
Fig. 8. Distribution of H

2
S and co2 in li~uid and gas effluents from the 

· anaerobic fermentor. 

... 
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As estimated from Fig. 6 at 30°C, 1 atm part:Lal pressure, 

a:3~ = 1.48 1 H2S/l H20. For dilute solutions, tl·"~: Henry's lawconstar::t 

is calculated as follows: 

Since H 
1 

)0 . 1 atm 
H 1 == -r( l:-.""T4""'"'8-l=--H.,....

2
-=-s-r./ 1:--::-H:-

2
-=-o .,....))-n(--=-2-=-2 ....... 4~1-=-H:..:._ 2_,s_,/,_g-~m-o....,.l_e..,..) ..... ( 5-'-5-.=5-g-. --rn-ol,_e_s_,/r=-1-l-I

2
_,o...,..) 

30 
H 1 == 840 atm/mole fraction 

l<'rom cx3g == 0. 46 

H3g == 2700 atm/mole fraction 

We have written five equations, and now there are .five unknowns, 

x
1

, y1 , x2 , y2 , G, which can be solved for. 

Thus, yl = 0.191 

y2 0.809 

xl 2.28 X lo-4 

-4 x· 2 · 99 X 10 2 

Ll = 0.81 lb-moles/hr 27.6 lb/hr 

L2 1.06 lb moles/hr 46.7 lb/hr 

G 1 = 8.4 lb/hr 

G 2 - 1+6.3 lb/hr 

(2) Design of steam-stripping column: 

Having established the concentrations of H2S and co2 in the brine 

from the ferment?r, a suitable steam-stripping column for removal of the 

rema:Lning gases can be designed. 

,.-.. 
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Consider the column illustrated in Fig .. 9· 
balances for H2S and co

2 
are: 

Overall material 

L(x~ 1) xl GE~ (l) 

F 1 E (2\ L(x2 - X ) = GEY2 2 . I 

also, y1 + y2 + Ys = 1 (3) 

and. 
Gs 

( 4) y =-
S GE 

The subscripts 1, 2, S refer to H2s, co2 and steam, respectively. 

GE is the total molar flow of gas in the column effluent. 

column: 

The following assumptions are made about the operation of the 

(a) The steam flow rate G
8 

is constant throughout the column. 

(b) The column operates isothermally at 2l2°F and the total 

pressure in the column is constant at 1 atm (pressure drop 

is negligible). 

(c) The brine molar flow rate, L, is constant. 

Writing material balances for H2S and C02 
th . 

on. the n plate in the column, 

l -y~~:l y~+lJ" +~ -X~+~ (5) G8 ~ 
n 

yl 
n n' 

- y1 - y2 

Gs'-
n y 
2 
n n 

Ll - yl - y2 
(6) 

:-. \ .. . . '· '~ 
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ti' L Feed GE Exit gcses 

·-.J xF xF y E y E 
1 2 1 2 

"-' . 

n+t n+1 
X I y 1 

n+l n+l 
x2 y2 

Gn+J 

Gn 

/ 

X I 
t 

Steam 
x1 

2 

L Gs 

M U B 12232 
th ' 

Fig~ 9· Material balances on the n plate of a bubble-plate steam 
. stripper. 
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:ccc3llinG that x1 and x2 < < l. Equations (5) and (6) dcscr~be the 

operstinc; line of the column on a McCabe-Thiele type di3.gram. The equiJ.i- ~~ 
· · l t · h · for the nth l · · " ' · '· ' ~ t - .,..,. • " or:LUm re a lOns lps p a'te are represei.1ce~ rJY r~en:ry ~ .Law a ..i. "a.ffL 

n+l n 
y1 = Hlxl (7) 

n+l n = H2x2 y2 (3) 

The Henry's law constants are obtained from Figs. 6 and 7. · For. 

H2s,,at l00°C and l atm partia~ pressure, 

cxlOO 0.975 
l 

ni00 
= l/(0.975)/(22.4)(55·5) 

Hl - 1280 atm/mo1e fraction 

similarly, 

cxlOO 
2 = 0.215 

HlOO 
2 . = 1/(0.215)/(22.4)(55.5) 

H2 = 5790 atm/mole fraction 

The liquid molar flow rate is 3560 lb-moles/hr. The steam rate G
3 

is 

specified at 5 lb-moles/hr. This value was obtained by roughly doubling 

the minimum steam flow rate of 2.11 lb-moles/hr calculated. from a McCabe..c 

Thiele diagram (Fig. 10) for the binary system n2s-H2o at 'l00°C. A 95 

per cent removal of n
2

s is specified and at a steam flow rate of 5 lb

;-;,oles/hr, about 3. 5 theoretical plates are required, assuming the co2 has 

no effect on the stripping. 

A more l'ic;o:c·ous design taking into account the COr as -v1ell as the HrS 
~ G 

rec;,uires the use of Ec-1s. (1) through (~). For a ternGry system, the concen-

tration of only one of the gases in the brine effluent can be specified. 

i-<1 
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1 
specifying 95 per cent removal of H

2
s, x1 ·~ (0.05) 

-4 
~ 0.114 X 10 The mole fraction of co

2 
j.n the effluent 

orine is then assumed to be a certain value. Using Eqs. (5) through (8), 

plate-to-plate calculations are made starting with the bottom plate. 

l\fter n calculations, if it appears that the calculated values. of xn+l 

and. yn+l will not coincide with the feed and effluent values of xF and yE 

obtained from the overall material balance, the assu.~:ed value ofy~ is 

judged incorre.ct and a new value assigned, followed by new plate -to-plate 

calculations. Of course, when the steam flow rate has been specified, 

tpe coincidence of values from plate-to-plate calculations and values from 

the overall material balance may not occur at an integral number of plates. 

Application of the trial-and-error procedure described above re

sulted in the conclusion that essentially all of the 00
2 

is ·removed in the 

top section of the column. For 95 per c'~ilt removal of H
2
s, somewhere be

tween 3 and 4 eQUilibrium plates (ideal) are required at the specified 

steam flow. rate of 90 lb/hr. Essentially the same number of plates ;.1as · 

estimated by neglecting the co
2 

and constructing· Fig. 10 for a binary 

system. 

To be on the conservative side, 3·;5 ideal equilibrium plates are 

specified for the stripper. 

The following final concentrations of H
2

S and co
2 

are obtained in 

the effluent liquid and gas streams: 

In the brine stream, 

X~ 0.114 X 10-
4 

1 
x2 ~ o· 

In the ges stream, 

,, . 
·~ ! .. , 
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Fig. 10. McCabe-Tlliele diagram for the system n
2
s-H20 at 2l2°F, l atm; t.·· 
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Gi 26.2 lb/hr 

G; = 46.7 lb/hr 

Total molar gas flow, GE = 6.833 lb..:.moles/hr 

(3) Calculation of overall column efficiency: 

There are numer.ous correlations for obtaining the efficiency of a bubble

plate tower in the absence of experimentally-determined efficiencies. The 

most rigorous of these is that proposed in the A.I.Ch.E. Bubble-Tray 

Design Manual (1958 ). Calculations according t? this method, shown in 

Appendix A, give a column efficiency of 0.294. Thus the required number 

of equHibrium plate[; will be: 3. 5/0. 29LJ· = 12 plates. 

Appropriate column dimensions would be about 20 feet high by 3 
fee-::, wide, all01ving l-'foot spacing between plates and about 4 feet for 

entr:omce sections. At the operating temperature of the column, v1et H
2

S 

is highly corrosive, precluding the use of carbon steel as a material of 

construction. A 5-7-mil coating of baked-on phenolic for the inside sur-

faces of the column, including the plates and bubble caps, is adequate for 

preventing corrosion.
46 

The total area to be covered is 470 sq :ft. At a 

1956 price
13 

of ~1. 70 per sq ft, the cost of the coating is ~800 in 1956, 
. 13 

or $900 in 1966, applying the CE Plant Cost Index. From Chilton's data, · 

the cost of a carbon..;steel bubble-cap tower 3 ft in diameter is ~280 per 

plate, or a total of $3360 in 1947. Lpdating via the CE Index, the 

January 1966 installed cost of the carbon-steel tower and plates is $5600. 

The total installed cost of the t01ver. is, ,~herefore ~6500. 

Of cours~, there is no way of telling in advance whether the pre- / 

sence of microbial cells in the feed stream will effect the operation of the 

column. A periodic cleaning of tbe colunm will probably be necessary to 

remove accumulated cellular debris. At 2l2°F, the colwnn may well be self

cleaning, however. Certainly no bacterial ·growth will occur at that 

terr1perature. 
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(4) Design of steam condenser: 

The exit gas from the stripping tower consists of 73.1 per cen"c 

vl3ter vo.por. This quantity can be reduced by simply condensing ·the v1ater 

vapor and subcooling to lower the vapor pressure of the water. The con

densation and cooling can be carried out by heat exchange with the incoming 

brine feed. Cooling and condensing causes the pressure to drop to 5 psia, 

so that the gases must be removed by a compressor. The exit gas has the 

composition: 37% H2S, 50.8% co2 , and 12:2% H20 at about 86°F. Cooling 

still further will remove more H2o. The design calculations for the con

denser are given in Appendix A. For a heat-transfer area of 5.1 sq ft, 

the 1966 cost is ~470. 

(5) Other auxiliary equipment: 

In addition to a condenser and compressor, a pump for the feed to 

the column is required, as is a heat exchanger for recovering heat fro::1 the 

tower bottoms for preheating the incoming brine .. In addition, further 

heating is required to make up for heat losses and inefficiency of the 

economizer. Steam is used for this purpose, exchanging heat with the brine 

in a heat exchanger. Direct-steam-injection has the disadvantage of 

diluting th~ brine stream by about l per 'cent, since 770 lb/hr of steam 

are required. Calculations for the design of this auxiliary equipment 

appear in Appendix A. The feed economizer requires 2700 sq ft of heat

transfer area and haro: a 1966 cost of ~13,800. The steam-heater requires 

43 sq ft and costs ~780. 

A flow diagram of the H2S stripping unit is shown in Fig. 11. 

d. Oxidation of organic material. The removal of organic matter suspended 

or dissolved in 'dater is a problem common to the sanitary engineer. Aerobic 

biological oxida~ion, ·sometimes in conjunction with anaerobic digestion, has 

been used in sewage treatment and is finding some.use in the treatment of 

industrial wastes. The most widely-used method of biological oxidation 

/ 

is the activated-sludge process. In this process, the organic -containing •· 

stream is brought into a large vessel, either open or closed and usually 

rna de of concrete, v1here it is aerated vigorously by passing ct ir through 
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Fig. ll. · Flow diagram for H
2

S stripping tower. 
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diffasers at the bottom of the vessel. The usual residence time in tr.e 

ac:n;tor is 6-8 hours. At the high aeration rate the growth of .se:cob:i.c 

b:o:cteria, fungi, and protozoa is stimulated at the expense of the exCf;Ss 

organic material, and the mass of cells, including non-viable a:.tserobic 

organisms 1 forms a floc which is then allowed to settle in a large sc:.:ttli:.tg 

tank~ Part of the settled solids, the so-called activated sludge, is re

cycled to the aeration tank to keep the' population density of microorganisms 

at a high level. The unrecycled solids are allowed to dry on dewatering 

beds and incinerated or sold as fertilizer .. About 90-94 per cent of B.O.::J. 

(Biological Oxygen Demand) is removed by the activated-sludge process.5 

The Chemical Oxygen Demand (c·.o.D.) of Mediwn lVl (Appendix E) af'te:c 

anaerobic growth of Desulfovibrio has occurred has been dete:cmined by the 

chrorr~te method5 to be 15.6 g o
2
j1; This is adequate for the support of 

an activated sludge and it is assumed that the C.O.D. level of spent molas

ses medium will be equally favorable. An attempt was made to determine 

, l·:hetb.er an activated sludge would develop in a 10 per cent salt solution 

containing Engose-127 in shake cultures inoculated lvith soil. .Afte:c 

several days considerable growth had occurred but only a few species of 

microorganisms devloped, including yeasts, and r.o flocculation occur:ced. 

The results are not surprising, however; a satisfactory sludge could 

p:coba.bly be developed from a raw-sev1age inoculum. 

For the design study, a conventional activated-sludge system is 

inco::.."J)Orated. The aeration tank has 
1
a residence time of 7. 7 hours (60,000 

gal)) and the final settling tank a. residence of 3-2 hours (25,000 gul). 

Concrete is the material of construction. Investment costs are estimated 

from published sources9 which conveniently give installed costs of several 

types of sewage treatment systems plotted against the design flOv/ rate::: 

(million gallons·per day). Though there is considerable scatter in the 

gathered data used to develop these cost curves, they probably give a r::uch 

~ore reliable estimate than could be gotten from calculating the amount 

and costs of concrete, steel, labor, etc., needed to build an activated-

,,, . 
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. sludge unit. Rowan et a1. 10 have published information on operating and 

rMintenance costs for activated-sludge plants. For a brine flow rate of 

7800 gal/hr, the design flow rate for the activated~sludge plant is 0.2 

MGD (million gallons per day). The investment cost, not including engi

neering, legal and administrative costs, is $100,000 in 1959 dollars.9 

The operating and maintenance costs for a plant of this size are ~8700 

per year, not including capital maintenance (depreciation) costs. 10 

Other methods of remova.l of organic material involve chemical 

oxidation or wet combustion. The first method is not feasible on a large 

scale because of the high cost of oxidizing agenst such as potassium per

manganate. 

Air-oxidation of organic materials is carried out in the Zinunermann 
11 . 

process, where a feed stream such as concentrated sewage sludge is con-

t.acted with air in a high-temperature, high-pressure :reactor and the organics 

actually burn like fuel and are reduced to a non-active ash. This latter 

method is generally not applicable to relatively small flow rates such as 

in this design, or streams of less than 25 g/1 c,.6 .D. Investment costs are 

high because of the need for high-pressure, high-temperature equipment. 

e. Brine clarification. If the activated-sludge plant is operating as it 

should be, the greater bulk of the cellular ·material and other solids -will 

settle out rapidly as a floc in the settling basin. Nevertheless, a certain 

amount of solids will be present in the overflo-w, as well as some dissolved 

organic material which -was not oxidized by the microorganisms to co
2 

and 

cellular material. An efficient way of removing particulates and disposing 

of organic matter in low concentrations :Ul to pass the liquid through a 

sand filter. Better results may be obtatned.by adding an adsorbent such 

as carbon to the bed. In addition to removal of solid particles, dissolved 

organics are removed by a layer of microbial growth -which develops on the 

upper part of the sand bed, and by adsorption .by the carbon. For a bed 

·with no adsorbent, virtually complete removal of solids is possible, with 
. 47' 

50 per cent reduction of dissolved organics and 20 per cent color removal. ·.· 
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Very often a sand-type filter is enclosed in a vessel and operated 

under pressure to obtain. a desired throughput of liquid. Such a pressure t\ 

filter is proposed for this design study. ;. To facilitate the periodic 

cleaning of the filter, two units are installed. .i.n pLll·ullel, each of -wLich '-" 

can handle the total brine flow rate. 'A typical design criteria5 for a 

sand filter is 4 gpm/sq ft. With a brine flow rate.of 130 gpm, 32.5 sq ft 

of bed area are required. The bed is 6 feet deep, consisting of 2 feet of 

fine sand, 1 foot of coarse sand, 2 feet of crushed anthracite, and 1 foot 

of crushed rock. The installed cost of pressure filters varies from about 

~17 to ~40 per gallon of "Water per minute. 12 · An,;average of about ~28 per 

gpm is chosen. 

4. Process Flow Diagram 

The process is best described by a diagram shO'Wing the !Jl8jor pieces 

of equipment and giving quantitative information on the flow r.ates of the 

process streams, as in Fig. 12. 

5· Material Balances ) 

Table 3 gives the overall material balance for the sulfat.!= re

duction process. Table 4 lists flo"W rates and percentages of components 

in the inlet and product brine streams. Impurities from the molasses are 

not significantly high in the product stream. Flow rates for the materials 

in the brine stream are calculated as f61lows: 

a. Rock salt: 85 tons per day design capaci:ty 

b. NaCl: (0.975)(85)(200)/24 = 6900 pounds/hour 

c. Water for a 10 per cent brine: (6900) (f) = 62,000 pounds/pour 

d. Molasses: As a carbon source, molasses is widely used in the fermentation 

industry because it is relatively cheap and contains a fairly high percentage 

of fermentable s11gars. The typical composition of molasses18 is given in 

Appendix D. 

The amount. of glucose necessary to ·reduce a given amount of sulfate 

to sulfide is governed by the.following relation: 
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Fig. 12. Process flow diagram for removal of sulfate from 10 per cent 
brine by bacterial reduction. 
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Table 3· Overall material balance--bacterial-reduction process 

Materials 

Brine solids (see Table 4) 

Process water 

Reaction products 

H2S 

C02 

H
2

0 

Dry sludge 

Input 
lb/hr 

.62,000 

69,500 

Output 
lb/hr 

6,960 

62,000 

36 

96 

39 

370 

69,500 
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Table 4. Flow rates and percentages of components in the brine strea;n 
4'' 
(~1 
,; Input Output 

.• .• ~ Component Flow Wgt.% Flow 'Hgt .r;6 
lb/hr solids lb/hr sohds 

NaCl 6910 92.24 6910 99.09 
Caso4 104 1.43 1.07 0.02 

Na2so4 4o.4 0.54 0.41 0.01 

MgCl2 7.1 0.09 7.1 0.10 

Fe2o
3 

7.8 0.10 7.8 0.12 

Insolubles 14.2' 0.19 0 0 

:NH4Cl 34.0 0.45 1.7 0.03 

H
3
Po4 15.0 0.20 0.8 0.01 

Na2S·9H20 15.0 0.20 0 0· 

Sugars 264 3·52 3·3 0.05 

Si02 2.1 0.03 0 0 

K20 14.9 0.20 14.9 0.22 

CaO .6.4 0.09 6.4 0.09 

MgO 0.4 0.01 0.4 o.cn 

P205 0.8 0.01 0.8 0.01 

H
2
so4 6.8 0.09 0.7 0.01 

c~ 1.7 0.02 1.7 0.03 

Organics 42.5 0.57 0.5 0.01 

Acetic acid 0 0 1.3 0.02 

7490 100.00 6960 100.00 

··,·. 
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c6H12o6 + 804 4 2C02 . + 2CH
3

COOH + 2H20 + S 

One mole of glucose is necessary to convert one mole. of sulfate to su1fici8 

via the respiratory system of Desulfovibrio. The bacteria derive tteir 

energy from.the above reaction but need additional glucose for growth and 

production of new cells. This additional.ainount of.glucose necessary is 

estimated at 30 per cent by calculating the ratio of carbon source to sul

fate in Medium M ·(Appendix E) used in laboratory experiments. Amount of 

sulfate in rock salt: 1. 46 per .cent (see Table 1) 

Percentage of conversion: 99 pe;r cent 

e. Glucose flow rate: (0.0146)(7090)(.99)(180/96)(1.3) = 250 pounds per 

hour. Molasses contains '59 per cent fermentable sugars (glucose equivalent). 

f. Molasses flow rate: 250/0.59 = 425 pounds per hour. 

g. Minerals and impurities. In addition to a.carbon source, the organisms 

need a source of nitrogen and phosphate for proteins, nucleic acids and 

other cell materials. Also, since the organisms are strict anaerobes; 

they grow best in a reducing environ~ent. The addition of sulfide to·the 

growth medium keeps the redox potential at a low enough value to encourage. 

growth. Other.elements such asiron, potassium, and magnesiLJ.m are required in 

trace amounts and are present in sufficient quantities as rock salt and 

molasses impurities. The required flow rates of ammonium chloride, phos

phoric acid, and sodium sulfide are calculated from their respective ·con

centrations in Medium M. 

The use of molasses as a carbon source invariably increases the 

impurity content of the brine and it is difficult to estimate how much of 

these impuritities are metabolized. The sugars used as energy source by 

the bacte'ria are- converted to acetic acid, which acts as carbon source, 

along with unmetabolized glucose, in the activated-sludge system. 

The rate of production of acetic acid is: 

(2)(250/1.3)(60/180) = 128 pounds per hour. 

,,.. 
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If it is assumed that one pound of glucose goes into one pound 

of cells, since the concentration of cells in the centrifuge effluent is 
8 -12 1.88 x 10 cells/ml and the cells weigh 10 g/cell, the amount'of glu-

cose going into cells will be: 

(1.88 x 1o8}(1o-12 )(780o)(l000/454) = 12.2 pounds per hour. 

The unused glucose is thus: 

250- (250/1.3)- 12. 2 = 46 pounds per hour.· Ninety-five.pe·r cent 

of this is removed in activated sludge and assuming absorption reduces it 

another 80 per cent, the glucose in the final brine will be: 

(46)(0.05) (0.20) 0.5 pounds per hour. 

Using the same figures for acetic acid, its flow rate will be: 

(128)(0.05)(0.20) = 1.3 pounds per hour. 

The amount of NH4Cl and H
3
Po4 remaining in the brine is estimated 

by assuming 95 per cent removal by bacterial processes. The Na 2S·9H20 is 

assumed to be completely converted to H2S or oxidized to sulfur in aeration. 

6. Design Specifications 

a. Materials of construction. Despite the corrosive nature of brines, 

cast iron and carbon steel are generally satisfactory for ambient tempera

tures and these materials are used for most pumps and piping. Cathodic 

protection is useful for prolonging the l,:j,.fetime of iron and steel equipment. ' 
. . ~ . 

The mixing and storage tanks for ammonium chloride and sodium sulfide with 

associated piping and pumps is made of stainless steel because of the cor., 

rosive nature of these materials. The storage.tank for 75 per cent phos

phoric acid is lined with rubber while pumps and piping are stainless steel. 

The molasses storage tank and feed blendirtg tank are of carbon steel. The 

hydrogen sulfide forme'd in·the anaerobic fermentation dictates the use of 

stainless steel for the fermentation vessel and continuous centrifuge. 

The concrete used for the rock s~lt saturator and activated.:.sludge system 

combines low cost with corrosion resistance. Standard carbon-steel design 

is used for the pressure anthrafilt filters. The carbon-steel shell and' 

plates of the steam-stripper are coated with phenolic td arrest corrosion 

from the wet H2S gas. 

" . ·.~· 
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b. Process control. Since the process is a continuous one, a certain amount 

of control instrumentation is necessary. The ~allowing represent the major \ 

process controls: 

(a) Control of rock salt level in saturator by on-off control. of .,. 

conveyor. 

(b) Control of process water flow rate to saturator and blending 

vessel. This may be done by installing a controlling throttle 

valve in the inlet line to the. saturator and the inlet line 

to the blender. 

(c) Control of flow rates of nutrients by use of positive-dis-. 

placement pumps. 

(d) Level control on the feed blender by throttling the.outlet 

stream. 

(e) Level control on the fermentation vessel by throttling the 

fermentor oulet stream. 

(f) 
. \ 

Control of pH in the fermentor by feedback control of correcting 

reagent flow rate. 

(g) CQntrol of recycle rate to the fermentor by throttling bypass 

to centrifuge effluent. 

c. Eq_uipment list and specifications. Table 5 lists the major pieces of 

eg_uipment in the design of a process for removal of sulfate from 10 per cent 

brine by reduction with bacteria and gives the January 1966 installed cost 

of each. This list does not include the activa~ed~sludge plant and a sul

fur-conversion plant (discussed in section D). 

Tables 6(a) through 6(o) outline the specifications for each.piece 

of eg_uipment and show the source and date of cost data. 

,.,...,. 
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Table 5· List of major equipment for the process of sulfate removal from 
10 per cent brine by bacterial reduction 

Equipment 

Rock salt conveyor 

Brine saturator 

Mineral dissolving tank 

Mineral solution transfer pump (P-1) 

Mineral solution storage tank 

Mineral solution metering pump (P-2) 

Phosphoric acid metering pump (P-3) 

Ten per cent brine blender 

Process water pump (P-4) 

Molasses storage tank 

Molasses transfer pump (P-5) 

Molasses feed pump (P-6) 

Phosphoric acid storage tank 

Phosphoric acid transfer pump (P-7) 

Ten per cent brine feed pump (P-8) 

Agitated anaerobic fermentor 

Continuous centrifuge 

Anthrafilt pressure filters (2) 

Pressure filter pump (P-9) 

H2S stripping tower 

Tower condenser (E-1) 

Tower feed economizer (E-2) 

Tower feed heater (E-3) 

Tower feed pump ·(P-10) 

Tower gas compressor (P-11) 

Total installed equipment cost 

Installed Cost, January 19')6 
CE Plant Cost Indc.x ,~ 0~~·. (; 

~ 3.,100 

1,200 

4,500 

1,540 

2,860 

2,800 

2,000 

5,850 

1,670 

7,850 

930 

670 

1,740 

'890 

1,670 

18,000 

36,000 

10,360 

2,080 

6,500 

470 

13,800 

1,300 

1,750 

670 

~130,200 

',' 



.:J ..... . :~ . 
. ·. ·-· ./ 

-46,.. 

,. 

Table 6. Equipment specifications for the process of sulfate removal from 
10 per cent bripe by bacterial reduction 

'\ 

(a) Pumps 
-.I 

- li. Pump _Type Cap. Hp Material of Installed cost, 
(gpm) construction year, source 

Mineral solution centrif. 1 ss . ~920 
transfer pump 1947 J 13 

Mineral solution ·· recipr. .~ 18 1 ss ~1700 
metering pump 1947' .13 

Phosphoric acid recipr. 2 1/2 ss . ~1200 . 
metering pump '1947' 13 

Process water centrif. :
1123 5 CI ~1000 

pump 1947, 13 

Molasses transfer rotary 83 5 cs ' ~750 
pump 1954' 14 

Molasses feed rotary 36 1 CI '$570 
pump 1954' 14 

Phosphoric acid centrif. 33 1 ss ~720 
transfer pump ' 1954' 14 

10% brine feed centrif. 127 5 CI $1000 
pump 1947' 13 

Pressure filter centrif. 130 10 CI ~1250 
pump 1947, 13 

Stripping tower centrif. 130 5·5 cr ~1050 
feed pump 1947' 13 

~.. . ':.:' 
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Table 6. (continued) 

(b) Storage tanks · 

Tank Type Cap. Material of Installed cost, 
(gal) construction year, source 

Molasses storage vertical 25;500 carbon steel ~Lqoo 
cylinder 1947' 13 

·.· 
rubber-lined Phosphoric acid vertical 1,000 ~1400 

storage cylinder steel 1954, 13 

Mineral solution vertical 500 stainless ~2700 
storage cylinder steel 1958 J 13 

(c) Rock salt conveyor 

Purpose: To convey rock salt from storage bin to top of saturator. 

Type: Continuous belt 

Length: 45 feet 

Belt width: 14 inches 

Capacity: 7090 polinds per hour 

Materials· of -~onstruction: Steel welded frame, steel pulleys and idlers, 

rubber-covered duck belt. · 

Auxiliaries:· Steel discharge chute 

Drive motor: 1 hp 
. 13 

Total purchase cost: 

Installation cost: 13 
Total installed cost: 

~2,540 (1957) 

~375 (1966) 

~3,100 (1966) 

(d) Rock .salt saturator 

Inside dimensions: 20' X 6' X 6' 

Wall thickness: 6 inches 

Material of construction: Poured concrete walis. Reinforced concrete 

floor. 
14 Installed cost·: ~760 (1954) 

. :. ;;: 
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Table 6·; (continued) 

(e) Mineral dissqlving tank 

Purpose: Preparation of solutions of NH4Cl and Na
2
s 

Type: Vertical, cylindrical, with open.top, top-mounted agitator 

Capacity: 3.50 gallons 

Material of construction: Stainless steel 

.Agitator power: 2 hp 

Installed cost: 13 ~2,700 (1947) 

(f) 10 per cel)t brine blending tank 

Purpose: Blending of saturated-brine, water and nutrients 

Type: Vertical, cylindrical, tQtally enclosed, agitator mounted through 

top. -

Capacity: 2,000 gallons 

Material of construction:· Carbon steel 

.Agitator power: 10 hp 
13 Installed cost:· ~3~500 (1947) 

(g) .Anaerobic fermentation vessel 

Type of vessel: Vertical, cylindrical, totally enclosed, agitator mounted 

through top, vented to stack 

Capacity: 6,770 gallons 

Material of construction: . Stainless steel 

.Agitator power: 35 hp 

Operating temperature: 30°C 

Operating pressure: . .Atomospheric . 

Installed cost: 13 ~11,000 (1947) 

•0:....- .• ,.:;,,: ... 
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Table 6. (continu~d) 

(h) Continuous centrifuge 

Purpose: Concentrate 10 per cent cells effluent from ferment9r to 50 

per cent and recycle to fermentor. 

Type: Nozzle-discharge disc centrifuge 

Bowl diameter: 30 inches 

Liquid throughput: 165 gpm 

Solids throughput: 1.6 tons per hour 

Materials of construction: Stainless steel 

Drive power: 135 hp, 3,600 rpm 

Purchase cost of motor :17 ~3, 100 (1963) 
16 . Purchase cost of. centrifuge: ~26, 000 ( 1955) 

Total installed cost: (106% of total purchase cost) 13 ~36,000 (1966) 

(i) Activated-sludge system . · 

Design flow rate: 0.2 million gallons per day 

Efficiency: 95 per cent B.Q.D. removal 

Aeration Tank: 

Volume: 60,000 gallons 

rype of construction: Enclosed, circular,·concrete basin, top 

level with ground. Fitted with air 

distribution pipes along bottom and gas 

vents on ·top 

Aeration rate: 1 scfm/gal.of volume 

Settling tank: 

Volume: 25,000 gallons 

Type ol' .construction: Circular concrete basin with conical bot-·. 

tom. Equipped with mechanical sludge rake 

and sludge pumps. 

Total installed cost:9 ~100,000 (1959) 

··'·' 
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Table 6.: (continu~d) 

(j) Anthrafilt pressure filters 

Number required: 2 

Description: Vertical cylindrical tanks, totally enclosed, containing a 

filter bed consisting of 2 feet of fine sand, 1 foot of 

coarse sand, 2 feet of crushed anthracite, and 1. foot of 

crushed rock 

Design flow rate: 130 gpm 

Filtration area: 32.5 sq ft 

Vessel dimensions: 9 ft high, 6.45 ft diameter 

Material of construction: carbon steel 

Installed cost (each):i
2 

$3,600 (1950), at ·$27.7 per gpm 

(k) H2s stripping tower 

Purpose: Removal of H2S from brine ~stream 

Type: Bubble-cap plates~ steam stripping 

Number of plates: 12 

Dimensions: 20 ft high, 3 ft diameter 

Operating conditions: 2l2°F 1 atm. 

Materials of construction: carbon-steel shell and plates, with 5.-7 -mil 

baked-on phenolic lining 

Installed cost of tower: 13 $3,360 (1947) 

Installed cost, phenolic lining: l3 4 70 sq ft at $1.70/ sq ft -

Total installed cost: ~6,500 (1966) 

(l) St~ipping tower condenser 

Purpose: Condensation of water vapor in exit gas from stripper 

Type: Horizontal shell-and-tube 

Required heat-transfer area: 5.1 sq ft 

$800 (1956) 

Operating conditions: 5 psia shell side, 15-20 psia in tubes, 90°F on tubes 

'•· ,, 

• ! .1~ 

t'.: 

"i' . 
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Table 6. (cbntinued) 

Materials of construction: carbon-.steel shell, 3/4" OD X 16BWG copper tubc:ro 

Purchase cost: 13 ~350 (1958) 

Installed cost: (1. 25 X purchase cost) . ~440 Cl958) 

(m) Tower feed economizer 

Purpose: Recover heat for incoming brine from hot tower bbttoms 

Type: Shell-and,-tube heat exchanger 

Required heat-transfer area: 2700 sq ft 

Materials of construction: Steel shell, steel tubes 

Installed cost: 13 ~8,300 (1947) 

(n) Tower feed steam-heater 

Purpose: Bring feed up to tower operating temperature of 2l2°F 

Type: Shell-and-tube, steam condensing on shell side' 

Required heat-transfer area: 43 sq ft 

Steam consumption: 770 lb/hr at. 250°F 

Materials of construction: Steel shell, steel tubes 

Installed cost: 13 ~780 (1947) 

(o) Tower exit gas compressor 

Purpose: Removal of low-pressure gases in condenser, discharging at 1 at~ 

to sulfur-recovery plant 

Type: Reciprocating, single-stage 

Capacity: 39 cu ft/min 

Drive horsepower: 2 hp 

Operating conditions: suction pressure: 5 psia 

discharge pressure: 15 psia 

gases handled: H2S: 26.2 lb/hr 

co2 : 46.7 lb/hr 

H
2
o: 4.·6 ll>/hr 
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Table 6. ( continu~d) 

Materials of construction: ~tainless steel 

Installed cost: 13 ~400 (194 7) 

:i' 
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D. Disposal of H~£ 
c.. 

l. Releasing H2S to the .Atmosphere 

a . .Air pollution regulations. There are no nationwide regulations on 

emission of odorous gases such as H
2

S. In Los .Angeles· and neighbori.ng 

counties, the permissible limit on sulfur compounds in stack gases is 0.2 

per cent (as so2 ). In New York State, emissions are limited to a certain 

percentage of emission potential. In some areas were there are no regu

lations on emission, the concentration of gases such as H
2

S or so
2 

at 

ground level can not exceed a specified level over a given period of time. 8 

This latter regulation can present a problem in design, since it is dif

ficult to predict in advance whether the tolerable ground level concentra

tion of a pollutant will be exceeded, given a certain emission rate and 

stack concentration.· 

Many industries are imposing their own control limits in the in

terest of maintaining a clean public image or even for pure humanitarian 

reasons. In some cases, economic gains are realized by the recovery of a 

potential pollutant. Everyone will agree, though, that the wanton emission 

of polluting gases and particulates :is harmful to all concerned, and there 

is developing a willingness on the part of industry to play an active role 

in the control of environmental pollution. 

b. .Air-stripping in a packed tower. .An alternative method of removing the 

H2S from the brine other than steam-stripping is to flow the brine counter-
. 48 

current to air in a packed tower. Piester ·has determined mass-transfer 

coefficients for desorption of H
2

S from brine with air in a tower packed 

'With l-inch Raschig rings. Using Piester's data, the design of a packed 

toYJer to remove 95 per cent bf the H
2

S from the brine in this study v:as 

carried out. An L/G ratio similar to Piester's YJas used and the flooding 
• . 2 

velocity of 1000 lb/hr ft v1as determined using Leva's correlation (Fig. 

18.51 of Perry7). Operating at half the flooding velocity, the following 

tower variables were determined: 

Air flow rate: 5560 lb/hr 

TaYler diameter: 3·77 ft (45 in.) 
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Height of packing: 36 ft 

The installed cost of a phenolic-lined tower -with packing, pump 

and blmver is approximately ~20,000 in January 1966, comp<:ue:d -with 

$24,500 for the steam-stripping equipment. The operating costs :for the 

packed to-wer can be expected to be lower than for steam-stripping. 

c. Stripping in actj_vated-sludge aerator. At the typical aeration rate 
49 of 1 cu ft of air per gallon of aerator volume, a total of 290,000 lb/hr 

of air is bubbled through the aerator. It is conceivnble that thisvolume 

of air would be sufficient to strip out H2S from the brine. Three equations 

can be written describing the desorption of H2S from the aerator: 

where 

* y· -yl 

* 
N OG 

e (mass-transfer efficiency) 
y -y2 

(material balance) 

* (H2S~H20 equilibrium) y Hx2 

* y mole fraction H2S in gas in equilibrium 

yl = mole fraction H2S in entering air (o.o) 

Y = mole fraction H S in leaving air 2 2 

N0G= nwnber of gas-phase mass-transfer units 

with 

L 

G 

liquid molar flow rate (3560 lb moles/hr) 

gas molar flow rate (10,000 lb moles/hr) 

the 

mole fraction H
2

S in entering brine (2.28 X 10 -4) 

mole fraction H2S in aerator brine 

liq~id 

These eq_vations assume complete mixing in the aerator. N
0

-G may 

be determined from 
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where NG = mass-transfer units in the gas. film 

NL = mass-transfer units in the liquid film 

m = slope of the equilibrium curve =Henry's law constant at 

1 atm = 840 
NG and_N

1
_may pe estimated.by assuming the aerator to be one equilibrium 

plate and using the correlations of the A.I.Ch.E. Bubble-Tray Design 

Manual· which are used for calculating the efficiency'of the steam-stripper 

in Appendix A. The calculated values are 

NG = 14.9 

N1 -- 1050 

Noa= o.432 

* Only three quantities are unknown: y , y2 , ~ 

Solution of the equations yield 

-7 x2 = 2. 76 X 10 

which indicates essentially all of the H2S is removed by the air. Carbon 

dioxide and other gases would presumably be stripped out at the same time. 

If the sole objective were to remove the H2s from the brine stream, ./ 

then it would not be necessary to install an external stripper to do the 

job. 

If air-stripping were.employed the H2S would be too dilute tore

cover and would have to be emitted to the atmosphere .. Including the H 2S 

evolved in the ferment or, the H2S conc~ntration in the air from the aerator · 

would be 0.01 per cent or 100 ppm. This is well under the allowable 0.2 

per cent. Nevertheless, H2S at this concentration is highly dangerous. 

Hydrogen sulfide is more lethal than carbon monoxide, butits strong odor 

promotes a feeling of false safety. 
';·'· .. 

. .. ' 
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2. Recovery of Sulfur 

The chief advantage of steam-stripping is that the H2S is made 

available in a concentrated gas stream which can be processed for its sul

fur content. The pollution problem is substantially reduced by this 

operation. 

In the petroleum industry it is becoming common practice to remove 

the H2S from flue gases by a method such as the Girbotol process with pos

sible subseg_uent conversion of :FI2S to sulfur by a modified Claus process. 

A typical flow diagram for producing elemental s~fur from H2S is given in 

Fig. 13. In the Claus process, about one.-third of the hydrogen sulfide 

gas feed is burned in a special furnace with air to sulfur dioxide.· Heat 

is recovered in a waste--heat boiler as steam. The sulfur P.ioxide and re

maining two-:th~rds of the hydrogen sulfide feed is passed through a 

single or multi-stage converter·containing a catalyst such as activated 

bauxite. The reactions with regard to H2S conversion are: 

H2S + ·3/202 -+ so2 + H20 

2H2S + so2 ·-+. 38 + 2 H~O 

Elemental sulfur is produced as a gas which is then scrubbed and 

condensed with recycled cooled sulfur, and either pumped to tank cars or 

allowed to solidify in storage. Yields of sulfur are generally 85-95 per 
. 6 

cent, depending on the number of catalyst beds. 35 ' 3 

In this design, the amoimt of H2S produced from the rock salt 

containing 1.46 per cent sulfate, and with 99 per cent reduction and 95 

per cent H2S recovery, is calculated 'as (0.0146)(7090)(0.95)(0.99)(34/96) 

34.2 lb H2S/hr; This represents a plant capacity of (34.2)(24)(32/34) 

(0.90)/2240 = 0.31 long tons of sulfur per day, assuming a 90 per cent 

conversion of H S to elemental sulfur (l long ton = 2240 lb). . . 

Parker,3.5 Kohl and Fox,36 Hays .and Barber,37 and Reed and Updegraff38 

have published data on the economics of sulfur production from H2s. Their 

data for investment and operat:i.:ng costs for theperiod 1950..:54 are plotted 

in Figs. 14 and 15. 

. ' .. ~. '/.:" .;, · . . · .. 
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Sulfur 
cooler 

Product .sulfur 

MU B 12235 

Fig. 13. General flow diagram of a plant for processing H
2
s to elemental 

sulfur. 
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o Porker 

t:. Kohl ond Fox 

o Hays and Barber 

o Reed and Updegraff 

10~~~~~~~~~~~~~~~~~~~~~~ 

0.1 10 100 1000. 

Plant capacity (long tons sulfur per day) 

MU.B12236 

Fig. 14. Investment costs for sulfur recovery from H2S (1950-1954). 
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o Porker 

A Kohl and Fox· 

o Hays and Barber 
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Fig. 15. Operating costs for sulfur recovery from H2S (1950-1954). 
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Referring to Fig. 14, the capital investment for the period 1950-
54 for a plant capacity of 0.31 LT/day of sulfur is only ~25,000. The 

total operating cost for a plant of this size, however, is quite.high-

being approximately ~170 per long ton of sulfur produced--according to 

Fig. 15. These figures are only approximate, of course, since they are 

obtained from an extrapolation of curves which themselves are based on 

scattered data. Nevertheless, the definite upward trend of operating costs 

for low-capacity plants is very evident in Fig. 15. Assuming the operating 

costs for 1966 to be the same as those for 1950-54 (they will most li.kely 

be higher), with a 1966 price of sulfur of ~27.00 per long ton, the break

even plant capacity will be at about 4 LT/day. 21 It appears, then, that 

the recovery of sulfur from H2S produced by the bacterial sulfate reduction 

process will hardly be economic~l for the design capacity of this study. 

Assuming 5 LT/day of sulfur were being produced, 5·9 LT/day of H2S (90 per 

cent conversion) would be required from 16.8 LT/day of sulfate (99 per cent 

conversion) which would be equivalent to processing 1150 LT/day of rock 

salt (1.46 per cent of so4). This would furnish enough sodium chloride for 

760 tons per day of chlorine--a capacity far beyond any plant in existence 

today. 

But the purpose of the plant is to dispose of H~S, not necessarily 

to make a profit. The expense of converting the H2S from the steam-stripper 

to sulfur is to be carried as an operating cost for the bacterial sulfate

removal process and is discussed in section E ~nder manufacturing costs. 

3· Other Alternatives 

One alternative to converting the H2S to sulfur is to produce so2 . 

The market for so2 is small compared· to ~ulfur, however, and little economic·. 

data on so2 conv:rsion has appeared in the literature. The advantage of 

sulfur over so2 is its ease of handling and storage. ~ 

Another alternative would be to produce sulfuric acid--one step 

further than so
2

. Small quantities of sulfuric acid are of little value,' 

however. 
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E. Investment and Manufacturing Cost~ 

No economic study of this type is complete -without a discussion 

of the methods used to· estimate the capital and manufacturing cost. TJ.1:i.s 

particular section deals -with the cost estimate for sulfate removal by 

bacteria producing 10 per cent brine. 

Cost estimates vary in detail and accuracy from the order-of

magnitude estimate to the firm or contractor's estimate, and in the design 

of a ne-w chemical facility it is not unusual for sever~l cost estimates to 

be made before the plant is built 1 providing the economics are favorable. 

The feasibility of a proposed project is. determined by a pre design cost 

estimate or study estimate -which generally is accurate to -within ± 30 per 

cent. Perry7 has outlined the required information necessary to make such 

an estimate. The methods of cost estimation are discussed in detail by 
14 13 7 . 19 . 12 

.1\ries and Newton, Chilton, Perry, Peters, and Zimmerman and Lavine. 

The methods for obtaining a predesign c?st estimate have not changed 

substantially since 1947-48 -when Lang first proposed the factor method for 

fixed-capital investment. In the absence of previous experience and infor

mation on the design of a particular project, it is usually necessary to 

estimate a particular cost item by assuming a certain percentage of the 
\. 

equipment cost to be attributed to that item. The equipment cost is esti-

mated from published data or private sources. Selection of the proper 
'\ '. 

percentage or factor -will'/ depend on th~ t'YPe of plant, the objectives of 

the design and other circumstances demanding the best judgment of the 

estimator. The term "guesstimation" often used to describe a predesign / 

cost estimate, though harsh, nevertheless has a certain amount of truth in it. 

1. Investment Cost Estimates 

a. Installed equipment. Much of existing .cost data for process equipment . 
appeared_in the.literature before 1950. :More information began to appear 

in the latter part of the 1950's, -with Weaver's
20 

excellent review in 

Industrial and Engineering Chemistry on chemical cost and profitability 

estimation from 1955 to 1958, and -with the· inauguration in 1958 of the CE 
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Cost File as a standard feature of Chemical Engineer:i.ng. Chilton' s13 bool-: 

is a compilation of most of the articles on costs that have appeared in 

Chemical Engj.neering from 1947 to 1959. 
Unfortunately, ne~ data have not yet replaced much of the early 

cost data and the latter in many cases must still be relied upon; Out-of

date cost data must be brought up to date in order for any estin~te to be 

meaningful. Cost indexes such as the Engineering News-Record Construction 

Cost Index (EN-R Index) and the Marshall and Stevens Index, of Comparative 

Equipment Costs (M & S Index) are ~idely used for updating costs. A new 

index, the Chemical Engineering Plant Cost Index (CE Index) shows the most 

promise of providing reliable up-to-·date cost estimates for the chemical 

industry. 

Since much of the equipment cost data for this study is in terms 

of installed equipment cost, an appropriate index for updating has been 

devised from the CE Plant Cost Index, making use of the weight factors for 

equipment and machinery costs and erection and installation labor costs. 45 

Calculation of this modified index and its value for several years is 

shown in Appendix G. The values do not differ greatly from the overall CE 

index. 

It is interesting to. compare the results obtained from use of the 

EN-R, M & S, and CE indexes. Using the EN-R index, costs will have risen 

by a factor of 2.5 from 1947 to 1966, while the M & S index predicts a 

rise of 1.61 and the CE index a rise of 1.67. Surely, use of the EN-R 

index in updating costs for the .chemical industry is open to serious doubt. 

Table 5 shows that the total updated installed equipment cost 

amounts to ~130,200. This cost does not include the cost of equipment for 

the activated-sludge system and sulfur-recovery plant, which are complete 

entities in them~elves, and ~~ich are not included in the following 

estimation of piping, instrumentation, and other capital items. 
.. 
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b .• Piping. This is perhaps the most difficult capital cost to estL;,ate 

and it is a significant cost in most cases. The most accurate estimate, 

of course, comes from detailed piping layouts and specifications, but in 

the absence of these, piping costs are estimated as a percentage of equip

ment cost. Chilton13 suggests the following ranges of percentage of 

installed process equipment cost for piping: 

Low: Solids-processing plants = 7 to 10% 

Average: Mixed-processing plants = 10 to 30% 

High: Fluids-processing plants = 30 to 60% 

For the case of sulfate removal by bacteria, we are using 30 per cent of 

installed equipment cost. 

~iping = (0.3)(~130,200) = ~39,000. 
14 . 

c. Insulation. Aries and Newton suggest using 8 per cent of the pur-

chased equipment cost. If installation costs are·assumed to be 43 per 

cent of purchased equipment costs,
14 

then.insulation cost is 5.5 per cent 

of installed equipment cost. 

Insulation= (0.055)($130,200) = $7,200 

d. Instrumentation. For an average chemical plant having some automatic 

controls, instrumentation cost is 5 to 10 per cent of installed equipment 

cost. 13 Choosing 10 per cent, 

Instrumentation= (0.1)(~130,200):::: $13,000 

e. Electrical installations. Costs for electrical installations include 

labor and materials for substations, feeders and major wiring. Ar:i:es and 
14 Newton use 10 per cent of purchased equipment cost, which amounts to 7 

per cent of installed equipment cost. 

Electrical installations = (0.07)($130,200) = $9,100 

f. Buildings and services. The cost for buildings and services is assumed 

to be the same for both the bacterial reduction process and barium chlorid.e 

process, which is considered in Chapter IV. The cost is estimated as 35 

:, .. 
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per cent of the installed equipment cost for the barium chloride process, 

from Chilton'sl3 figures of 20 to 60 per cent for mixed outdoor and indoor ~· 
construction. 

Buildings and services = (0.35)(~81,800) = ~32,700 

g. Yard improvements. We have assumed that land for the plant is avail

ablej ho~ever, some expenditures for clearing, grading, installation of 

se~ers, utility lines, fencing, roads, etc. ~ill be necessary. According 

to Peters, l9 yard improvements cost bet~een 10 to 15 per cent of purchased 

equipment cost. Using 10 per cent, the cost ~ill be 7 per cent of the 

total installed cost. 

Yard improvements = (0.07) (~130,200) = ~9,100 

h. 'Total phys.ical pl?nt cost. The sum of items a. through g. gives the 

physical plant cost for bacter;Lal reduction of sulfate--a total of ~2L~0,300. 

The activated-sludge system is a complete plant including piping and other 

auxiliaries, with a physicq.l plant cost of ~104, 000. The total physical / 

plant cost is thus $344,300. 

i. Engineering and construction. For a project requiring only straight·

for~ard engineering and an average labor/materials ratio, engineering and 

construction costs are 20 to 35 per cent of the total physical cost. 13 

Using 20 per cent, 

Engineering and construction= (0.2)(~344,300) = ~69,000. 

j. Total direct plant cost. The sum of the total physical plant cost and 

the cost for engineering and construction is the direct plant cost for 

sulfate removal by bacteria. This amounts to $413,300. An additional 

capital expense is for recovery of su:lfur from H2S produced in the process. 

A plant adequate for this purpose bas been sho~n to have a plant cost of . 
-_ $36,000. The sum of direct plant costs. for sulfate removal and sulfur :re-

covery gives a total direct plant cost -of ~449,300. 

. . 
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k. Contractor's fee. Peters19 suggests 4 to 10 per cent of the direct 

plant cost for the fee. A value of 4 per cent is chosen here .. The con

tractor's fee for the sulfur-recovery plant is assumed to be included in 

its direct plant cost. 

contractor's fee= (0.04)(~413,300) = ~~6,500 

1. Contingency. This factor is usually included in a capital investment 

estimate to compensate for unpredictable events and errors in cost esti

mation. Because of the speculative nature of the design, a fairly high 
13 14 contingency of 25 per cent of the total direct plant cost is used. ' 

Contingency~ (0.25)(~449,300) = ~112,000 

m. Fixed capital investment. The sum of the total direct plant cost, con

tractor's fee and contingency gives the fixed capital investment for the 

complete process of removal of sulfate from 10 per cent brine by bacteria.' 

To the nearest ~1,000, this sum is ~578,000. 

2. Manufacturing Cost Estimates 

Manufacturing costs are those costs incurred in the day-to-day 

operation of the plant by virtue of the consumption of raw materials, labor,, 

utilities and from other expenses. The direct. manufacturing cost of the 

activated-sludge plant which includes all costs other than plant overhead, 

depreciation, arid taxes and insurance has been estimated from the litera

ture, as discussed earlier. The fixed manufacturing cost for the sulfur 

recovery plant, which includes all costs, is found from extrapolation of 

Fig. 15. All other costs are computed and itemized below. 

a. Raw Materials. The yearly cost of raw materials is estimated from the 

required flow rates and the price of each material as listed in the Oil, s, 
21 Paint and Drug Reporter. The prices a·re not adjusted for freight. Table.~ 

7 summarizes the raw materials costs for the bacterial sulfate-reduction 

process . 
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Tr ·:Jle 7. Costs of raw materials for removal of sulfate by bacteria in ~1.0 •. 

Raw material 

NH4Cl, granular · 

n
3
Po4 ) 75 per cent 

~a2S·9H2o, flake 

Molasse.s, blackstrap 

per cent brine 

Flow rate 
lb/hr 

15 

15 

425 

/ 

C "'"/ •t2l OSv un1. . 

~0.06 /lb 

0.0)6/lb 

0.065/lb 

0.12 /gal 

Cost/year 

~17,600 

7,300 

36,700 

~70,000 

.... 
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b. Labor. Since the entire plant runs continuously, there is no need for 

o large labor force arid one operator is most likely sufficj_er;"c :.i:'or Tunning 

the plant. This cost will not include any labor associated with operatj_on 

of the activated-sludge unit and the sulfur-recovery plant'. L_,;;bor j_,, 
estimated as follows: 

Men/shift 

1 

Man hr/day 

24 
Cost/man hr 

~3.50 

Cost/day 

$84.00 
Cost/year 

~30,200 

c. Supervision. At the most, one supervisor is all that would be necessary) 

working 8 hours per day and 40 hours per week. The supervisor's salary is 
' estimated at $8,000 per year. 

d. Y.aintenance. Maintenance requirements vary widely with each piece of 

equipment and are dependent on the nature of the process. If maintenance 

requirements are not knovm for each piece of equipment, the usual approach 

to estimating is to assume the yearly cost is a certain percentage of the 

fixed capital investment. According to Perry, 7 4 per cent per year of the 

fixed capital investment is a minimum for new installations, but the esti-

t h . h 20 t 19 f . . . F -'-h . . rna e can go as lg as per cen or corroslve servlce. or v lS 

study, it is assumed that maintenance labor and materials can be estimated 

at 2 per cent each of the fixed capital investment less the investment for 

activated-sludge .. and sulfur-recovery, and that maintenance overhead costs 

are 1 per cent of the adjusted fixed capital investment, ·for a total of 
22 5 per cent. The adjusted fixed capital investment is computed as follows: 

Total fixed capital investment ~ ~578,000. 

Fixed capital investment of sulfur-recovery plant = 

(1.25)(M36,ooo) = $45,ooo. 
Fixed capital investment of activated-sludge plant 

(1.2)1~104,000)(1.29) = ~161,000. 
Adjusted fixed capital investment = $578,000 -~45,000 -~161,000 

= ~372,000. 

,f. 
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Maintenance labor = (0.02) (~372 7 000) = 
Maintenance materials= (0.02)($372 7 000) = 
Maintenance overhead= (0.01)(~372,000) = 
Total maintenance cost = 

~ · 74L~o 

7440 

3'720 

$18,600 

e. Plant supplies. These include items such as gaskets 7 charts, lubricants; 
. . 

etc., used by plant personnel in the normal operation of e~uipment. It is· 

approximated as 15 per cent of annual maintenance costs. 14 

Plant supplies = (0.15)($18 7 600) = $2 7 800 

f. Utilities. The utilities re~uired for the continuous removal of sul

fate from brines with bacteria are process water, electric power 7 and 

· steam. The amount of process water re~uired comes from the material balance. , 

Table 8 lists the users of electric power (not including activated-sludge 

and sulfur-recovery). The continuous centrifuge consumes 64 per cent of 

the tota:L power 7 maldng it· a significant factor in yearly costs. The 

H2S stripping tower consumes 860 lb/hr of steam in removing 25.6 lb/hr of 

H2S from the brine stream. 

Utility Consumption Cost/unit7 Cost[lear ·· 

Process water 7430 ga1/hr $0.20/1000 gal ~12)800 

Power 37'70 kw hr/day 0.01/kw hr 13)500 

Steam 860 lb/hr 0.40/1000 lb 3l000 

Total cost of utilities $29,300 

g. Total direct manufacturing cost. Summing the above items gives the 

direct manufactUring cost for the .bacterial sulfate removal as ~158,900. 

From the literature,9 the direct manufacturing cost (operating and main

tenance) for the activated-sludge unit is found to be ~8~700 per year. 

The total direct.manufacturing cost is thus ~158,900 + $8 7 706 = ~167,600, 

h. Plant overhead. Plant overhead normally includes costs for general 

plant upkeep and overhead, payroll overhead, medical, restaurants, salvage, 

laboratories, storage facilities and packaging. 19 Since most .of these 

/·. 

. ~ ' 
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Table 8. Electric power requirements for the removal of sulfate by 
bacteiia in 10 per ~ent brine 

User Hp KH Kw hr /day 

Mineral mix tank agitator 2 1.5 1.5 
Mineral metering pump l 0.75 18 
Rock salt conveyor l 0.75 18 
Phosphoric acid pump 0.5 0.375 9 
Blending tank agitator 10 7·5 180 

Process water pump 5 3·75 90 
Mol2sses feed pump l 0.75 18 

lO% brine feed pump 5 3·75 90 
Anaerobic ferment or agitator 35 26.2 630 
Centrifuge 135 100 2 ,L~oo 

Pressure filter pump 10 7·5 180 

Stripper feed pump 5·5 4.12 99 
Stripper gas compressor 2 1.5 36 

Total power 3)770 

/ 
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items are asswned already available and considering the small nu1r.oer o:r 

personnel needed to run the plant, overhe8d -vrill not be large. p,:cte:r;,:1 9 

recommends using 50 to 70 per cent of oper8ting la.bor, supervision, qn( 

maintenance labor. We will choose 50 per cent. 

Operating l.abor: $30,200 

Supervision: 8,000 

Maintenance labor: 7 4l+O 

Total: ~~45,640 

Plant overhead = (0.5) ($45,640) = $,22,800 

i. Indirect manufacturing cost. Plant overhead is the only cost of im

portance under this heading, amounting to $.22,800. 

j. Denreciation. The operating costs.for the sulfur-recovery plant in

cludes depreciation charges. For the remainder of the plant, including 

the activated-sludge unit, depreciation is estimated as 10 per cent of the 

fixed capital investment. This gives the plant a lifetime of 10 years 

assurning straight-line depreciation. The fixed capital investment less the 

sulfur recovery plant is ~578,000 -$.1.~5,000 = ~533,000. 

Depreciation= (0.1)($.533,000) = $53,300 

k. Taxes and insurance. Generally, 2 "co 3 per cent of the fixed capital 

investment is used for estimating taxes c..nd insurance on property and 
0 t 22 eq_urpmen . In this case the capi·t.al investment does not include that 

for sulfur recovery, as for depreciation. As 2 per cent, 

Taxes and insurance= (0.02)($.533,000) = $10,700 

-'-• J:i·ixed man·clfacturing cost. The sum of depreciation c::nd taxes and in-

.:;>J.ra:~ce is the fixed manufacturing cost, .smm.m"cing to ~364, 000. 

;,I::::.nc.f'acturing cost--sulfate rem.oval. Addition of di:r·ect manufacturing 
I 

cosc.;s, in<iire:ct manufacturing cost, and fixed manufacturing cost gives t"he 

msrmfacturing cost for rer.lOval of sulfate by bacteria fror.l 10 per cent 

Ol'lr:e. The yearly cost is $.254,400. 

-i·~. 

( 
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n. Manufacturj_ng cost--sulfur recovery. A· description of tfie C\X~~.-':ti.cn 

and economics of the Claus Process for sulfur recovery ,.;as c;i.iret·, ···'' 

section D of this chapter. From Fig. 15, the total operatil-:.g cost, .::or a 

plant ?f 0.31 long tons per day capacity is ~170 per long ton of sulfur 

for the period 1950-1954. Updating this cost to 1966 is not straight-

forward as is the case for investment cost, since some important factors 

in operating cost, such as utilities and ra-w materials, may re,rnain constant 

or even decrease in cost, -while other ite~s such as maintenance and depre~ 

ciation vary -with capital investment, -which generally increases year-to

year. 12bor costs, generally independent of capital investment, have 

been increasing as -well. For a plant of snmll capacity, as in this study, 

investment-dependent costs, such as depreciation, taxes, maintenance, and 

·costs for labor, supervision and overhead, are dominant over utili ties 

costs, ,.;hich are independent of plan·'c size on a per-pou11d-of-product basis. 
~ . 

The economic breakdo-wn given by Kohi and Fox30 sho-ws that utilities costs 

represent only 4.6 per cent of the total operating cost for a 20-long-ton-

per-d.sy pla~'lt, 'while these costs amount to 21 per cent for a plant pro

ducing 320 long tons per day. 

'I'herefore, for a small plafl;t producing a mere 0. 31 long tons of 

sulfur per day, operating costs over the years -will follo-w investment cost~ 

reasonably closely, and the CE Plant Cos~ Index can be applied to updating 

operating costs. The index for 1952 is 81.3, and has a value of 10).6 

:Cor J'•muary 1966. Yearly manufactur:i.ng cost for sulfur removal in 

J::,nu.ery 1966 is calculated as: (~170/long ton)(0.31 long tons/day)(360 

C.c;ys/yes.l") (105.6/81.3) == ~26,200. 

;:; . Credit for sulfur. Part- of the operating c<;:>sts for H
2
s disposal via 

conversion to sulfur is recovered in the value of the sulfur produced.· The 
. 21 

lv;.srch 1966 price of crude sulfur is ~27. QO per long ton; neglecting 

di:3t:cibution, packaging, and· other costs, the yearly revenue from sale of 

.the sulfur -will be: 

(0.31)(27.00)(360) == $3200. 

/ 
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p. Total manufacturing cost. Adding the manufacturing costs for sulfate 

removal and sulfur recovery 1 and allowing for sulfur credi t 1 the total 

manufacturing cost for removing sulfates from 10 per cent brine 't~ith :).:;c

teria ~s ~277 1 000 1 to the nearest ~1000. 

q_. Cost per pound of rock salt. At a consumption rate of 7090 lb/hr of 

rock salt 1 the cost for removal of sulfate will be: ~277 1 000/(7090)(24) 
(360) = ~0.0045/lb rock salt. 

r. Accuracy of cost estimate. The accuracy of the estimates of capital 

investment and manufacturing cost are judged to be about ±25 per cent. 

3. Sur.WlBry of Investment and Manufacturing Co,sts. 

Tables 9 and 10 provide s~~.aries of· investment and rr.anufacturing 

costs for the remova1·of sulfate from lO·per cent brine with bacteria. 
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Tsble 9· Estimated capital-investment' statement for produci:-1g 10 per cer;t 
sulfate-free brine by bacterial reduction 

Basis: Capacity = 85 tons rock salt/day 

Operating time - continuous, 360 days/year 
. l 

CE Plant Cost Index: 105.6 

Installed equipment 

Piping 

Insulation 

Instrumentation 

Electrical installations 

Buildings and services 

Yard improvements 

PHYSICAL PLANT COST - BACTERIAL 

REDUCTION 

PHYSICAL PLANT COST - ACTIVATED 

SLUDGE 

Engineering arid construction 

DIRECT PLANT COST - SULFATE 

REMOVAL 

DIRECT PLANT COST - SULFUR . 

. ~130 ,200 

39,000 

7,200 

. 13,000 

9,100 

32,700 

9,100 

l ~ 69,000 

~240,300 

104,000 

. ~413,300 

RECOVERY 36,000 

Contractor's Fee ij 16,500 

Contingency 112,000 

FI)(ti;D CAPITAL INVESTMENT $578,000 :; 

Probable accuracy of estimate: ±25% 

/ 



Table 10. Estimated manufacturing-cost statement for proC.ucing lO per ce:::t 
sulfate-free brine by bacterial reduction 

Basis: Capacity= 85 tons rock s~lt/day 

Operating time - continuous, 360 days/year 

Ra\v materials 

Labor 

Supervision 

1-laintenance 

Plant supplies 

Utilities 

DIRECT MANUFACTD1UNG COST -

BACTERIAL REDUCTION 

DIRECT MANUFACTURING COST -

ACTIVATED SLUDGE 

Plant overhead 

IliJJ)IRECT IVlAliJlJFACTURING COST 

Depreciation 

Taxes and insurance 

FIXED MANUFACTURING COST 

M .. 4NlJFACTURING COST -

SULFATE REMOVAL 

K.",NUFACTURING COST -

SULFUR RECOVERY 

C:H.EDIT FOR SULFUR 

TOTAL MANUFACTU1UNG ·cosT 
COST PER POD~D OF ROCK SALT 

Probable accuracy of esti~ate: ±25% 

~70,000 
30,200 ; 

8,000 

18,600 

2,800 

29,300 

$22,8oo· 

~53,300 

10,700 

$158,900 

8,700 

~ 22,809 

~ 74,000 

~254,400 

26,200 

3,200 

t277,000 

90.00455 

,. 
I 

. . 
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III. PRODUCTION OF SULFATE-FREE S.4TURJ\TED BRUIE 
BY BACTERIAL SULFATE REDUCTION 

A. Process Description 

l. Design Basj_s 

Saturated brine is the' desired ra1<1 material in the chlorine-caustic 

industry. Unfortunately, sulfate-reducing bacteria do not grow well in 

saturated brine since they must expend a good deal of energy keeping 1vater 

~~ithin their cells and NaCl out. DiYect Temoval of sulfates from saturated 

brines by bacteria is probably not feasible. 

In the manufacture of chlorine and caustic soda by diaphragm cells, 

a slurry of NaCl is recovered from the caustic evaporators and is recycled 

to the process input. An undersaturated brine can thus be used for initial 

feed) although G 10 per cent b~~ine L~ ::;till too d:Llute and would require 

concentration. In the mercury-cell process, which is rapidly overtaking 

the diaphragm-cell process, a dilute brine stream is recovered and recycled, 

so -~}-J&t solid rock salt is necessary as initial feed. If :;ulfate were to 

be l"e:-aoved by bacteriu j:'rom a 10 per cent brine it would be necessary to re

;-::ove ·1-1ater before it could be used in either of the above processes, the 

r.12rcury-cell process requiring considerably more water removal than the 

diaphragm-cell process. 

It -.;vould be of some interest to determine what additional investment 

and operating costs would be required to concentrate a 10 per cent brine, 

f'rom i-ihich the sulfate has been removed, to a saturated condition. The 

simplest approach to removal of the water is by evaporation. 

The design flow rate of rock salt is again 85 tons per day, eq_uiv

c.lent to producing 50 tons per day of chlorine. The process assumptions 

for the discussion of Chapter II hold here as 1<1ell . 

'· 
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2. Design of Evaporator 

Design criteria: 

Inlet stream .water content = 9/1 = 9 lb H0 0,/::.r, XaCl 
c 

Outlet stream water content = 100/36.2 = 2. 76 lb H,. .. O ,;:. 

per lb NaCl 

Water removal rate= (0.97'5)(7099)(9.00-2.[6) = 43,000:lb/hr 

Available steam: 50 psig, 298°F, A = 912 Btu/lb 

Available cooling water: [0°F 

Pressure, temperature in condenser: 4 in. Hg, 125°F 

In the design of an evaporator for removing substantial quantities 

of liquid, it is desirable to find the optimum number of effects. The 

method developed by Reinhold and Connelly3
4 

is .useful for obtaining a rapid 

estimate of .this optimum number. The procedure is. as follows: 

If c1 represents the cost of a single-effect ~vaporator for evap

orating a given quantity of liquid, the non-capitalized cost of' an N-effect 

evaporator, v1 , with a payout time of A. years for the same evaporation is 

approximated by 

Operating costs, including labor, cooling water, power and mainte

nance can be represented by 

l·ihere h 

w 

c2 = 
s 

annual 

1-1ater 

steam 

stearri 

hWC 
2 v - ----2 - s + vo 

operation time in hours 

evaporated, lb/hr 
0 

~/lb cost, 

economy, lb water/lb steam 

operating costs other than steam 

EJ<.-pressing the steam economy as a geometric series, 

/ 

" .. 
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where s
1 

and s
2 

are limits of the range of steam economyfor a single

effect-evaporator. The total annual cost is then 

C (l-s
2 

)hWC
2 ~0. 75 + ----::-=----- + vo. 

A (. N) .:· "' l s . '-'1 ~- 2 

Tlw optinwn cost 'Will occur 'When dV / dl'J == 0. Performing the differentiation· 

'..itl: V 
0 

assumed constant, Reinhold and Connelly obtain 'What they call the 

cos-c. :Cc.ctor., P = (AhWC
2
)/(c

1
), as a functionof' Nand then plot the relation 

:Co1· different Values of s
1 

and s
2

. T'Dis plot is shom1 in Fig. 16; it gives 

t!1e optimwn N for a given calculated P. 

In order to deterrri.ine the single-effect cost, c
1

J the 'required heat

tl·ansfer area must be calculated. A heat balance on the evapOrator shovm 

in Fig. 17 satisfies the relation: 

Q UMT 

vJhere Q total heat ·transferred, Btu/hr 

U overall bent-transfer coefficient, Btu/hr n 2 
°F 

A == heat-transfer area 

6T temperature difference for hE!at transfer, °F . 

The temperature of the boiling liquid is higher than the. saturution 

tem{.lerature of l25°}i, because of the dissolved salt. Boiling-point riL>e for· 

sah solutions may be estimated from Figs. 11.19 of Perry. 7 Condensed 

vapor is used to preheat the incoming feed to an estimated temperature of 

lOO"F. The heat load Q 'Will be 

Q :=: (69,000)(0.88)(135-100) ( 4 3) 000) (-101 7) 45,600,000 Btut1r. 
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Cooling water 

Vaoor l ~:,. 
43 000 ! b/hr ' >-v 125°F · 

A=1017Btu/hr . t 
, r 
I Steam 

Steam 

50 000 lb/hr 
298°F ----; 

j 

A=912 Btu/lb L. 
~J: 

v 

I v 
Condensate 

Saturated ..,., 
brine """ 

26 000 lb/hr 

10°/o brine 

69 000 tb/hr 

iv: U 8 "12239 

Fig. 17. Heat and material balances on a single-effect evaporator . 

/ 
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Steam requirement = 45,600,000/912 = 50,000 lb/hr. 

Steam economy = 43,000/50,000 = 0.86. 

The overall heat-transfer coefficient is estimated. L:om Fig. 

of Perry 7 which gives heat-transfer coefficients in sGlt ev<-~po;·L< L.c.r~ 
l~ ... ~~0 

function of boiling temperature. A value of V = 500 Btu/hr.ft2 °F is thus 

obtained. Then, 

A. QjU6T = 45,600,000/(500)(298.,.135) = 560 sq ft. 

Perry7 has given cost data for various types of evaporators as a 

function of total heat-transfer sw~face. F9r a J1.1onel body, 90/10 Cu-J'd 

tubes, forced-ci.rculation evaporator, the installed cost for 560 sq ft of 

surface including foundation, stee1worl}, evaporator assembly, pumps, in

strumentation and auxiliary equipment is c1 = ~55,000 in 1960, or c1 = 
$56,000 in February, 1966. 

Values of other parameters are: 

Annual operation (h) 8200 hours 

Steam cost7 (c2 ) $0.40/lOOQ lb 

Payout time (A) = 2 years 

p = (2)(8200)(43,000)(0.00040) = 
56,000 

. :!~i. 
:From Fig. 16, the optimum number of evapo/~!tors, N = 3 for all values of s l 
s.nd s2 slwwn. 

In the design of the triple -effect evaporator, the following a sswnp- ' 

tions are made in order to determine the 'temperature in each effect: 

(2) 

(3) 

Heat-transfer area is the same for each effect 

V = • 500 BtU/ht ·ft2 °F for ea'C!h effect 

Amount of vapor evaporated is the same for each effect. 

Then, the amount of vapor from each effect is 43,000/5 = 14,500 lb/hr. 

•'• .. 

/' 
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Concentration in effect 1f3 12.8% by 'Weight 

Concentration in effect 1(2 = 17.5% 

Concentration in effect ill = 26.7% 
. 7 in effect 1f3 3"1? Boiling point n.se ·-

Boiling point rise in effect #2 = 6°F 

Boiling point rise in effect #l = l8°F 

Total BPR 27°F 

Total available ~T 298-125-27 

Therefore) if A1 = Ii2 = A
3 

and v1 = V2_ = Vy T1 = T2 = T
3 

= 49°F. 

K..'10viing the L':iT' s) the tc:mperature of the boiling liquid and vapor for ,~ach 

effect can be calculated. 

'I'l:'1e steam) cooling vie.ter and heat-transfer areas required can no'W 

be cale:ulated from heat and material balances. The symools used in the 

calculations refer to Fig. 18. 

Date.: 

1021Btu/lb 

989 Btu/lb 

946 Btu/lb 

Heat balance on effect no. 3: 

\ .. 1023 Btu/lb 
) 

"fy . 993 Btu/lb . 
2 

>. - 985 Btu/lb ·-vl -

993V2 = (69)000)(0.88)(128-100) + 1021v
3

. 

Heat balance on effect no. 2: 

958V
1 

= (69)000-V
3

) (0.86)(182-'128) + 989V2 
Heat balance on effect no. 1: 

9128 =· (69)000-V
3
-v2 ) 

Overall material balance: 

/ 



Steam 298oF 

S• 16 900 lb/hr 

v 
Saturated brine 
26 000 lb/hr 

CoolinQ water 
240 000 lblhr 

Steam 
240 lb/hr 

M u e. ·12240 

Fig. 18. Heat and material balances on a,triple-effect evaporator. 
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Solution of the above simultaneous equations yields: 

v
3 

= 12,900 lb/hr 

v2 = 16,200 lb/hr 

v1 13.900 1b/hr 

S = 16,900 lb/hr 

Steam economy = 43,000/16,900 = 2. 5L~. 

Cooling water requirement is calculated as follows: 

Cooling 1vater temperature = 70°F 

Vapor condensed = 12, 900 lb /hr .. 

Icaten"c heat = 1023 Btu/lb 

H(l) (125-70) = (12,900) (1023) .. 

W = 240,000 lb/hr. 

Stear.1 requirement for single-stage jet ejector: 

Required pressure = 100 rtlc'il Hg abs. (4 in. Hg) 

Assu.rning_ a capacity (air-vapor mixture) of 30 lb/hr, 

t ' ' . 12 t 100 . . . 240 lb/h s earn consw'npt~on a ps~g ~s r. 

Heat·-transfer areas are calculated from: 

Q UA.6T 

Ql ( 912 ) ( 16} 900) ; ul = 670 Btu/(hr)(sq ft)(°F); Tl 

Al = 470 sq ft 

Q2 = ( 958) (13} 900); u2 590 Btu/ (hr )( sg_ ft) ( °F); T2 

A2 460 sq ft 

' 

Q3 (993)(16,200); u3 = 500 Btu/(hr)(sg_ it)(°F); T3 

A3 660 sq ft 

Total-:area = 1600 sq ft 

= l+9oF 

= J+9oF 

= 49oF 
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For more accurate calculations) the new values of U and A are used 

to recalculate T'sJ V's and still other A's. The iteration rr,ay be cul·: .. ·::_ci~:. 

out until calculated values remain constant. The above calcu:.La ~.ior~,:; in:·e: 

assumed sufficiently ,accurate for this study~ however. 

3. Process Flo1v Diagram 

Figure 19 illustrates the process of sulfate removal by bacteria 

wi t:O. evaporatis;>n to produce a saturated brine. 

4. Evaporator Specif:Lcations 

Specifications for the design of the triple-effect evaporator are 

given in Table 11. 

B. Investment and YJanufacturini~ Costs 

1. Investment Cost Estimates 

Only the more import.::mt features of the • cost estimate need be dis

cusse:;d., since the same percentage f0.ctors employed in the process involving 

no evaporation apply here as \-lell. 

a. Tnr>talled equipment. In addition to the -installed equipment cost of 

~130,200 for the 10 per cent brine process, the following costs are added: 
Item Installed Cost 

February J 1966 

· 'I'riple -effect evaporator 

.Condensate collection tank 

Cooling 1-1ater puinp (P-12) 

Hotvrell pump. (P-13) 

Evaporatiop equipment cost 

Sulfate removal equipment cost 

'l'otal equipment cost 

$134 Jooo 

2,860 

1,550 

1,550 

~139,960 

~130,200 

$.270)160 
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Waste solids 
370 lblhr 
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Saturated brine 

26 500 ib/hr 

42 800 ib/hr 

. ' -~· 

Storage ronks 

::, :cOndensate receiver 

Steam 
16900ib/hr 

Sulfa le· tree 
saturated brine 
26 000 ib/hr 

M u a -12247 

Fig._ 19. Process flow diagram for production of sulfate-free saturated 
brine by bacterial reduction. 



b. Buildings and services. The same cost of $'32, 700 used for the 10 per 

cent brine process and barium chloride process is again assumed. 

2. Manufacturing Cost Estimates 

Table ll. Specifications for a triple-effect evaporator 

Purpose: 

Type: 

Required heat-transfer area: 

lv1aterials of construction: 

Auxiliary equipment: 

Steam economy: 

Installed cost:7 

To concentrate 10 per cent brine to 

saturation 

Forced-circulation, three effects 

1600 sq ft total . 

Monel body, 90/10 Cu-Ni tubes· 

foundation, steel 'Work, pumps, barometric 

condenser, hot'Well, feed preheater, 

steamjet ejector. 

2.54 

~l3o ,ooo (1960) 

c:. Le.bor. The addition of an evaporation step to the process does not 

necessitate an increase in the operating and supervisory manpo'Wer, since 

"che continuous nature of the operation makes it amenable to automatic control. 

·o. Utilities. Evaporation normally requires a large amount of steain and 

cooling'Water. In this case, 16,900 lb/hr of steam for evaporationand 21+0 

J..b/n:: for the jet ejectors are needed. ·,-:¥br condensation of vapors from the 

th:i.rd effect, -240,000 lb/hr of cooling-to'Wer 'Water are required. Collection 

oi' condensate from the first t'WO effects allo'Ws -a reduction of process 'Water 

1·equirements from 61,900 lb/hr for the 10 per cent process to 31,800 lb/hr. 

Additional po'Wer· needed for evaporation is sho'Wn below. The summary belmv 
.,:4 

cl~~~n·ly sho'Ws that steam costs are a major factor in the manufacturing cost 

of the evaporation process~ 

. i: 
i' 

i 

·•. 
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User 

Evaporator pwnp 

Evaporotor pwnp 

Cooling lvater pump 

Hotwell pwnp 

3 

6 

7·5 

7·5 
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Kw 

2.25 

4.5 

5.62 

5.62 

Total for evaporation 

Total for sulfate removal 

Grand total 

Utility 

Steam 

Process water 

Electl~ic power 

Conswnption 

18;ooo lb/hr 

29,000 gal/hr 

3,8J..O gal/hr 

4 ;200 kw hr/day · 

To~al cost of utilities 

Kw hr/day 

54 

108 

135 
13~ 

432 

3770 

4200 

7 
Cost[unit' 

$,0.40/1000 lb 

0.02/1000 gal 

0.20/1000 gal 

0.01/kw hr 

3. ()·_uc,r::ary of Capital Investment and Manufacturing Costs 

CostLyear 

~62,300 

5,000 

6,600 

15ll00 

$89,000 

Tables 12 and 13 s~~arize the costs for removing sulfates from 10 

~er cent brine with bacteria with additional evaporation to saturate the 

iHine. The costs are considerably higher with evaporation than without. 

/ 
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Table 12. Estimated capital-investment statement for producing sulfate
free satu'l·ated brine by bacterial reduction and evaporation 

Basis: Capacity - 85 tons rock salt/day 

Operating time - continuous, 360 days/year 
1 

CE Plant Cost Index: 105.6 · 

Installed equipment 

Piping 

Insulation 

Instrwnentation 

Electrical installations 

Buildings and services 

Yard improvements 

PHYSICAL PLANT COST.- BACTERIAL 

REDUCTION 
I 

Ph1SICAL PLANT COST. - ACTIVATED 

SLUDGE 

Engineering ahd construction 

DIRECT PLANT COST - SULFATE 

REMOVAL 

~270,200 

81,000 

14,800 

27,000 

18,900 

32,700 

26,200 

~115,000 

DIRECT PLANT COST ·- SULFUR HECOVERY 

Corn:;r-a ctor' s fee ~ 22., 000 

Contingency 181,000 

li'IXED CAPITAL INVESTlVlENT 

" 

104,000 

$690,000 

36;ooo 

#929,000 

·.,' y , ..... , .. ) .. L 

/ ·. 
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·rablc~ 13. Estimated. mnnufacturing-cost statement for ~;Tc)duc::Ln::; sulfate
free saturated brine by bacterial red.uction and evepo:c~;t:Lcn. 

Basis: Capacity - 85 tons rock salt/ day 

Operating time - continuous, 360 days/year 

R;;:.>·l matc~rials 

:Ls.bor 

Supc=;l'V::_ s ion 

Plant sul;plies 

Util::_ tj_ef_; 

DIRECT Hi\NlTFACTURING COST -

:Sl;CTERIAL REDUCTION 

DIRECT YlANlJFACTURING COST -

:i\.CTIVATED SLUDGE 

~)lant overhead 

· :H?o )ooo 

30,200 

8,000 

36,100 

5,400 

89,000 

J.l (' itl2o,300 

. ~38 j 70.0 

8,700 

INDIRECT MANUFACTURING COST 26,300 

Depreciation ~37,400 

'I'axe s c:md insurance 17,500 

FIXED IviANUFACTURING COST ~104, 900 

JVL£\J\lJFACTURING COS'T - SULF'ATE REMOVAL 

lvlAI,TUI<'ACTURING COST - SULFUR RECOVERY 

CREDl'l' F'OR SUlFUR 

'IO'l'AL YlANUFACTlJRING COST 

CO~.~'l' PER POlJND OF ROCK SALT 

$378,600 

26,200 

3,200 

~402,000 

~0.00661 

/ 

,.,_· 
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IV. PRODUCTION OF SULFATE-FREE SATURATED BRINE 
BY BAJUli"M CHIDRIDE PRECIPITATION 

A. Proces:3 Description 

1. Design Basis 

The design capacity of the plant is 85 tons of rock salt per day, 

supplying NaCl for a 50-ton-per-day chlorine plant. Plant operation is 

continuous, 360 days per year. Plant location is assumed not important, 

though a logical choice of location is near the source of rock salt. The 

assumptions concerning land for the plant, utilities, storage and handling, 

auxiliary buildings, and capital are the ~arne as outlined in Chapter II. 

2. General Process Description 

A process for barium chloride precipitation of the sulfate from 

brine may be divided into several un}.t operation". These are illustrated 

in l~ig. 20. 

3. B:::~_ne saturation. Sulfate-containing rock salt is contacted with water 

to prociuce a saturated brine. 

b. BaCl2 preparation. Barium chloride in solid form is dissolved in water 

to provide 8. reagent solution for precipitation of barium sulfate. 

c. Prec}.pitation of Baso1 • . I 
Saturated brine and barium chloride solution 

are mixed in a vessel and Baso4 is allowed to precipitate from the brine. 

d. Baso4 :filtration. Slurried Baso4 is passed through a filtration unit 

to cJ.arify the brine. 

e. drying. Wet BaSOJ, ,. is dried and packed for sale. 

j. Sel2ction and Design of Process Steps .. . 

Here a description and design of the major p·rocessing u..."lits for the 
I 

precipitation of barium sulfate from brines is given. For routine design 

calculations for some of the process equipment, the reader maY refer to 

P,ppendix C. 

,··-~·. •:: ·., 
, .. - ,· 

.•. 

.... 
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Rock salt 
and water 

".J 

Brine 
saturcHon 

\. 

I 
I 
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I 8oS0 4 1: 
precipita·iion ~ 

i i 1, 

1 
Bo SO.c} I 
filtration I 

VI 
Sulfate-free 

saturated brine 

Ba C t 2 
and water 

Be Cl? 

I preparation 
! 

I 

1 
BaS 04 

drying 
L-___. _ __,_ __ ~ 

I 
.~ 

Dry BaS04 

MU 3 ·12241 

~:::._g. 20. Schernstic description of a process for removing sulfates from 
brine by barium chloride precipitation. 



.. , 
' 

I 

a. I,i terature on Baso4 precipitation. There is little information in the 

literature on processe:;; for removing sulfates from brine, mainly because 

p~ecipitation ~ith barium chloride or other barium salt is a straightfor

"\vard process long practiced. Equipment for carrying out barium sulfate 

precipitZLtion does not seem to me:rit Q.esc:r:!.ption in the literature and the 

process has not been described in detail. 
23 . 

Hengerer has proposed using the .bed pf rock salt for treatment 

of brines by adding suitable precipitating agents such as barium chloride 

in solid form to the rocl-;: salt or introducing them into the process ~ater. 

The ~ater is allo~ed to flo~ through the bed by gravity. Precipitated 

impurities are removed by the lower portion of the salt bed which acts as 

a filter. This method is quite economical but removes less sulfate than 

the. bs.cterial reduction method and less sulfate than that theoretically 
. 24 

possible considering the low so11Jbility of barium sulfate. H1rsch rec~ 

co;-r,aends the use of calcium chloride and a calcium sulfate "seed" to pre

cipi tate calciwn sulfate from the brj_ne, but reports only 67 per cent sul-

:L'ate removal. 

Most other approaches are-the quite logical one of mixing the 

.oulfc_ te -containing stream with a precipitating agent such as barium chloride , .. 

for a certain period of time, and then removing the precipitated barium 

sulfete. The process proposed in this study is the author's own version 

of this rationale. 

b. Brine saturation. Saturated orine is made up in the same manner as in 

the bacterial sulfate reduction process, viz., by pas;::;~::Jg water up1vards 

thl'Ough a bed of rock salt contained in a 20-foot concrete to~Ver. The 

brine overflovJS at the top saturated with NaCL The bed is maintained at 

a constant level by a controlled conveyor: 

·c;.~ :.'"., 

.. 
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c. BaCl
2 

preparation. The quantity of BaCl
2 

needed is such that a 

saturated solution can be made up batchwise hlice a day and trnnsferred 

to a storage tank. To dissolve 2810 pounds of BaCl
2

. ih 960 gallons of 

1·1<1ter, a 1200-gallon tank is adequate. To hold 1 l/2 day<;' supply of 

BaC1
2 

solution, a 3000-gallon storage tank is required. 

d. Barium sulfate precipitator. The design of this vessel is on a sor:J.ewhat · 

arbitrary basis. A literature search on barium sulfate precipitation did 

not turn up any useful kinetic equation which could be used in the design 

of. a suitable precipitator. A correlation developed by O'Rourke and 

Johnson25 shm-1s excellent agreement with data for precipitation of bariwn 

sulfate from very dilute solutions. Their experir,lents show that the pre

cipi"cation is a surprisingly slow process ih solutl.ons of concentration on 

the order of l mM/1. . About l. 5 hours elapse before precipitatioh is complete. 

'I'hey also found that temperature has very little effect on the rate of 

precipitation. The concentration of sulfate in the saturated brine is about 

50 ml'-'1/1, so that the kinetics probably will not follow the 0 'Rourke-Johnson 

model v1hich was developed from experiments on solutions of less than .l mM/1. ' 

In discussing his process for the purification of alkali metal 

h;:;lides, Hay26 suggests that after addition of barium chloride to precipi

te.-ce sulfates the solution should be boiled for 1 to 10 hours to obtain 

complete precipitation. In the gravimetric determination of sulfe:n.e in 

8nalytical chemistry, a 1-hour period of ,digestion belm1 the boiiing point 

is reco®uended in order to promote formation of large particles and to 

prevent co-precipitation of sodium chloride.
27 

In the absence of usable kinetic data, the precipitation vessel is 

designed on an estimated basis of 1 hour'~s residence time with the slurry 

:·,,aints.inecf at 90° C with steam in a surrounding jacket. With a flow rate 

of 26,200 pound per hour of brine which has a density of 9. 94 pounds per 

gsllon, and with a flow of 84.5 gallons per hour of saturated barium 

chloride solution) the required volu.,,e is· about 2800 gallons. Glass-lined 
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steel is chosen for corrosion-resistance because it is actually cheaper 
13 than a stainless-steel or stainless-clad jacketed vessel. 

Calculations of the requirements for steam and heat-transfer area 

for the jacket are shown in Appendix C. 

e .. Feed preheater. Considerable savings on steam is possible by prehe&tins 

the incoming feed -with the hot effluent from the precipitator. Since both 

streams are alike and both are liquid, a double-pipe exchanger is chosen 

rather than the shell-and-tube type. Stainless steel is used because of 

the hot brine being handled. Calculation of required heat-transfer area 

j_ s sho-vm in App'E;ndix C. 

f. Bc:-rium sulfate fi::.ter. Selection of a solids-'liquid separator is a. more 

difficult problem than selection of most other pieces of process equipment. 

To Ds.ke a proper choice, detailed information on the process variables are 

usually required. Laboratory or pilot-plant tests on the material involved 

are essential for determining the best approach. 

Ho-v1ever, it is possible to make a reasonably good choice of the type . 

of e,}ui:pment to use by consideration of the properties of the material being 

filtered. and the process conditions prevailing. For example, Smith
28 

sug

.:;-:::si~s that in de1vatering less than 300 pounds per hour of solids, continuous 

:f"iltration or centrifugation probably are not economical. If complete 

~=;.;pi.l.r·e;t:ion j_s desired and recovery of t!i.e solids also desired, filtr8.tion 

\.'Ould be better than settling. If the Tee overed solids are to be further 

l):::'Ocess,::d, -v1ashing should be incorporated into the separation process. 

C::"Ls2.::o;ers, et al. 
2 9 indicate that for fil-'cering suspensions of lo-w solids 

concentration (less than l per cent by lve:i.ght), pressure filters such as 

the :;Jl&-ce-and-frame type should be considered. 

In this design, the production of bariu.In. sulfate is 250 pounds per 

::our. Its concentration in the brine stream is 0.92, per cent by -weight. 

It is assumed that the bariu:n sulfate is to be recovered and then dried in 

•· 
.. 

"'· 

• 
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a subseq_uent process step. These conditions indicate that a tlwrough

"lvashing plate-and-frame filter press is a logical choice i'o:.- ::o;_:Ld~.; 

removal. 

In designing the filter press, constant-flO'I,J-rate :::_lL:!·:iU.on at 

JJ)O ");Hl;i.(3 jolil QliH':Um(;ld,. c~·l~U;J.,I.,\'l;;:l.gmi ~-n Appendix c shO\~ t.hat a filter area 

of 1000 sq_ ft is required. If a continuous .flo:vl of filtrate is to be 

msintained with a single fj_lter press, it would be necessary to have 

storage tanks before and after the press and to have a filter a1·ea larger 

than 1000 sq ft. If two presses were used. alternately for a calculated 

filling time of 24 hours each, the tanks could be eliminated but each 

filter \Wuld have to have 1000 sq ft of area and would stand :i.dle for quite 

a fe"lv hours after it had been I·Wshed and emptied of cal<::e. A more econo-

mical c:.pproach is to erl)ploy 3 filters in parallel, edch with 500 sq ft of 

are::.:., \vith filtration carried out in tvJO presses vihile the third is put 

through a 6-hour 1vash and cleaning step. The filling time in each press 

is 12 hours~ The diagram below shows that at any given time, 2 filters 

arc in operation while one is being -v1ashed, emptied and reset. The double 

bar represents the filling step while the single bar represents the washing 

3.nd emptying step. 

l Filter #l ' l. 
l 
l 

Filter #2 l I. 

I .I ===i Filter #3 ~---1 

f ' ' I i I I 

0 t 12 18 24 30 36 42 48 54 

Time, hours. 

Charts devloped by D. 1. Sperry and Co. 30 indic"ate that for 500 ft
2 

of . 
filter area, a 32-inch press with 40 plates is most economical. 

· .. 
,· 

~ . 

;t 
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g. Bariwn sulfate dryer. If the barium sulfate is to be recovered and 

sold, it must first be dried. The product will be crude barimn sulfate, 
21 

which sells for ~30 per ton. 

Filter cakes may be dried in several 1-1ays but c:~ cn;r.:.-~r.·n ;c~nd Gf-

ficient me·thod is by UGe of a rotary drum dryer. For .this study, it is 

assmned that the filter cake is charged manually to a scre·..r-type feeder 

I·Jhich breaks up the cake <:md feeds :i.t to a direct-type rotary dryer. 

Solids travel countercurrent to a stream of steam~heated a:Lr and are d:i.s-

charged directly into d:rwns for shipping. 

For estimating the :required size) air flm-r rat.=, steam and power 

for a rotary dryer) the empirical methods given by Perry7 are satisfactory. 

Costs are estin1ated from one of the articles appearing in Chilton's 

book.
13 

Calculations of the above design requirements are given in .Appendix' 

4. ?rocess FlOI·I Diagram 

.6. fl01-1 sheet illustrating the process for removal of sulfates from 

b :::ine 1.-i i th Ba Cl
2 

is shown in Fig. 21. 

5. ''iaterie.l Balances 

The overall material balance for the barium chloride process is 

sh9v~C: in 'I'i:1ble 14. Table 15 gj_ves the flow rates and percentages of com

}'lOnencs in the inlet and effluent brine streams. The barium chloride 

addEd for precipi tatim1 of sulfate presents an added impurity, though 

in the effluent brine stream. 
·~, . 

srnall, 

A:i before) the basis for design is a 50 ton.::-per-day chlorine plant). 

,,<t1ic:-1 req_uires 85 tons per day or 7090 pounds per hour of rock salt. 

Sulfate represents 1.46 per cent by ·Height of the rock salt. Tl1.is repre

sents a sulfate-~emoval rate (100 per cent removal) of (O.OlL:,6)(170)000)/24·= 

103 lb so4 per hour. If a 5 per cent excess of barium chloride·is used for 

p:c-ecipitation) the required amount is.· (103) (208/96) (1.05) = 235 lb BaCl2 
per hour. The amount of barium sulfate thus l:n~oduced is (235) (233/208) / 

1.05 "" 2'50 pounds per hour. 

.,.,•. ' .. \'. 

.. 

... 
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Process v;otcr SaC l 2 

670 lb/hr i 2::;5 lb /hr 
• !, . • ~ 

r:~:~; 

,Mix;ng tan:·;i 

I 
r 

·I 
~ • f 

BoCl 2 ~ 

~~ 

~-_.! 
l:::::i.. 

P-2 

Process wctcr 

19 100 lb/hr ""B 
P-1 t 

ho:dmg tonk y 
(6] P-3 
I r, Feed preheoter 

"'-:.>---~ 
i Saturated Ba Cl2 

"~ 

'~.'-' ===--J rl-

i 905 lb /hr 

~.~ ~ 
~ 
4 
H ,, 

~ ITI i-nBcS04 
~ 1! 

1
, Precipitation tank 

I II '' 

L
, Lob~ Steam 

-,- 400 lb/nr 
t; 

r--. ,< 

L:i'-~ 

?- 4 

. . P-·5 Wash water, 

21 400 lb/ca/"~ ... 
:,--- ---f; S t e; am 
1~ ~ 

~ =--~ ~~ 1"'0 lb/h r-=:=1 t=-=:J . ....; • r 

F i Iter ~1_ .. -i~~~L. "~I~-VJ_:_t_ ~~ke ~~ 
pressesL] ·.[f~ ··J ~saso4orycrl0~- . 

, . . ~ .!•l ~A1r y y y ,,u 
11 

\'7 VI 

_Surge tcnkO Dry BoS04 

1 250 lb/hr 
~ 

v 
Sulfate-free saturated brine 

20 800, lb /hr 

M J B "12242 

:;_;-:i.g. ~'.1. Process f1ow disgr;:,1m for n::rr1ova1 of sulfate from '·saturated 
brine by pr~cipitation with BaCl2 . 

,, ' 

:.- .-::··:·1· 
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Table 14. Overall materi<J.l balance -barium chloride process 

Materials 

Rock salt 

Process water 

Bariui11 chloride 

Cake :r.,oisture 

Dry barium sulfate 

Input 

lb/hr 

7,090 
19,770. 

235 

Output 

lb/hr 

7,060 

19,710 
12 

60 
250 

27,090 

. ' 

,.. 

. ,i 
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... 
Table 15. Flov rates and. percentages of compor;,ents in the brj_r.:e 

stream - bariwn chloride proce~;s 

I~' 

,. Input Output 

Component Flow Wgt. o/o Flow Vlgt. 1~ 
lb/h:t Solids lb/hr · Solids 

. NaCl 6910 94.39 6943 98.37 

CaSO, 
Lj. 

107 1.46 nil o· 

Na2so4 4o.4 0.55 nil 0 

· MgCl 2 7.1 0.10 7.1 0.10 

?e 0 2 3 7.8 0.11 7.8 0.11"" 

Insolubles 14.2 0.19 nil 0 

BaCl2 235 3.20 12 0.17 

CaCl2 88 1.25 

7321 100.00 7058 100.00 

/ 

··~. , 
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The solubility of sodium chloride in ~~ater at 25°C is j6.~ grams 

pel' 100 grams of water.33 The p:rocess water requirement is thus (7090) 

(.975)(100/36.2) = 19,100 pounds per hou,r. Since saturateC.. salt solution 

has a density of 9. 94. pounds per gallon, the brine stream flow rate is 

2640 gallons per hour. 

Since barium chloride ha~ a solubility33 of 35 grams per 100 

grsms of water at 25°C, . the umo·I.U).t of water necessary for its solution is 

(235)(100/35) = 670 poundsper ho\lr. With a density Of 10.7 pounds per 

gallon, the volw'netric flow rate of saturated barium chloride is 

(235. + 670) /10.7 = 84.5 gallons ~er nour. 

The solubility of bariurr. sulfate ls extremely small, on the order 
-4 ·. 

of 2.5 x 10 grams per 100 grams of wate:r, therefore, essenti~lly all of 

the sulfate is assumed remoyeg f!Om the brine stream. 

6. JJes·igyt· Speci.ficatiQns 

a. ;,:2terials of construction. ~cause of corro~ion problems ;with hot 

brines, the precipitation tank is constructed of glass-lined steel while 

the heat exchanger is of stainless-steel pipe. 'I'he slurry pump is also. 

stainless steel. All other equi)iWlent and piping is of carbon steel or 

cast iron except the saturation tower which is concrete. 

b. Pruc:(_~ss control. The following are the major controls assumed neces

se..ry fer operation of the process: 

(a) Control of rock salt level in the saturator 

(b) Control of process w~ter flo1v Tate 

(c) Control of saturated BaCl,.. solution flow rate 
c 

(d) Level control in the vrecipitator 

(e) Flow control of filter effluent 

·~··' r h. •' 
• >:£)· 

/·. 

" 

\ .. 
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c. Equipment list and specifications. A list of. major process equipment 

and their January 1966 costs is, shO\vn in Table 16. ~'c:;1J](~S :L7(<i) tln'Ol.;,,;h 

17 (h) provide the essential specifications for each piece oi' eclu.ip:rtent and 

give the sources and dates of cost d8ta. 

B. Investment and Manufacturing Costs 

l. Investment Cost Estimates 

The methods employed in determining capital and rnar-!ufacturing costs 

for the bariu.rn chloride process are the same as for the bacterial recluction 

process, i.e., by use of percentages and factors of equipment cost, capital 

investment or other known cost. 

a. Installed equipment. Costs for equipment are obtained from the litera

ture. The method of updating costs has been described. in Chapter :a, 
Section E-1. 

b. Y!.pj_ng. Chilton' s
13 suggestion of 30 per cent of installed equipment 

cost for u fluids-processing plant is used. 

Piping= (0.3)(~92,100) = $27,600 

T 1 . t. A b ~ 5 "' t f' . t 11 d . .,_l4 -'- . _,_nsu~a lOn. s. erore, . .-~per cen .o· lns a e equlpmenc- cosc- lS 

a ssu::;ed. 

Insulation= (0.055)(~92,100) = ~5,100 

d. Ins-rrW11entation. For an average amoLmt of instrumentation, 10 per cent 

of installed equipment cost is assllined.
13 

InstruJaentation = (0.10) ($,92,100) = ~9,200 

e. Electrical installations. 
14 

Aries and Newton suggest an estirrgte of 

7 per cent of installed equipment cost. 

Electrical installations= (0.07)($.92,100) = ~6,400 

J'. ~::.:uilcl:ings c-mcl scrvi.ce:o. The need for buildings for this proce:.:;s is not 

Jur;i.:. Most of the eq_uipnc;nt will be indoors, but the brine saturator and 

sto:cc.ge facilities need very lj.ttle protection. From the values of 20 to 
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Table 16. List of major equipment for the process of sulfate· removal 
by barium chloride precipitation 

Equipment 

Rock salt conveyor 

Process ·viater pwrrp (P-1) 

Brine saturator 

Bariwn chloride ~ix tsnX 

Bariurr. chloride transfer pwnp (P .... 2) 

Bariurr1 chloride holding tank 

Bariu.::. ci:.loride metering pump (P·3) 

Inst.allc<i Cc;~t, 

$. 3,100 

1,500 

1,200 

1~) 700 

.1,240 

3,400 

840 

FeeQ preheater 16,700 

3arj_ura sL:lfate precipitation tank 

3ar:i.'-ilil sulfate slurry pump (P~4) 

l~'ilter press 

::Tilt.er press 

1/)ash 1-12ter pump (P-5) 

~-~~e surge tank 

Bariw~ sulfate dryer 

~otal installed equipment cost 

.. 

27,600 

2,170 

5,200 

5,200 

5,200 

1,670 

970 

11,400 

,$.92) 100. 

.. 
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Table 17. Equipment specifications for the process of sulfate precipi
tation from saturated brine with bariu;n chloride 

(a) Pwnps 

Cap. Material 
Pillnp Type (g-pm) Hp of 

Construction 

Process water centrif. 44 10 CI 
pump 

Ba:tiw;l chlo1·ide centrif. 106 1 1/2 CI 
t:cansfer pump 

Barimn. cl"'.loride recipr. 2 1/2 cs 
metering pump 

Ba:cium "ulfate centrif. 4l~ 13 CI 
slurry -ou..mo 

~ ~ 

ltJaSh l·iater pump centrif. 11 4 1/2 CI 

(b) Barium chloride mix tank · 

Purpose: preparation of saturated bariwn chloride solution 

Type: vertical, cylindrical, open top, top-mounted agitator 

Capacity: 1200 gallons 

r.i::.;terial of construction: carbon steel 

.4git&tor pmver: 3 hp 

Installed cost.: 
13 ~2800 (1947) 

(c) Barium chloride holding tank 

Pur.9ose: Storage of saturated bariwn chloride solution 

'Iyne: Vertical, ·cylindrtcal, totally enclosed 

Cqkci'ty: 3000 gallons 

Material of construction: Carbon steel 

installed cost:
13 $3,200 (1958) 

Installed 
cost, year, 

source 

$,'1210 
195L,, 14' 

,1.' 740 ,_. 
'H 

1947) 13 

~ 500 
1947) 13 

,fl, -oo 'i{J-) 
'1.9)_~ 1) 13 

~1000 
1947' 13 
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Table 17. 
\ 
(continued) 

(d) Feed prehea'ter 

Purpose: Preheat incoming brine vith effluent from pn;cipitator 

Type: Double-pipe n0at exchanger 

Required heat-transfer area: 450 square feet 

Design pressure: 150 psi~ 

I'-1&tel'ial of construction: Both tubes of stainless steel 

Inst2lled cost: 13 ~~10,000 (1947) 

(e) Barium sulfate precipi tat:i.on tank 

Purpose: Blending of brine stream with barium chloride to precipitate 
barium sulfate 

Ty1Je: Totally enclosed, cylind;riG9-l, jacketed vessel, with agitator · 
rr,ounted through top 

Capacjty: 2800 gallons 

Operating temperature:_ 90 to l00 11 C 

Azi_c,:ctor power: 5 hp 

Jad:·2t heat-transfer area: 215 s~uare feet 

ivJ:aterials of construction: J:n"cerior of vessel. is glass'-lined steel. 
Jacket and exterior is carbon steel. 

Installed cost: 13 ~26,000 (1958) 

(f) Barium sulfate filters (3 identical) 

Purpose: Removal of precipitated barium sulfate from brine stream. 

Filter type: Plate-and-frame pressure type, hydraulic closing, thorough 
vrashing 

F~ltration area: 500 square feet 

Plate size: 32 inches 

I~ur;1ber of plates: 40 

Operating pressure: 100 psig 

Haterials of construction: Cast iron plates and frames, steel frar..ework 
and piping 

31 . 
Purcha~e cost: ~3,700 (1960) 

Installation cost: 
14 

35 per cer.t of purchase cost 

=r.stblled cost: ~5,000 (1960) 

•. 

'~ 
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Table 17. (continued) 

(g) Brine surge tank 

Purpose: To maintain a constant flow of purified brine for subsequent 
processing 

Totally-enclosed cylindrical tank, vented to atmosphere 

Capacity: 660 gallons 

Meterial of construction: Carbon steel 
-,2 

Purchase cost:) $700 (1969) 
14 

Inste1llation cost:· 30 per cent of purchase cost 

Inst&lled cost: $900 (1960) 

(h) Barium si.l.lfate dryer 

Purpose: To dry .filter cake to a low moisture content 

Type of dryer: Direct rotary 

Capacity: 250 pounds dry solids per hour 

.~ir :L"low rate: 240 pounds per hour per sq ft 

Stec.r;, requirements: 150 pounds per hour 

Dimel1sions: 16 feet long, 3 .feet in diameter 

Totsl po1~er requirement: 6.8 hp 

Operating temperature range: 110 to 250°F 

iv:iete:cial of construction: Insulated steel shell, steel framework 

.~ uxiliary equiprnent: . Feeder, 'drives, fan, heater 
'3 Purchase cost:~ $6,700 (1954) 

Installation cost: 38 per cent of purchase cost13 

Installed cost: $9,200 (1954) 
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60 per cent of installed equipment cost for mixed outdoor and indoor 

construction given by Chilton, 13 35 per cent is chosen. It has already 

been ;J.sswned that buildings and services costs for the bacterial reduction 

p:;.·ocess lvill be the same as for this case. 

Buildings and services == (0.35)(~92,100) = ~32,700 

g. Yal'd improvements. Seven per cent of installed equipment cost is used 

as befo:ce.:::..9 

Yard improvements == (0.07)($92,100) :: $6,400 

h. Totsl physical cost. The su.11 of the items a. through g. represents the 

total physical plant ~ost and amOunts to ~179,500 . 

.L· Engineering and construction. Twenty per cent of the total physical 

cost1 3 should be adequate. 

Engineering and construction (0.20)(~179,500) :: ~35,900 

j. Direct plent cost. vrneri engineering and construction costs are added 

~o t~1e total pJ;wsical plant cost, the direct plant cost is obtained. In 

~his case it is ~215,400. 

k. Contractor's fee. This item is estimated to be 4 per cent of the direct 

plant 
. 19 

cost. 

Contractor's fee= (0.04)(~215,000) = ~8,600 

l. ContinGency. The 25 per cent of direct plant cost a ssu1ned for contingnecy 
14 

lS some'l·ihat higher than the average suggested by Aries and Newton. 

Contingency= (0.25)(~215,400) = $53,800 

m. Fixed capital investment. The fixed capital investment is the smn Of 

the LOtal physical cost; direct plant cost, contractor's fee and contingency. 

The fixed capita~ investment for the process of sulfate r.emoval from b1·ines 

by ~, __ cl2 precipitation is thus ~278,000. 

. :' ' ... ·. ~ ' . 
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2. ~vlantlfa\:!turing Cost Estimo.t~s 

o.. Rm·7 materials. Cost of barium chloride is <1 rnaj or i tern in the total 

n:anufac-curing cost of the barium chloride process. 

Flow rate C . I . ,_21 os-,:unn; 

5620 lb/day ~176/ton ~178,000 

b. Labor requirement and cost. An operator vi ill defini ifely be necessary 

for handling the filtration sys-tem. With a washing and cleaning time of 

6 hours one man should have time to run the rotary dryer and make up a 

batch of barium chloride solution. One man, then, is assw~ed sufficient 

to operate the plant at any one time. labor cost is thus the same as for 

the bacterial reduction process, i.e., $30,200 per year. 

c. Sunervi sion; As in the bacterial reduction process, supervision for 

8 hours per day, 40 hours per week is assumed sufficient, at an annual cost 

of $8,000. 

d.. fi!,~ir:tenance. A breakdo1m of 2 per cent annually of fixed capital in-

vestuc:nt for maintenance labor, 2 per cent for materials and l per cent for 
22 

overhesd is again assumed. 

e. 

Maintenance labor 

materials 

overhead 

(0.02)(~278,000) 

(0.02) ($,278,000) 

(0.01)(~187,000) 

Total maintenance cost : 

$.5,600 
82.860 

" - 1 . 14 P.1.2nt suppj_ies. Estimate at 5 per cent of malntenance. 

Supplies= (0.15)(~14,000) = $2,100 

--· Gt:i.li ties. Steam, process 1vater, and electric power are the utili ties 

reQuired in this process. Steam is required in the jacket of the precipi-

~vator at a flow rate of 4oo pounds per hour and for heating air in J..' une dryer 
,- J_. a rate of 150 pounds per hour. Process water flm~s to the saturator at c.<v 

a rate of 19,100 pounds per hour. In addition, 16,100 pou;1d.s per day of 
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1-1::::."-:,er nre req_ui:red. :for prcpal"atidn of bariwn chloride solutior:) ancl 2J.. 1 400 ·. 

poLmds pe:c day are used fo:r 1-Jash~ng filter cal::.e. The elcct::.":i.c powc:1· l'e

quirements are listed in Table 18. 

Utility 

Process water 

Electric po,ier 

Consumption 

550· lb/hr 

2480 gal/hr 

637 kw hr / riay · 

Total cost of utilities 

. 7 
Cost/unH' 

~0. OL~/1000 lb 

~0.20/1000 gal 

~0 .01/kw. hr · 

Cof;t/year 

$1}900 

~4}100 

$2)300 

~8,300 

g. Direct manufacturing cost. A,ddi tion of i terns a. through f. gives the 

direct manufacturing cost associ9ted. v1ith operation of the process. The 

total is ~240j600. 

h. :?l:::m--c overhe<.=td.. From Peters 1.l9-· recommended range of 50 to 70 per cent 

o~f operating labor) supervision ~md maintenance labor) a value of 52 per 

cent is chosen 1 to include overheJ!ild for packaging the barium sulfate. 

Operating labor: 

Supervision: 8,000 

J:vlaintenance labori 5 '600 t, 

Total: ~43 1~00 
Plant overhead. = (0.52) (~43 1 800) - ~22 1 800 

i. Ind.iTect manufacturing cost. The only indirect cost is plant overhead. 
. ! . 

j. Denreciation. Assu.rning that t.he plant has a 10-year lifetime) with 

straigbt-::..ine depreciation) cost is 10 per cent of fixed capital invest-

Depreciation (0~10)(~278}000) $27}800 

1::.. 'I1axes and insurance. Two per cent of fixed.-capi tal investment is 
22 

8 ssur.ied. 

-'-• :c:;xed manufacturing -cost. Fixed costs are those which must be pai\1 out 

rega::·dless of whether the plant is operating or not. Depreciation and. taxes · 

and insurance are fixed costs) amounting to ~33,400. 

I 

/• 
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T&ble 18. Elect:cic pover requirements for the removal of sulfate f:com 
sutu:cated brine -with bariwn chluride 

User 

Process 1vater pump 

Reck salt conveyor 

Bsriur11 chloride tanl<~ agitator 

:Ss.riur:1 chloride mete:::-ing pwnp 

P::cecipitation tank agi tater 

Bar:~u:-:1 sulfate slurry pu.i1lp 

Ba:::::i.tJ.;:l sulfate dryer 

'Iots.l pOvier 

Hp 

10 
1 

0.5 

5 
10 

5·5 
6.8 

KH K-w hr/day 

7·5 180 

0.75 18 
2.25 14 
0.38 9 

3·75 90 

7·5 180 
!_~. 0 24 
5.1 122 

637 lew hr/dBy 

. .,..;.,.. 

/' 

.( 
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m. Bariurtt sulfate credit. If the removal of sulfates from the brine stream 

is carri~d out separately from other purificatiort steps as it is i~ tbis 

design, the byproduct barium sulfate is amenable to recovery and ti-le credit 

in i"cs sale may be used to partially defray manufacturing costs. The 

b<::,riu.m sulfate recovered will be cont£lminated with insolubles frcm the 

brine stream, and residual salts not removed by washing. As such, the 

selling price of ~30per ton for off-color, crude southern barytes is 
- .21 assur.1ed. 

Sales revenue = = ~32,400 per year 

J.. rnsjor expense in the sale of a product is the packaging cost. Assuming 

the barium sulfate is packaged in 200-pound fiberboard drums, the packaging 

cost (materials only) is 0.5¢ per pound of product, or $1.00 per drum. It 

is assu..'J',ed th8.t packaging does not require additional labor, since at the 

rate of 250 pounds per hour, a simple automatic weighing system is easily 

inco~:porsted. 

Packag:ing cost= (250 lb/hr)(~0.005/lb)(24 hr/day) 

(360 dsys/yr) = $10 ,Boo per year 

:::Vliscellaneous sales expense depends on the product, but an esti.,. / 

:·nate of 2 to 4% of sales· revenue may be used. 7 

Sales expense= (0.03)($32,400) = ~ 1,000 

Sales revenue: 
' 

Paclmging cost: 

Sales expense: 

Net bariurn sulfate credit 

32 ,~·00 

10;800 

l,COO 

~20,600 

n. Total mamifar:turing cost. Summing direct, indirect, and fixed manu

facturing costs, and allo-wing credit for barium sulfate recovery, the total· 

rr.ar:ufacturing cost comes to $276,000 ann11ally. 

,., 
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o. Cost per pound of rocl;;: s<:llt. If rod. salt is consumed at a rate of 

7090 lb/hr, the cost of removing t~1e sulfate from :i.. t will be 

$.276, boo/ ( 7090) ( 24) (360) = $o. 00451 per pound. 

p. Accuracy of cost esU.mates. A;:; it was for the bacterial reduction pro-

cess, the probable accuracy of cost estimates for the barilliu chloride process 

is ± 25 per cent. 

). Summary of Capital Investment and Manufacturing ·Costs 

Swmnaries of the above discussion of capital and operating costs 

are provided in Tables 19 and 20. 

''· 

...... 

,:. 

/ 
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Table 19. Estir~ted capital-investment statement for producing sulfate
free saturated brine by bariwa chloride preci)i tation 

Basis: Capacity - 85 tone rock sa~t per day 

Operating t::.me - continuous, 360 days per year 

C~ , ~ C I , l·. 105' ~ P~an~ ost naex: . .o 

Installed eq_uipment ~92,100 

Piping 27,600 

Insulation 5,100 

Instrt<.mentation 9,200 

Electrical installations 6,400 

Euildings and services 32,700 

Yare improvements 6,4oo 

TO'rAL PHYSIC.I\L COST ~179, 500 

Engineering and construction ~35,900 

DIRECT PLANT COST $215,400 

Contractor 1 s fee $ 8,600 

Con~ingency 53,800 

FIXED CAPITAL INVESTMENT $278,000 

Probable accuracy of estimate: ±25% 

• .f 

~·· ' . 
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'I'able 20. Estimated manufacturing-cost statement for producing sulfate
free saturated brine by barium chloride prec:.pitr.tion 

Basis: Capacity - 85 tons rock salt per day 

Operating time - continuous, 360 days per year 

Ri".rH ;·:laterials 

Labo:r 

Supe:cvision 

Utilities 

DIRECT MANUl"ACTURING COST 

Plant overhead 

INDIRECT MANCJFACTUl:UNG COST 

Dep:cecio.tion 

T:::cxes and insun::nce 

FIXED Ylf\l'i!UF ACTURING COST 

B.L\RilJYI SULFATE CREDIT 

'l'OTAL MANUFACTURING COST 

COST PER POUND OF ROCK SALT 

Probable accuracy of estimate: ± 25% 

~178,000 

30,200 

8,000 

14,000 

2,100 

8,300 

Jl 22 sao >P, ) 

~- 27,800 

5,600 

r, •• 

$240,600 

~ 22,800 

$ 33,400 

20,600 

s276,ooo 

~0.00451 
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V. DISCUSSION o:B' RESULTS. 

The fixed capital investment for a plant to rer:tove su.h':~tes :;.~:;·orr. 
.• 

8 10 per cent brine with ·Gacteria ($.578,000) is mo:;~e than <:lou11.1.e the cupita:i · 

investment for removal with barium chloride (~278, 000). ,C:;:;:np~n;·j ~:c:; t·:v;; ·i;\:c • 

flow di.agrams, Figs; 12 and 21, this i~. not surprising, since considQl'C1bly, 

more eqm .. ",. ,1ent is necessary to carry o~t the .former process. .If an evapo-; 

ration step is added to the bacter lal P,·rocess' in o~der to produce a satura·ted / 

brine, the investment cost incree.ses t~ ~929,000. · 

Comparison of Tables 10 and 20 :·indicates, hov1ever, that the bacterial 

process compares quite favorably with the barium chloride process in terms: 

of m.a::::ufscturing cost:s, which represent a more conclusive criteria in maldng 

a choic.~ among alternative process.:;s. "I'he estirr;ated costs,· ~2~77 ,000 for 

the for;ne:r process, and ~276,000 for ;:;he latter, are almost identical; 

thougt some1>~hat for·tuitously so to be sure. On the other hand;, if the 10 

pc:T cent brine is evaporated to satu:cat:ion, operating costs 

reduc~ion process rise to ~402,000. 

of the bactcr:i.al 

Cost improvements q_ui te possibly can be made on the process of· 

sulfate rem.oval by bacteria. For example, if the anaerobic reduction of 

sulfates is allO"I·Jed t:o proceed in the lb\Ver depths of large eafthen basins 

over the course of several days' r,;sidence time rather than in. 9 dense

cell cultivator, savings in investment and Operating costs may be realized. 

On the other hand, it may be eJ...::pensive to cover the basins in order to 

collect evolving H2S. Also, poor mixin~ may r~sult in incomplete sulfate 

:reduction. Another area in which costs'can be·reduced is in stripping 

H
2

S from the brine. If air pollution were of no concern, the H
2

S could 

r::erely be stripped '\·iith .air from the aerator and no attempt to recover it 

.. c:eC.. be made. An earlier cost estimate showed that the manufacturing cost 

is S252, 000 if HrS is not recovered, giving a saving of 9 per ·c~nt. Other 
~ . . 

i;.~lJOrtant savings could be made if the bacteria. could be made to grow 

efficiently on o. cheap carbon source such as sewage sludge or wood pulp 

lj_quors. 

v·· 

-:-------.-.-····~--.... ~ . ..-......... ___________ _._ __ ~· 

;. 

'i .. 
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The proposed design for precipitation of barium sulfate may not be 

the most economical in terms of capital investment. Nevertheless, a lool{ 

at Table 20 shows the direct manufacturing cost to be dominated by raw 

materials and ;Labor vihich will remain essentially the same reo;ardless of 

desisn. Indirect costs and fixed charges related to the capital investment 

are not la.rge compared to the direct costs. It is felt, therefore, that 

the proposed design I.Jill give an adeq_uate estimation of the economics of 

st~j_I3t:e rerr~ov.::l v1ith bariurn. c:Hloride. 

It should be kept in rriind that a direct comparison of the two pro-

c::esse::s is r,ot perfectly valid based on the information presented in 'l'ables 

:::_c, :L) 2::1d. 20. The reason for this, of course, :Ls that the bacterial 

nr·oc:.:~ ss in this study removes sulfate from a 10 per cent brine, while the 

b<:::;:L1Jn chloride process removes the same amour'.t of sulfate from a saturated 

brine. 

Nevertheless, some important conclusions can still be made. First, 

it i~ apparent that it is not economical to produce a sulfate-free saturated 

b:;.'ine by initially removing the sulfate with bacteria in a 10 per cent 

brine and then evaporating the excess 1vater. Evaporating costs are high, 

2s reflected in the utilities and depreciation charges of Table 13. A 

c:o::·c112ry of this first conclusion is that in removal of sulfate from 

scturuted brine, barium chloride precipitation is more economical, simply 

oc:cc.:J.se the bacteria will not grov1 well under. those conditions. But on the 

o"~he::· hand, an advantage is enjoyed by the bacterial :reduction process in 

::.·emo-..ral of sulfates frorr. more dilute brines of 10 per cent or less salt. 

This last point ccn be illustrated by the following argu.i11ent: Suppose 

\-ie 'vii shed to remove the sulfate from a 10 per cent brine by precipitating 

\Ji th barium chloride. Instead of handling about 27,000 lb/hr of brine 

\ir.en it is saturated, 69,000 lb/hr of 10 per cent brine would have to be 

bundled. Assu..rning the six-tenths factor method13 of cost estimating to be 

reasonably valid, the ir1vestment cost for the plant v1ill be approximately 
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~;ropol ... tion8.1 to fixecl-capitul invest1nent such as ri13intcncJnce) ~:;u._pp1.ie.s) 

Ciel·teo.ci, depreciation, and taxes and insurance ,.;oc;:Lcl j_nc:ri2&Se i.;y ~l,QOQ, 

::_n ;Jdcii-~.ion to an increase in utilities cost. lv'.J:tnu:i.';H~t•~:d:-ii:; co~ts -'M!~..tld. 

thus be c:bout $)20,000, about 16 per cent higher than _for the bo.cte:cial·· 
! 

r~duction process. 

Using the six-tenths factor rr,ethod, investment costs for sulfs.te 

remova::.. fror:: a 3 per cent brine for both processes may be estimated. By 

estj_msting the increase in manufacturing cost due to investment-dependent 

ch2:;:ges such as depreciation oi1d maintenance, -che manufacturing co::.ts nmy 

also be approximated. Results are shovm in Fig. 22. In all cases, 85 tons 

per day of rock salt is being processed and the same amount of sulfate is 

removeci. The manufacturing costs curve does not take into account the in"" 

creusing growth rate of the bacteria with decreasing salt concentration on 

tht.: one hand, and the decreasing growth rate \vi th decreasing sulfate con

centration on the other. The co.lculations for neither process tal\.e into 

account the ~,:rfect of inves-cm8nl. costs on utili ties. The calculations on 

l·ihich }i':i.g. 22 is based are approximations at best, but serve to shOvl the 

t:cenci m: c:osts vlith percentage bf NaCl in brine and indicate that sulfate 

re:r.ovsl by bacteria from undersaturated brines compares q_ui te favorably 

liith t£1e older method of precipitation with bariu.--n chloride. 
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I I 

Investment costs 

Manu fact uri ng 

o o Bacterial reduction 

o o BaCI 2 precipitation 

I ; I 
' 

2 3 ~- 5 iO 20 

NaCl In brine ( wL o;o ) 

I 
I 
I 

_i 

j 
~ 
-j 

i 

40 

M U B "12243 

I"j ,::; . 22. Estimated trends of inve3tment and manufacturing col:;ts for 
t~ict;erial red.uction and BaCl0 :Jrecipi tation processes as a function 
of per cent NaCl in the brin~. · 

Basis: 85 tons/day of rock salt containing 1.467~ sulfate . 

. . 
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VI. SULFUR ?ROM SEAWATER 

· The oceans have long been .recognized as an unlimited potential 

source of a wide variety of chemicals. Other than Na + and. Cl-, the taole 

below shows that the most abundant ionic constituents in ocean water &re 
· ++ - so-•"i.s ona. 4 . 

Grams per liter 
Ions of ocean water 

Cl 19.68 
-Br 0.07 

so -:-
4 

. 2.74 

co
3
- 0.08 

.Na+ 10.89 
K+ 0.40 
M ++ ,g 1.33 

Ca 
++ 

0.43 

Total 35.62 

The oceans are the major source of magnesium and bromine at pre

cent and have the very obvious potential of being an important supplier of 

s~lL.i.r to bolster the world's shrinking supply of Frasch-process sulfur. 

P .. p:celiminary literature survey ha.s indicated that the sea has yet to be 

exploited for its sulfur to any significant extent, presumably because 

prevailing raethods of sulfate removal such as treatment with bariu.'T, salts, 

o1· tr .. e direct reduction of sulfate to sulfide by chemical means, are not 

eco~omically attractive. 

\-lith the concentration of sulfate in seawater at 28.6 m M/1, com

pared. to 18.3 m M/1 in the 10 per cent brine of this design study, a 

hc.lophiUc strain of Desulfovibrio would grow quite well, converting most 

of the slllfate·to sulfide, providing a suitable carbon source were supplied. 

/ 
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Butl:i.n, ScJ_\·Jyn and \·lo](erley_, have ::;.,,_ .. ,:_·r,;sfully grm-m 
.., . ~ ,, .. , 4l,Lt·2 

selvage :::..Lucige '-"'-! wlJj_ch sulfute Iva s adued.. 'Il~c: 

objc;ct o~~· their investj~;atio:ns was to deterrr:inc-; ·,vhether r:;ufficient qu.etn-

t~.tic';::; of sulfide could. be produced, with rm·r sc-:i-iage as nutrient, for t.hc 

possi.-0.l·= conversion of H
2

S to sulfur. 'rhey did Eot mentj_on the possib:i.li ty 

~'i.' ::.:.<)l)lc;me::ntins a sulfate -contO.ining raw materj.al Sl-'.Ch as sea-v1ater \·lith 

l'<Jiv ~;c>·n::ge, rnther tfiun adding the sulfate in solid form to 'the sewage. 

::~:·; their studies, th.:::y enriched the ~;el·i8ge with CaSOL:. to a::, hi.gh as o.::}l 

;.fl. and obtained 1.2-1.9% lv/v sulfide as n
2
s in 28 dhys' fermentation and 

l~j i:: 7 days. 
') 3 

ThE stt:dies by Leban, Hilke, c::nd J:dwards'-' show that a halophUic 

st.ra:i:r. of Desulfovj_brio will grow well with concentrations of sulfate on 

i:.Lc ::;cdcr of 10 m IVJ./1, with subsequent reduction of most of the sulfate to 

sulfide. It lS proposed then, that a process for reducing sulfates :i.n sea

'.·.'ater to su:Lfide by microbial action, with an inexpensive nutrient such as 

raw se1mc;e, and with the ultimate aim of converting the sulfide to sulfur 

by convent:ional means, would warrant some study. 

J\ i'lovi diagram for a hypothetical process for recovering sulfur fro:n 

~~c;tn:utcr :Ls sho-vm .in .Fig. 23 • 1\ssuD:j_ng the plant is located close to u 

~~ar(~C: :-~c::\·mge treatment facility) a concentrated sewage sludge from the pri-

n,ary :.>2ttling tanks is readily available for nutrient :for the suli'ate

reduc:i.ng bacteria. Sea-v1ater is pumped directly from the ocean and mixed. 

with the sewage sludge. The anaerobic sulfate reduction is allowed to 
-

:o:t·oc:eed :i.n a large enclosed basj_n w:i.th. a residence time of a day or more . 

. , A proposed design for a sui table fermentation vessel :i.s shown in l''ig • 24. 

':::'h:i.s design incorporates rr,ixinc; sections at the entrance and. exit of the 

·..ress.:::J_ l·ii th flow chanr,els constituting the major volume. There may be 

')1.·o'oleL·,;:; >;~ith th"e solids settling out in the channel, in lvhich c&se it 

,,.:o-u~.d be necessary to p1·ovide more complete mixing throughout the vessel. 

::::yc~~-o2;en sulfide and other gases· (methane is likely to be formed by methane 

l:wcteria) evolved fl·om t'be liquid are collected by manifold pipes for 

i 
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Fig. 23. Hypothetical process for recovering sulfur from seawater. 
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Fig. 24. Proposed design of a large vessel for bacterial sulfate 
removal from seawater. 
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:_;ubsequent treating. Sulfide-enriched sea-water j_s passed through a stri.pper 

-to remove the dissolved H
2

S. The stripping may be accomplished -with si.earn, 

o.s described earlier in Chapter II, section C, if the amount of other ,~aGes 

such as co2 and CH4 is ~ot too large. In that ease, the gases from the 

stripper may be used directly as ra-w material for production of sulfur ty 

the Claui or other process. 

Solids, including bacteria to some extent, are settled out of the: 

e:ffl~ent from the stripper. The bulk of the solids may be dried and in

cinero.ted or sold as fertilizer, -while a portion is recycled to the anaer

ooic digester to help maint.ain a stable bacterial population. 

The sulfate-depleted sea-water is returned to the sea, or alternative:~y 

--:r,ay be further processed to provide fresh vJater as sho-wn in Fig. 23, or 

may be used for other purposes. In the case of seawater conversion, a real 

advantage is gained in having a sulfate-free feed stream, thereby avoiding 

the problem of fouling evaporators and heat exchange equipment -with Caso4 . 

The ~ain economic advantage of this process is that the ra-w materials, 

seawater and sew~ge, are both available in large quantities at essentially 

zero cost. Operation of the anaerobic digestion system is expected to be 

lo-w in cost, and providing the plant has a fairly large sulfur capacity, 

say 50 long tons per day or more, it is conceivable that sulfur may be pro

duced at a profit from this process. With sulfate-free seawater available, 

the operating costs of an adjacent seawater conversion plant may be reduced 

ns well. 

Shortly after the above proposal for recovery of sulfur from sea

water with concQmitant fouling-abatement for desalination plants was written, 

a. news brief appeared in a recent issue of Chemical Engineering50 which 

expressed the same ideas presented above, but based on a different process 

for removal of sulfates. The news brief reads: 

'~ 
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Great Salt Lal~e may yield its mineral riches at 

lower cost, thanks to a new desulfation process de

veloped by the U. S. Bureau of Mines. Economical 

desulfation of the brine will facilitate recovery of 

the potassium and magnesium salts present in high con

centrations in the lake. The Bureau's Salt Lake City 

Metallurgy Research Center, which developed the new 

process, says there is even a good chance for future 

recovery of lithium values present at much lower con

centrations. The process also shows promise as a 

scale-control method in water desalting plants. 

The process is based on precipitation of the 

sulfate as barium sulfate. Economics depend on recovery 

and recycling of the barium and on production of salable 

byproducts. 

Sulfate-bearing brine is contacted with a cation

exchange resin in the barium form, simultaneously pre

cipitating the sulfate as barium sulfate and converting 

the resin to the sodium form. The barium sulfate is 

recovered and roasted with carbon to form barium sulfide, 

which is dissolved to yield a strong solution of Ba(O,H) 2 
and Ba(Hs) 2 that is in turn used to regenerate the spent 

resin, completing the cycle. Effluent liquor from re

generation is a solution of NaOH and NaHS that can be 

further and economically treated to yield soda ash and 

sulfur. 

On the basis of this study, it would appear that the bac.terial re

duction process proposed may be competitive with this new development. 

Ni':vertheless, the ·feasibility of recoveri.ng sulfur from seawater or rock 
...., .- 1 .j. 

i:•Ll...A.-l' or any other sulfate-containing raw material, can only be determined 

from a detailed economic study based on data obtained on the actual behavior 

of rsulfa te reducers under the proposed conditions of operation. 
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VII. SUMMARY AND CONCLUSIONS 

This work is a continuation of the study of the sulfate...,reducjng 

bacteria, Dcsulfovibrio, particularly a salt-tolerant strain isolated 

from salterns of San Francisco Bay. The previous investigators, Lebc-.r., 

Wilke, and Edwards, have given a complete description of the isolation 

and ecology of this microorganism and have provided kinetic data on its 

growth in batch and continuous cult~re. 2 ' 3 The ultimate object of the re

search was, in addition to contributing to the general understanding o: 
suJ.fate-reducers, to obtain a basis from which the economic importance of 

sulfate reduction by bacteria could be evaluated. 

A possible econorr1ic utilization of sulfate -reducing bacteria is in 

the removal of sulfates from salt brines. A plant design and economj_c 

stwiy was carried out for a process to remove sulfate from a 10 per cent 

rock salt brine which was preswned to be & raw material in the manufacture 

of chlorine and caustic soda. The plant capacity was based on a 50-ton

per-day chlorine plant. To obtain a basis for comparison of relative 

economic advantages, a plant for removal of the sulfate from a saturated 

rock salt brine stream by precipitation with barium chloride v1as designed, 

and operating costs were determined. The latter process is the common 

technique for removal of .sulfates from industrial process streams. The 

additional expense of concentrating the 10 per cent brine by evaporation 

was determined by design and cost estimate procedures for the purpose of 

comparison on the basis of a saturated brine product. Sulfate-reducers 

are not expected to grow very well iri saturated brine (26. 7%), although 

it was possible to acclimatize them to salt concentrations up to 16 per 
2 cent. -

Important features of the bacterial reduction process include a 

/ 

dense-culture anaerobic fermentation system utilizing a continuous cen·c,ri- .. 

fuge for recycling cells, and an activated-sludge system .for removal 

of organic matter from the process stream. Both of these unit operations ... 

1,·· 
1! 
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deserve more research than has been carried out in the past, particularly 

in application to biochemical engineering practice. In addition, a steam

stripper i.s employed for removing H2S from the brine stream, and a C1aus 

process facility converts the H2S to sulfur, thus eliminating the air 

pollution problem. 

The principal operations in the barium chloride process involve 

precipitation and digestion of barium sulfate in a steam-heated vessel 

with subsequent filtration and drying of the solids. The evaporator de

signed for concentrating 10 per cent brine was found to require an optimum 
34 number of three effects, according to the method of Reinhold and Connelly. 

The results of the cost estimates gave the following indications: 

1: Removal of a given quantity of sulfate from a 10 per cent 

brine stream by bacterial reducU.on is economically com

parable to removal of the same quantity of sulfate from a 

saturated brine by barium chloride precipitation. 

2. The costs required for concentrating a 10 per cent brine 

to saturation (26.7 per cent) make the barium chloride 

process more economical than the bacterial process in 

producing sulfate-free saturated brine. The bacteria are 

not expected to grow well in brines more concentrated than 

about 16%. 

3· For brines of 10 per c-:mt or less salt, removal of a given 

quantity of sulfate with bacteria is more economical·than 

removal with barium chloride. 

/ 

Microbial sulfate reduction shows some promise as a means for con

verting r.;ulfates in seawater to H
2

S ,, which can then be processed by conventional 

pathways to sulfur. The oceans have yet to be challenged for their sulfur 

content in spite of the abundant supply and the fact that anaerobic sulfate 

reduction by bacteria takes place quite naturally in ocean water. 
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The process proposed in this study employs an extremely chenp growth nu

trj_ent, namely sewage sludge. In addition to obtaining sulfur from 

H2S produced in the process, the sulfate-free seawater obtained may be 

used to advantn ge in a seawater conversion plant. 

Further research under the design operating conditions is neces

sary in order to assess more accurately the feasibility of sulfate removal 

and sulfur recovery via anaerobic sulfate reduction by Desulfovibrio. 

/· 
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APPENDICES 

A. Design Calculations- Bacterial Reduction Process 

The design of the agitated anaerobic fermentor, continuous cen

trifuge, activated-sludge system and the sand and anthrafilt' filters has 

been discussed in the text. Below, the design of the remaining major 

pieces of equipment is presented. 

1. Rock Salt Conveyor 

Since the saturation tower is 20 to 25 .feet high, a conveyor at 

30° to the horizontal would be about 45 feet in length. 

Design capacity: 8000 lbs/hr 

Density of rock salt: 190 lb/ft3 

Void fraction: 0.64 

Volume per pound= 1/(190)(0.36) = 0.0136 ft3/lb 

Designing for a belt width of 14 inches, and a bed depth of 

2 inches, the average belt speed will be: 

Average belt speed= (8000)(0.0146)(144)/(2)(14)(60) =10ft/min 

Power requirement: 1 hp is judged adequate 

2. Rock Salt Saturation Tower 

Rogers, in his Manual of Industrial Chemistry, describes the pre

paration of saturated brine for the chlorine-caustic industry as follows: 43 

If the starting material is solid rock salt, the 

brine is prepared in a sCjturator, a tall, square concrete 

tank about 6 ft square x 20 to 25 ft high. The tank is 

kept full of salt. Water is introduced from the bottom 

ofthe tank, and the flow is so regulated that as it forces 

its way np it becomes sautrated and flows from the outlet at 

the top as saturated brine. Salt is constantly added to 

keep the tank full, and the mud that accumulated in the sat

urator may be flushed out at intervals through the outlet 

opening at the bottom. 

- ,.:.· 

/ 
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The tank is designed for an inside height of 20 ft and is 6 ft 

square on the inside. Walls and floor are 6 inches thick. Wall a1~en is 

(20)(6)(4) = 480 sq ft, while the f1oor area is (7)(7) = 49 sq ft. 

3· Mineral Dissolving Tank 

A batch is made up once a day, requiring 2400 lb of water. The 

minimum volume necessary is thus 2400/8.35 = 288 gal. A volume of 350 

gal is adequate, and using a rule of thumb -of 5 hp/1000 gal for mixing, 

about 2 hp for the agitator will be needed.· 

4. Brine Blending Tank 

A residence time of 15 minutes is specifted. At a volumetric flow 

rate of 7400 gal/hr, the required volume is (7400) (15)/60 = 2000 gal. A 

10 hp agitator is adequate for this volume, assuming 5 hp/1000 gal. 

5· Process Wnter Pump 

The pump capacity is 7400 gal/hr or 123 gpm. Calculations showed 

that the pressure drop due to the bed of rock salt is negligible. Assuming 

an average head of 25 ft, including friction losses, the theoretical power 

requirement is: 

(25) {123 }(62 .4 2 
wo = (60)(7.48)(550) = 0 ·8 hp 

A centrifugal-ptimp with·this power requirement has an efficiency 

of 16 per cent, according to Braca and Happel in an article appearing in 

Chilton's book. 13 Therefore, the actual power requirement is 0.8/0.16 = 5 hp. 

6. Molasses Storage Tank 

Molasses is required at the rate of 10,200 lb/d.ay. ppecifying one 

month's storage, (30 days) the storage capacity must be (10,200)(30)/12 . ' 

= 25,500 gal. Density of molasses is 12 lb/gal. 

/ 
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7. Phosphoric Acid Storage Tank 

The requirement for this nutrient is 15 lb/hr. To hold a 30 days' 

supply, the necessary capacity is (15)(24)(30)/(1.58)(8.35) = 820 gnl. 

The specific gravity of 75 per cent H
3

Po4 is 1.58. 

8. Brine Feed Pump 

The same design conditions apply as for the process -water pump, 

giving a. po-wer requirement of 5 hp. 

9· Pressure Filter Pump 

Assuming an operating pressure of 50 psi, the head -will be approxi

mately (50)(34)/15 = 115 ft. Flo-w rate is 130 gpm. Minimum po-wer is: 

w. = (ll5t(l30)(62.4)(l.067) 
0 60) (7.48) (550) 3·5 hp 

The brine specific gravity is 1.067. 

The efficiency of a centrifugal pump -with the above power require

ments is 37 per cent. The actual po-wer requirement is thus 3·5/0.37 = 10 hp. 

10. Mineral Solution Storage Tank 

A storage capacity of 5 shifts or 40 hours is assumed. The volume 

necessary is then (288 gal/day) u~o hr)/(24 hr/day) = 500 gal. 

11. Single-Stage, Stirred Tank Fermentor 

This design was one of the rejected alternatives discussed in 

Chapter II, section C-3. The design is carried out as follo-ws: 

where 

A cell balance on the fermentor in Fig. 5 (a) gives: 

fl 

D = 

X 

F 

specific 

dilution 

dx · -·- = -Dx + flX dt 

gro-wth rate , 
F rate, v' day 

day -1 

-1 

cell concentratj_on, cells/1 

flo-w rate, gallons per day 

V = volume, gallons 

. ! 

.. 

..... _., . 

'!I' 
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At steady state, 
F 

D-- = 1-1 - v 
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Since ~l = f(s) (Fig. 3), where s is the concentration of sulfate 

in the fermentor and is known, the fermentor volt~e V can be calculated 

directly from the above equation. Specifically, when 

s = 0.2 mM/1 
-1 

~l = 0.13 days 

F 187,000 gallons per day 

V = 187,000/0.13 = 1,440,000 gallons. 

This tremendous volume presents a problem in obtaining sufficient 

mixing and requires a high investment cost (see Table 2). 

12. Two-Stage, Stirred Tank Fermentor 

Design criteria: 

F = 7800 gallons/hour 

s1 = 5.0 m M/1 

·s 
2 

0.2 m M/1 

s0 = 18.3 m M/1 

187,000 gallons/day 

A cell balance on first stage of Fig .. 5(b) at steady-state gives: / 

(l) 

A sulfate balance at steady-state results in: 

0 "Dl [sO-sl][~l ~~) xl 

for s1 = 5.0 m M/1 

-1 
1-11 = 0.29 day (Fig. 3) 

(.!.... ds) = 0 .. 24 x 10-lO m M/cell -diiy (Fig. 4) 
x

1 
dt · . · · · 
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vl = 187,000I0.29 = 645,000 gallons 

= (0.29)(18.3-5-0) 
xl (0.24xlo-10 ) 

11 I = 1.61 x 10 cells 1 

A cell balance on the second stage at steady-state yields: 

(2) 

A sulfate balance at steady-state results in: 

0 = D2 rsl-s2J· - (~ dsl X L x2 dt 2 
(3) 

Substituting Eq. (2) into Eq. (3), 

for s2 = 0.2 .mMil 

~2 = 0.13 day-l (Fig. 3) 

1 ds · ~10 1 
x

2
. dt = 0.125 X 10 m M cell-day (Fig. 4) 

= (O.l3)(5.0-~i~) + 1.61 X lOll= 2.11 X l011cellsll 
~ 0.125 X 10 

11 11 . 
V. (187,000)(2.11 X 10 -1.61 X 10 ·) = 340,000 gallons 

2 ( ) ( 11) 0.13 2.11 X 10 

/ 
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The total volume required is less than in the case of a single

stage fermentor, but the difference in cost is not significant. Again, 

mixing requirements rem3in an uncertainty. 

13. Stdppinc Tower Condenser 

Steam-containing gases from the stripper enter the condenser and 

are cooled by the incoming brine stream pas~ing through the tubes to about 

88°F. H2S enters at a partial pressure of 1.85 psia, C02 is at 2.54 psia, 

and the ~artial pressure of water vapor at 88°F is 0.615 psia. The total 

pressure is then 5.01 psia. 

Water vapor enters at 2l2°F at 90 lb/hr. Brine is at 86°F at a 

flow rate of 69,000 1b/hr. The amount of water vapor leaving the condenser 

is 4·.6 lb/hr. Neglecting sensible heat of the gases, 

Heat duty Q (90-4.6)(970) + (1)(90-4.6)(212-87) 

Q- 94,400 Btu/hr 

Q ( 6 9, 000) ( 0 . 88 ) L.T 

L.T == l.5°F; leaving brine is at about 88°F. 
\ 

The film ·coefficient for condensation is affected by the presence 

of non-condensibles. The film heat-transfer coefficient may be estimated 

by the correlation developed by Othmer:5l 

where 

log f- log~ [1.21)-0.00242T] +[~~f3~ - 1] X 

[log (c + 0.505) - 1.55l-0.009T] 

f :::: film coefficient, Btu/hr ft
2

°F 

6T = temp. drop, steam to film == 125°F 

T :::: steam temp. = 2l2°F 

c % non-condensibles 11.2 + 15.6 = 26.8% 
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therefore, 

log f 2.26 

f 182 Btu/hr ft2 °F 

For calculating the liquid-side coefficient,7 

0.8( c J.l)l/3 
~D ~ 0.023( ~p) + 
C = 0.88 Btu/lb°F 

p 

J.l 1.5 cp = 3.63 lb/ft hr 

k = 0.35 Btu/hr ft2 (°F/ft) 

. For brine flowing through l-inch tubes at 5 fps, 

D 1/12 ft 

v 5 ft/ sec = 18,000 ft/hr 

p = (1. 067) (62 .4) = 70.5 lb/rt3 

Performing the calculations, 

h =. 738 Btu/hr ft
2 

°F 

l l 1 l l 
u f + h = 182 + 738 

U = overall coefficient = 146 Btu/hr ft2 °F 

Q 

A 

A 

UA6T 

(94,400)/(146)(125) 
2 5.1 ft = required heat-transfer area. 

14. Tower Feed Economizer. 

The economizer is a heat exchanger which allows the heat from the 

tower bottoms to be transferred to the feed brine stream. Both streams 

flow at a rate of 69,000 lb/hr. Entering feed brine is at 88oF, and ~ 

specifying a 6T at both ends of the exchanger of l2°F, the feed will 

emerge at 200°F, since the bottoms brine is at 212°F. 

Btu/lb °F, 

With C = 0.88 
p 

.. 

/.-...;.)-.· 
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Q = (69,000)(0.88)(200-88) 

Q 6.8 X 
6 10 Btu/hr 

Q = UA6T 

6T == l2°F 

u == 250 Btu/hr ft
2 

°F' estimated from Table 6 of Peters, 19 for 

aqueous solutions on both sides of exchanger. 

A (6.8 X 106 )/(250)(12) 

A == 2700 ft2 ==required heat-transfer area. 

15. Tower Feed Heater 

Since the economizer cannot possibly exchange all the heat from 

the bottoms brine to the feed, additional heat will be required to elevate. 

the feed from 200°F to 2l2°F; the operating temperature of the stripper. 

The heating may be done by condensing steam in a shell-and-tube heat ex

changer, using 30 psia steam at 250°F. 

Q = (69,000) (0.88)(12) = 730,000 Btu/hr 

Steam requirement, S: 

A. = 945 Btu/lb 

S = 730,000/945 770 lb/hr 

Q == UA6T 1m . 
44

. 
U = 400 Btu/hr ft2 °F estimated from Table 15.1 of Foust et al. 

6Tlm 

A == = 43 ft2 =required heat-transfer area. 

16. Tower Feed Pump 

The height of the tower is about 25 ft including the base. With 

.gn estimated pressure drop of 10 ft in piping and exchangers, the total head .. 
is about 35 ft. / 
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Output hp = 1.22 

Efficiency13 = 22% ~ 

Required hp = 1.22/0.22 = 5.5 hp. 

17. Tower Exit Gas Compressor 
' .. ' 

Conditions of operation: 

Intake pressure = 5.01 psia 

Intake temperature = 90°F 

Discharge pressure = 15 psia 

Gas molar flow rate = 2.03 lb moles/hr 

For isothermal compression, the theoretical hp requirement is given by: 

hp 3.03 X 
. -5 p2 

= 10 p
1

q1ln 
pl 

where pl = intake pressure = 720 lb/ft
2 

p2 = delivery pressure = 2160 lb/ft
2 

Cll = cubic feet. of. gas per min at intake conditions. 

Asswning an ide-11 gas, 

= (2.0~)(359) I 15 ) (530) 
· ql 60) t5.01 492 = 39 ·1 cfm 

hp (3.03 x l0-5)(720)(39.l)ln ~~~O 

hp 1.12 

Isothennal efficiencies are generally
1

9 50-60%. Using 60% 

Actual hp = 1.'12/0.6 = 2 
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18. Cnlcu.lation of Stripping Tower Efficiency 

According to the method developed by the AIChE, two equations rHc 

reco~~ended for calculating the number of g~s and liquid film-transfer 

units for bubble-cap plates: 

where 

NG (0.776 + 0.116W - 0.290F + 0.0217L)/(Sc) 0 ~5 

NL (1.065 X 10
4

DL)
0

"5 (0.26F + 0.15)tL 

W = weir height, in. 

F = F factor (v(p
0

)
0 .5) based on the bubbling area of the plate 

L = liquid flow rate, gal/ (min) (ft width) 

Sc gas-phase Schmidt number 

DL = liquid diffusivity, ft2/hr 

tL liquid contact time, sec., calculated as tL = 37.4 ZcZL/L 

ZL = length of liquid travel between inlet and outlet weirs (ft) 

ZC =liquid holdup on plate, in3/in2 , which is correlated by the 

eq_uation 

ZC = 1.65 + 0.19W -0.65F + 0.02L 

The gas-phase Schmidt number, f.l/PDAB' is calculated from the 

following data: 

f-1 = 0.0125 cp (water vapor at 100°C, 1 atm) 

7.2 x l0-4g/cm3 (from steam.table) 

0;15 cm2/sec (;stimated for the binary system H2S-H20 by 

the Chapman-Enskog correlation) 

NSc = (1.2;> X 10-
4

)/(7.2 X 10-
4

)(0.15) = 1.16 

The bubble-caps and trays have the following dimensions: 

W = 2 .in 
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Diameter of cblwnn = 3 ft (specified) 

Tray bubbling area = 66% of total area = (0.66)TI 

( l. 5 ) 2 
= L~ • 6 ft 2 

l = average colwnn width = 66% of tray width = 
( 0 . 66 )( 3) = 2 ft 

z1 = 75% of tray width= (0.75)(3) = 2.25 ft 

From an average gas molar flow rate of 5.91 lb mol~s/hr, 

u = 0.151 ft/sec 
g 

( )0.5 F = u p - = 0.032 
g g 

-.ri th a brine flow rate of 7800 gal/hr, 

L = (7800) / (60) (2) == 65 gpm/ft 

N == (0.((6 + 0.116(2) + 0.290(0.032) + 0.0217(65))/(1.16)
0

·5 
G 

NG == 2.22 

z = (0.19)(2) + (0.65)(0.032) + (0.02)(65) + 1.65 
c 

Z == 3-35 in3/in
2 

c 

t 1 == (37-4)(2.25)(3-35)/(65) == 4.35 sec 

-5 2/ ., D
1 

== 1.61 X 10 em sec 25°C H20-H2S 

of Perry) 7 
system from Table 14-51 

Dfl 
Asslli~ing ~ = constant, 

4 -5 2/ . -5 . 2/ . D
1 

== .• 0 X 10 em sec == 15.5 X 10 ft hr at 100°C 

N
1 

== (100){1.55 X 10-4 ) 0 " 5~0.26(0.032) + 0.15)(4.35) 

N
1 

== 0.86 

/ 
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where EOG = go s -phase point effidency 

\ = ratio of slope of equilibrium curve (y/x) to slope of 

operating line (L/G) 

1/G (b~ttom) = (3.56 X 103 )/(5.0) = 0.7 X 103 

1/G (top) = (3.56 X 103)/(6.833) = 0.52 X 103 

Average L/G = 0.62 X 103 

yjx = H/P 

yjx = (1.28 X 103)/(1.0) = 1.28 X 103 

\(avg) = 1.28/0.62 = 2.08 

These calculations are based on the operating and equilibrium lines for 

H
2
s only. 

l l 2.08 
2.22 + ~ = 0.45 + 2.42 = 2.87 - ln(l-E0G) 

ln(l-E0G) = ~0.348 

-EOG = -1 + 0.706 

E0G(avg) = 0.294 

B. Design Calculations - Evaporator Auxiliaries 

1. Evaporator Pumps 

a. Pwnu for effects 3-2. From the temperatures in effects 3 and 2, 

p
3 

= l. 94 psia 

p2 = 6.87 psia 

The flow rate of.brine between the two effects is 56,100 lb/hr. The 

specific gravity is 1.08. 
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(6.87-1.94) [ 34 ) l . f b Purr~ing head = (l5) ~ = ·o ft o rine 

= 3 hp 

b. Pump for effects 2-l 

p2 = 6.87 psia 

p
1 

= 21.2 psia 

Flow rate = 39,900 lb/hr 
Specific gravity = 1.10 

Pumping bead= (21 ·(~~jB?) [l:io) =30ft of brine 

cent 

Required hp = 6 hp 

2. Cooling Water Pump 

Flow rate of water = 480 ·gpm 

. Estimated head = 20 ft 

p t2o~t48o~~62.4) ... ump output =607 .4 (550) = 

Efficiency13 = 32 per cent 

Required hp = 7·5 hp 

3· Hotwell Pump 

Plow rate· of water = 520 gpm 

Estimated head = 20 ft 

I, 

2.4 hp 

,., 



-... 

~I 

-141-

C. Des1gn Calculotions - Barium Chloride Proce~>~3 

1. Barium Chloride Mix Tank 

Saturated barium chloride is made up twice a day. Water required 

is 16,050 lb/day, while BaCl2 required is 5620 lb/day. At a density of 

10.7 lb/gal, the volumetric flow rate is ,(16,0501-5620)/10.'( = 2120 gal/day. 

A 1200-gal tank is adequate for making each batch. A 3 bp agitator is 

sufficient. 

2. Feed Prebeater 

Conditions of cold brine: 

Flow rate = 2550 gal/hr 

Inlet temperature = 25°C 

Outlet temperature = 80°C 

Heat capacity = 0.83 Btu/lb °F 

Conditions of hot brine: 

Flow rate = 2640 gal/hr 

Inlet temperature = 90°C 

Outlet temperature = 35°C 

The heat .transferred from the bot brine to the cold brine is 

Q FCP6T.= UA6Tm 

~ 55oC = 99oF 

6T l0°C = l8°F . m 

F (2600 gal/hr) (L 13) (8. 35 lb/gal) = 24,500 lb/hr 

C = 0.83 Btu/lb p 

U = 250 Btu/hr ft2 °F, estimated from Table 6 of Peters, 19 for aqueous 

· solutions on both sides of exchanger. 

The required heat-transfer area is calculated as: 

. A_ (24,500)(0.83)(99). 
- (250)(18)-- -- . 450 ~q ft. 
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3. Bnrium Sulfate Pr,-oc:ipitation·Tank 

Brine stream flow rate = 24,500 lb/hr 

Inlet temperature = 80°C 

Outlet temperature ~ 90°C 

Heat capacity = 0.83 Btu/lb °F 

The steam requirement, F , is calculated from: 
s 

F LH = FC .6T s v p 
6H 970 Btu/lb at l00°C, atm pressure 

v 

F = (24 ,500) (0.83) (18) = 400 lb/hr 
s 970 

Using an overall kettle heat-transfer coefficient of U = 100 Btu/hr 

ft 2 °F estimated from Table ll-15 of Perry, 7 the jacket heat-transfer area 

is calculated from 

F 6H = UA6.T 
s v m 

'I'be agitator power requirement can be estimated using the power

number correlation given in Perry. 7 From this method, 

~~here p agitator hp 

K = correlation coeffi.cient = 0.32 for a propellor-type agitator 

with 3 blades, square pitch 

N = agitator rpm = 1150 

D = prope11or diameter l ft 
a 

p = (0.32)(1150) 3(1) 5 = 5 hp 

This method is good when such things as propellor size and shape and the 

agitator speed a~e specified, but the rule-of-thumb approach and common 

engineering sense are still indispensable for quick estimates without 

specific information. 
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4. Barium Su1fnte Slurry Pump 

Operating pressure 120 p:;i == 270 ft H
2
o 

Capacity = 4-4- gpm 

Slurry density = 1.2 gjcc 

w = (270)~44lf62.4)(1.2) = 3·7 hp 
0 (6o (7. 8) (550) 

Pump_ efficiency13 28% 

w == 3·7/0.28 13 hp 

5; Wash Water Pump 

Operating Pressure = 100 psi ·= 230 ft H20 

CapaGity' (1 hour at l/4 filtrate rate) = ll gpm 

W - (230)~11)~62.4~ 
o- (6o)( .48 (550 = 0 ' 92 hp 

P ff . . 13 ump e lClency == 

w = o. 92/0.2 

20% 

4.5 hp 

6. Barium Sul'fate Filter Presses 

Mode of operation: The slurry is pumped through at a constant 

rate until a pressure of 100 psi is reached, at -which point the slurry is 

diverted to another filter press. 

Asswning laminar flow through the filter cake-, the equation of 

Carman-Kozeny applies: 44 

since v 
s 

-LPg 
c 

L 
8 (l-E)2 f.LVS 

l 0 3 -2 
E D 

p 

I volumetric flow 
f1uid.velocity =VA= filtration area' 

-.6Pg 
c 

L 



or, A _ 1801 
- &'G . c 
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The volumetric flow.rate is a constant in this case, while filtration 

r 

pressure, LP, will increase as filtration progresses. Setting the upper ~...,, 

limit for .6P at 100 psi, the filtration area, A required to maintain the 

volumetric flow rate at a given value may be calculated . 

.6P = filtration pressure = 100 psi = 14,400 lbf/ft
2 

L cake thickness = 1 inch = 0.083 ft 

E = cake porosity = 0.5 (assumed) 

·v =volumetric flow rate = 2640 gal/hr = 0.098 ft 3/sec 

)J. = filtrate viscosity= 2.5 cp = 16.8 x 10-
4 

lb/ft sec 
,... 

D = particle diameter 
p 

8 -o ( = lO)J. = 3.2 X 10 ft observed 

microscopically) 

gravitation constant = 32.2 

A 
(180)(8.3 X 10~2) 
( L 44 X 10 

4) ( 32 . 2) 

A = 1000 sq ft 

(0.5)
2 

(0.5) 3 

2 
ft-lbm/lbf .sec 

(16.8 X 10
4

)(0.98) 

. (3.28 X 10-6 )2 

A 32-inch metal filter press with 40 plates has a filtering area 

of 496 sq ft, according to the data furnished by Sperry. 30 

cu. ft. 

With l-inch chambers, the total capacity of each press is 20.65 

Since E = 0.5, 

(0.5)(20.65) = 10.33 cu ft solids per fill. 

Density of Baso4 = (4.5)(62.4) = 281 lb/ft3. 

Weight of solids per fi'll = (281)(10.33) = 2900 lb. 

Flow rate of Baso4 = 250 lb/hr. 

Filling time of filter press = 2900/250 = 12 hr. 

,.:r.. .• 
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7· Barium Sulfate Dryer 

Solids flow rate = 250 lh Baso4/hr. 

Cake void fraction ~ 0.5. 

Assuming voids to he filled with water, there will be 1 cu ft 

H20/cu ft BaSOL~ in the 'Wet cake. 

Specific gravity of Baso4 = 4.5. 

Thus the initial cake moisture content = l/4.5 = 0~22 lb H
2
0/lb 

Baso4 , or 18.2 per cent by weight. 

Assuming that the air used for drying has a dry-bulb temperature 

of 80°F and a wet-bulb temperature of 60°F, from psychrometric charts the 

inlet moisture content will be 0.0067 lb H20/lb dry air. 

Further assuming that the air is heated to 250°F with steam and 

then cools adiabatically as it picks up moisture to 70 per cent relative 

hwnidity, the outlet moisture content of the air will be 0 •0394: lb H20/lb 

dry air, according to psychrometric charts. 

Moisture pickup = 0.0394 - 0.0067 = 0.0327 lb H20/lb dry air 

Water input= (0.22)(250) =55 lb H20/hr 

Required air ,flow = 55/0.0327 = 1680 lb dry air/hr 

Inlet air conditions: 

Outlet air conditions: 

190- ll = 6T1m = 1il 190711 

Design calculations for a r'otary dryer can be inade follo-vling the 

,procedure presented in Chapter 20 of Perry. 7 The following equations are 

from that source. 

/ 
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no. of heat-transfer units 

T1 inlet gas temperature, 250°F ~~ 

T
2 

outlet gas temperature, ll0°F. • 

L>Tl, == log-mean-temperature driving force, 6YF 
.un 

:= 
250-110 

63 
:= 2.2 

Since, according to Perry, rotary dryers are most economically operated 

when Nt is between 1. 5 and 2. 5, the above design conditions .seerr, appropriate. 

where 

The total heat transferred from the air;to the water is ~xpressed by 

Qt ua v(m)lm 

total heat transferred, Btu/hr 

Ua == vOlumetric heat-transfer coefficient, Btu/ (hr) 

(cu ft dryer volume) ( °F) 

V - dryer volume, cu:ft 

log-mean-temperature driving force == 63oF 

Neglecting heating of the solids and sensible heating of the water, i 
the heat transferred can also be expressed as 

Q.J_ 
L, 

where w 
A. 

:= WA 

moisture-removal rate == 55 lb/hr (assuming lOO% removal) 

latent heat of vaporization == 1049 Btu/lb (80°F) 

therefore, 

Qt == (55)(1049) = 57,700 Btu/hr 

For a conservative design estimate, Perry[ recommends 

Ua 
l0G~· 16 

D 
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Assuming the dryer diameter, D, to be 3 ft, the air mass velocity, 

G, is calculated as 

and 

G = (1680)(4)/(n) (3)
2 

= 240 lb/hr ft
2

, 

Ua (10)(240) 0 ·16/3 ~ 8 Btu/hr ft3 °F. 

The dryer volume can be estimated from 

Qt. 57 700 
V = Ua(~)lm = (S)(63 ) = 114 cu ft. 

For a diameter of 3 ft, the length, 1, will be 

1 = (114)(4)/(n) (3)
2 

=16ft. 

The L/D ratio is 5.3, which is between the recommended range of 

4 to 10 given by Perry.7 

For the purpose of cost estimation the peripheral area 

( 16) ( n) (3) = 150 sq_ ft. 

The thermal efficiency of a steam-heated air dryer is 30 to 55 

per cent, according to Perry. 7 Using an efficiency of 40 per cent, the 

steam req_uirement when the latent heat of steam is 945 Btu/lb is: 

steam req_uirement- (5S)~ 1046 ) - 150 lb/hr - (o.4 (945) -

Electric power to rotate the dryer and operate the blower and 

feeder can be estimated from the relation:? 

?ower 0.75 D
2 

Power 0.75(3)
2 = 6.8 hp 

8. Brine Surge Tank 

Brine from the filters flows at a rate of 41+ gpm. A tank with a 

15-minute reside~ce time to damp out fluctuations in flow would req_uire a .. 

volume of (44)(15) = 660 gallons. 



D. Composition of Molasses 

For the purpose of this study, blackstrap molasses is considered 

to have the following composition:
18 

Substance 

Water 

Si02 
K

2
0 

CaO 

MgO 

P205 

so
3 

Cl 

Other minerals 

Sugars 

Nitrogenous substances 

Gums 

Free acids 

Combined acids 

Per Cent by weight 

20 

0.5 

3.5 
1.5 
0.1 

0.2 

1.6 
0.4 
0.2 

62.0 

3:0 

2.0 

2.0 

3.0 

E. Composition of Medium M 

This rr,edium vJas used for some of the growth experiments conducted 

on the halophilic Desulfovibrio,
2

' 3 and is used in this study as a basis 

for estir~ting the re~uired amount of nutrients for the bacterial sulfate

reduction process. Weights given are grams re~uired for l liter of mediwn. 

.. 

/ 
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Component 

Lactic acid (100% basis) 

KH
2
Po4 

CaC12 
Mgso4·7H

2
0 

Na 2so4 
NH4Cl 

Yeast ex'tract 

Sodium .chloride 

Feso4 · 7112 0 

Na S·9H 0 2 2 
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Weight (grams) 

7.66 
0.34·0 

0.111 

0.123 

4.26 

0.535 
2.5 

100.0 

0.001 

0.240 
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G. Installed Equipment Cost Index 

Most of the equipment cost data obtained for this study was in 

terms of installed cost. 
(~ 

To obtain an index that would allow updating 

of installed costs, the Chemical Eriginccring Plant Cost Index was modified 

as follows: the CE Index is made ui) of four major components. each of which 

is weighted. 
45 Two of the components and their weight factors. are: 

EquLpmcnt, ma ehJncry and supports 

Erection and installation labor 22'~ 

lin .index rna de up of these two components would hl:tve weic;ht :f8 ctorr; of 

Gl/(61 + 22) = 0.735 for equipment and 22/(61 + 22) 0.265 for inctallation. 

Therefore, the installed equipment index (I ) = 0.735 equipment . . e 
::.na.ex + 0.265 installation index. For example, in February 1966, the 

. ' 4 
equipment index is 103.5 while the installation index is 110.9; 5 then, 

I oo: (0.735)(103.5) + (0.265)(110.9) = 105.5. The installed equipment cost 
e • . 

index for several years is given below. 

Year 

1966 (Feb.) 

1963 
19GO 

J• i')') 

1957 
.1 1)')1 

1')')0 

1947 

Index 

105.0 
102.3 
102.2 

li )I .u 

'(2 .) 

63·3 
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