LBL-15752

Mot kenne aatn Aeimee T

/ TAITDmY 2 EANIRONAATMNT
4 ; ENERGY & ENVIRONMENT
L NIV 7™
4 DIVISION
1
VACUUM ETHANOL DISTILLATION TECHNOLOGY
B.L. Maiorella, H.W. Blanch, and C.R. Wilke
: March 1983

Y A
- s g
PO - W T

RECEIVED
FEB 2 2 7008
By LBNL Library

2

8 n
£}
bR
§

Shmraln ACTASA AR R

artment of Energy under Contract DE-AC03-76SF00098

ST e, et e . i it et e Pt e s e o5t




DISCLAIMER

This document was prepared as an account of work sponsored by the United States
Government. While this document is believed to contain correct information, neither the
United States Government nor any agency thereof, nor the Regents of the University of
California, nor any of their employees, makes any warranty, €xpress or implied, or
assumes any legal responsibility for the accuracy, completeness, or usefulness of any
information, apparatus, product, Or process disclosed, or represents that its use would not
infringe privately owned rights. Reference herein to any specific commercial product,
process, ot service by its trade name, trademark, manufacturer, or otherwise, does not
necessarily constitute or imply its endorsement, recommendation, or favoring by the
United States Government or any agency thereof, or the Regents of the University of
California. The views and opinions of authors expressed herein do not necessarily state or
reflect those of the United States Government or any agency thereof or the Regents of the
University of California.




LBL-15752

VACUUM ETHANOL DISTILLATION TECHNOLOGY

B.L. Maiorella

g

H.W. Blanch

C.R. Wilke

Lawrence Berkeley Laboratory
University of California
Berkeley, California 94720

March 8, 1983

This work was supported by the Director, Office
for Energy Research, Office of Basic Energy Sciences,
Division of the Chemical Science Processes and Techniques
Branch of the U.S. Department of Energy, and by the
. Assistant Secretary for Conservation and Solar Energy
- under Contract No.- DE-AC03-76SF00098, and by the Solar
Energy Research Institute under Contract No. DR-0-905801.




[

N .-1-

VACUUM ETHANOL DISTILLATION TECHNOLOGY
1 Iatroduction

Current distillation technology has been criticized as energy

inefficient, requiring as much as the full energy of combustion of the

" ethanol product sepa;aeed (5,040 kcal to dxstl}l one llter of ethanol)

T U

(1,2,3,4, 5) While inefficient beverage plants and planes produc;ng

e e i s

ulerapure ethanol utilize nearly this energy, well designed industrial
alcohol and alcohol fuel plants employing vapor reuse techniquee utilize

only about 2.5 kg of steam per lzeer of 99.9 we/ ethanol p;oduce (1,340

e e et o e o A S

-

kcal) (6'7’8.9). . . . ’,,:V .

- s

-
Many efficient ethanol/water 'separation meehods have been

developed or proposed.’ The purpose of this paper is to 111us rate the
desxgn pr1nc1p1es fo;.one partxcularly efficient dlstlllation
arrangement employing available teehnology. The newly developed
temperature dependent UNIQUAC vapor/liquid equilibrium computation
methods' are Qtilized’in the design of a minimum cost distillation pient
for the production of 100 million liters per year of 95 wt% ethanoi
product. Vacuum distillation and vapor reuse methods are employed.
These methods combine synergystically to reduce the dis;iilation energy
requirement in concentrating dilute beer feedé. The vapor reuse methods

are then extended.tdvdemoﬁstrate how 99.9 wtZ ethanol are then produced

at virtually no additional energy cost. : .

2 Ethanol/Water Equilibrium--ETCH Computer Package
The ETOH package of subroutines models ethanol/water
vapor/liquid equilibrium behavior for use in separation process desigh.

The UNIQUAC equilibrium model (developed by Abrams and Prausaitz (10))
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has been widely adopted by industry and has the advantage of ready
expandabxllby to multlcomponenu system modeling based only upon blnary
system parameters. For these reasons, the UNIQUAC model was taken as
the basis for the ETOH routiﬁés. fhe éthanol/wate: equilibrium is
highly nonideal (varying substantially with temperature) amd the simple
UNIQUAC model was found inadequate for detailed ethaﬁol distillation
vdé#ign at vgryiﬁg préssures. .Instead..a mddified‘temperaﬁure dependent
mddel was developed which accurateiy predicts ethanol/water e§ui1ibrium
behavior over the temperature range frdm 298 to 383°K corresponding
roughly to the pressure range from 60 to 1070 mmﬁg.‘

The overall model for pure ethanbl/ﬁatér vapor/liquid

equilibrium is given by the gemeral relation

Yi ® P:otal =Xy, f.(J_.ll.q exp(Ptotal V%lq/RT) (1)
i1 1 i = T

where Y, and Y, are mole fractions of ethanol and water in the vapor

phase rESPectivelyg_Xl and X, are mole fractions in the liquid and

P;otal and T are the system pressure and temperature.

The ethanol and water liquid pure component specific molar

volumes (Vilq and Vélq) used in the Poynting correction are given by the

modified Rackétt equation of Spencer and Dannmer (75) as:

Modified Rackett Correlation: -

’ T
RT 2.
vliq o —— 2 . _ _ (2)
i P :
. C,
_l

where: T =1+ (1-71,0.280 for T_< 0.75



T = 1.6 +,'00693/(Tr - 0.655) for Tr2:0.75.

withs T =T/T
r c

L

and ghere: Tél = (éthanol criticgl temperature) = 316.26°K.
Tc2.= (watg: ;ritical temperature) = 647.3Z°K -

Pcl = (ethanol critical pressure) = .63.89 bar

Pci = (water critical pressure) = 221.20 bar

.Zl = (étbanbl modified Raqket: Parameter) = 0.,2520

Z, = (vater modified Rackett parameter) = 0.2380

The zero point reference fugacities for ethanol and water

-(flo’llq and 520.11q) are given by the expansion of Prausnitz (76):

zero point reference fugacities:

o
«

o.liq‘_ o ‘ . . - 2 .
fi = exp‘(Ai + Bi/T + C,T + D 1aT + E,T ) o (3)
. ‘
with: A = - 0.9091
Bl = - 0.3466
C, = - 0.6230
D, =  0.2049



E, = 0.2066
and

A, = . 0.5704

B, = 0.7005

C, = 0.3589

D, = 0.6669

E, = 0.8505

The ethanol and water vépor phase fugacity coefficients ¢1 and'd’2

are calculated from second virial coefficients according to:

6 -0 O a2 | '
Ino, =2 &Y B, -8 W

with the mixture coefficient given by:.

B0 |
TR Y By @

anld the ethanol (Bll) water (522)7 and cross (Blz) virial coefficients
given by the vcorrélat_ion ovaayden' andr Ov’vConn_el'l,.(77) (see
“Ethanol/Water PﬁYsical an‘d Chemical Properties for Separation Process
Design™(73) for a detailed description). For accurate coméu:ati-ohs,
":his fugacity correction cannot be ignored as the fugacity';oefficient
fof water deviates by #s much as 4% from the ideai gas' aésumption at

=9.7.

o .
363K and _for ‘Yethanol—.

The activity coefficients for ethanol (Yl) and Vwa::er (YZ) are

given by the UNIQUAC model as:



S

2 % . o, (2 Loy ) .
. - 1 S q in — ¢+ - 2
iy st 5 2h . (6)
_ . ,
| 9T 92712
+C q' - ln(O' + @l T21) + - . - el N IT
1 1 2 %% 2T Ui
, ) S T2
2 .z 2 =
= - ol n — + 0] (l - L )
gnyz lnx2+2q2, q’z 1‘_2:_ T, 1 v ‘
(7)
[} . . ' ‘
. . . . _"- e' ) Olle 61121
+ C q - ln(O + 1712 * LS @'T -_@' + 0 T,
2 2P0 e, it

= 2 (p. .- - -1
=g map) S o b
o, . .
= = - - (T - 1)
2, =5 (r, - ) - (%
X T
¢, = 1r1i <b2 - ‘2 3 T
' T
1 XT, * KT, X117 %272
X4, X 29,
o, = % X4, vx,9
1~ Xq + X, 191 " X2%
] - !
qul ' “2q2
Oi-"—' ™ ] @.2‘ [ [
X,a; +X,q, X19 * %%
where: -z = (coordination number) = 10
T, = (ethanol structural size pé:ameter) = 2.11
r, = (water structural size parameter) = 0.92
q; = (ethanol structural area parameter) = 1.97
q; = (water structural area parameter) = 1.40
91 = (ethanol modified area parameter) = 0.92
qzl: (water modified area parameter) = 1.00
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are all tabulated physical property parameters (76) calculated from a

knowledge of the molecular structures of ethanol and water.
Tyg and Toq are the UNIQUAC parameters. -The majof :émperature

dependence of these parameters can be removed if they are expressed as:

AU
- 12
‘ le = exp (—_RT

. -4y,
21 - P\ T®T

(8)

al
[

AUIZ/R and AUél/R are then the final parameters which must be

~found by fitting equilibrium data. To correctly predict the variation

of important equilibrium properties (such as azeotrope composition) with |

pressure, the basic UNIQUAC model must be ‘extended to incorporate a .

further temperature dependence in these UNIQUAC parameters.,
The thermodynamic relationship for the variation of activity

coefficient with temperature is:

m ' : ,
3 lg Xi In Y5 . : HE _
' = - = ' (9)
al | P,X F v |
and
.3(T.i=1)(_1]" Ti) B _SE' . . .
b = R . ; (10)

wnhere H”™ ‘is the excess heat of mixing and sE is the excess entropy of

wmixing. For the ethanol/water system, the heat of mixing is a complex
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function of tenpeiatﬁre and'pressﬁre and neither au‘athermal;solu:ion
(HE = 0 so that 1ln Yi is indepeﬁdent of T) or a regular solution (SE =0
so that In Yi*x %% ) siﬁp1ification can be applied.

Prausnitz (76) suggests that where the temperature dependence of
activiﬁy coefficients cannot be'neglected.‘:hét the dependence can often
be accounted for by represen;ing{the characteristic eﬁergies in the

form:.

810 = 2y , 22 | | S

Thomsen (78), however, has tested several systems using:

AUy = a1y + by,/VT | ‘ BEACE
AU : ' ' .

12 = a,,T | : : . (13)
AUy, = ap, exp(b/T) | | - (14)

as well as equation 1ll. Ali these fbfms give similar impfovehent in the
overali»eqdilibrium correlation. | | |

. To find the teﬁperacure'dependence of the activity coefficients
fqr the éthanol/watervsystah. rather than 3 priori assuming a possibly
too restrictivg form for the UNIQUAC interaction energy parameters,
eq@ilibium data measured by Mash and Pemberton (79) was used to fit the
UNIQUAC equation at six temperatures (298.15, 363}15.-323.15 343.15,
363.15, 383.159K) corresponding to the pressure range 60 to 1070 ﬁhﬂg, 

The data was selected, from among 24 sets of data taken from the
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literaeure. based on excellent thermodynamicvconsistency as measured by
the method of Herington (80) as well as other criterie.

The fesulting values of (AU 2/R) and (AUZl/R) are shown vs
‘temperature in figere 11» Botb parameters vary smoothly over the range
studied. 'AUZI could be fit approximately in the form.of equation 11,
but AU12 is better fit in:a'parabolic form. A five terﬁ polynomial

expansidn was chosen to fit both-AU12 and AU21 (equaelons 15 and 16)

through the range of interest. This polyﬂomlnal can fit both

interaction energy forms quite accurately.

- 10845.010853 + 144.454638358 (T) as)

AlUIZ/R .=
- 0. 692588910466 (T)? + 0. 00143459625212 ()3
- 1.096233611 x 10° 6 (r%y
AU, /R = 38765. 541772 - 475.052110708 (T) (16)

S a2, 1410854923 (T2) - 0.004220316593674 (r)3

+ 3.054583612 x 10°8 (1)

A telllng test of the overall equlllbrlum model is the
vpredlctzon of lsobarxc data --‘the model was developed from isothermal
data'se;s while a single isobaric data set covers a range-of

.temperatures.

Figures 2 through 4 compare model predietions as generated byl’

the ETOH package of subrout1nes with data for the ethanol/water system

at 50, 250 and 740mmHg pressure. Figure 5'shows the predicted

equilibrium curve at 50 mmHg expanded near the azeotrope composition.

The model closely predicts the slope of the curve in this region

(differing with the reported data by less than 0.005 mole fraction).

]
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This is.critical for prediction of the fequired reflux ragio iﬁ an
ethénol/watér diétillation and for this purpose, as well as for
géneracing plate:counts”for column design, this model is quite
satisfactory.

A detailed description of the development of this model along
with a comprehensivé bibliography of ethanol/water equilibri&m data
,SOUrce§ is given in'"Etbanol/Water'Physical'and Chemical Properties for
Separation Process Design”™ (73). This fepﬁrt should be consulﬁed for
pdssible limitations on the use of the model prior to application for

séparation system design.

3 Vacuum and Vapor Reuse'Methods in Ethanol/Water Dis:illacion
‘The.vapdr/liquid equiiibrium'properties of ethanol/wate: mixtures
at oné acnosphefe are shown ic figure 6)(11). The sep;ration of ethanol:
from watef is complicatea by‘ézeotrope formatioﬁvat 95.7 w;Z ethanol.
To préduce pﬁre alcohol, an additional chemicﬁl agent must be édded (or
o:be; method employed) to alter the equilibrium behavior and bréak.the
v azeotrépe (12). In production of 95 wtZ industrial ethanél. the “pinch”
associated withvﬁbe azeotrope constrains the distillation deéign. As
the azeotropic composition is approaﬁhed-from below, the relative.
volatility of ethanol over water decreases. The separation invtﬁe
pinched region is thus made difficult, requiring.many_stages and a large
reflux. For concentrated feeds, this region becomes controlling in
eétéblishingvboch the column héigbt and distillation enérgf requifement.'
This problem is well illustrated on a McCabe-Thiele diagram.(fig.
7) where thevequilibrium curve represeﬁts.the possible equilibriuﬁ vapor

~and liquid compositiénsvachieved on ideal trays.'while‘the'operating
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lines are graphical representations of‘the mass balance equations of the
distillaﬁion design and represent the possible compositions of vapor and
liquid streams passing between plates. The slope of the rectifying
operating line gives the required internal reflux ratio (and hence the
distillation energy requirement). |

The min;ﬁum energy input rectifying section operating line is.that
drawn from the product COmposition to the feed coﬁpdsition unless
otherwise constrained. For the ethanol/w#:er systan._the‘pinch region
can offer such a coastraint. The operaéing line crossing the
equilibrium curve represents a physicallyvﬁmpossible_situation. Thus,
the operating line méy be forced danWard (greater slope and required
refigx ratio) to avoid crossiﬁg the equilibrium curve in the pinched
region. At athospheric.pressure and 95 wtX produét concentfation,'the
pinch region aetermines the operating line for all feed compositions

above 6.4 wtZ ethanol. The extent of this effect is well illustrated in

~figure 8 which plots minimum possible reflux ratio versus desired

product composition for‘atmosphetic pressure distillationvof 6 wtZ
ethanol feed.

The distillation energy inc:eaées in a regular manner until a -
product composition of 94.9 wtZ is dbtained. ABOVe_this'composition‘the
pinch limitation takes control and the_reﬁuired reflux increases
rapidly. Forbhigher feed concentrations the pinch.limitation takes
control at lower product concentrations.

The.ethanollwatef equilib:ium.is pressure sensitive with the
relative volatilitf of ethamol over water increased at high ethanol
concentration as the pressure is réducéd. As pressure is reduced from.

one atmosphere, the ethamol/water azeotropic composition increases
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- Qntii. at about 80 mmHg absolute pressure, the azeotrope disappears.
Pure alcohol can thus be distiiled from an alcohol/water solution in a
single distillation column at reduced pressure. The energy required for
this one-step distillation is very high and this process is
uneconomical. However, vacuum distillationm can be used to feduce the
energy requirement for the. _produétion of standard 95 wtZ industrial ’
ethanol. The shift in the azeotrope is acc.;ompanied by a shift in :‘he
 entire pinch.ed region so that the pinch constraint isvmade less and less
severe as the distillétibn pressure is reduced. R These properties are
illustrated in figureﬁ 9(a;d) whi;h show a succession of McCabe-Thiele
diagrams atk decreasing pressures (as generated by the equilibrium
com'put.a:ion» routine ETOH (73)) along with the cofrespon&ing pinch
vconstrained rect,i,fying se'ction operating lines. The operating line
bslopes decrease at reduced pressures corresponding to a reduction in
required reflux ratio.

Vacuum disvcillationvdes.ign involves many tradeoffs as illustrated
in figures 10, 11, and 12. Assuming a sufficiently concentrated feed
so that the pinch limitation is'-control ling‘. then the minimum reflux
ratio drops offv rapidly as pressure is reduced (fig. 10) from 3.3 at one
atmosphere to 1.8 at 100 mmﬁg. Thus at one atmosphere, for every liter
of(95 wt%Z ethanol product, a minimum of 4.3 liters of vapor must be
boiled up in the column to effect the separation, while -_at 100 mmHg only
2.8 L of vapor must be boiled up. These are the minimum possible_ reflux
rates assuming an infinite number of trays in the column to effect the
separation. Typically, a reflux of 1.15 to 1.4 times the minimum iis
used and an economic balance must be made at every pressure, trading off

increasing the actual reflux from this theoretical minimum with reducing
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the number ofidi#tillation trays to a practical number.

The minimum'feed concentration not to induce a constraint more
stringeht than the pinch limitation (and hence increase required reflux)
is giyen on a McCabe-Thiele diagram as the intersection of the
rectifying 6perating line and the equilibrium curve in the dilute
ethanol'fegion (see figs. 9(a-d)). At reduced pressdfe. not only does
the reduced slope of the pinch constrained opefating line increase this
minimum feed concentrationm, buﬁ the eth;nél relative volatility im thé'

dilute region is also reduced, further increasing the minimum feed

concentration to not induce a feed constraint. These effects are

summarizéd'in’figure'll where the XFMIN curve shows the increase in

- minimum feed concentration to a vacuum column as a function of pressure

not to constrain the reflux ratio beyond the limit set by the pinch.
This minimum feed concentration rises from 6.4 wt% ethanol at one

atmosphere to 13.2 wt% ethanol at 100 mmHg. High ethanol beer

concentrations require the use of specially selected ethanol tolerant

microorganisms in the fermentation step with long fermentation times.

This constraint can be lessened somewhat by a special distillation
column design in which high pressure drop trays are used. AThe column
head pressure (in the region of fhe pinch) is maintained low so as to
reduce the pinchllimita:ioﬁ. rogressing down ;he>column.‘the pressure
increases so that the adverse effec;-on dilute region ethanol relative_
volatility is mitigated and the feed constraint is lessened. This
method was employed in a design for a column with a head pressure of 77 -
mnHg and a reboiler ﬁressure of 195 mmHg to overcome the feed limitation
for a dual feed system (13).

As the distillation column pressure is reduced, distillation
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temperatures also drop (fig. 12). For the-reboilef.'this is an
advantage. _Thevreﬁoiler temperature drops from 100°C'a:.1 acnosphere‘to
51°C at 100 mmHg, and low temperature waste heat fromvelsewhere in the
alcohol plant can be reqovered'tO'&rive the distillIation.
Unfortunately, the condemser temperatureblikewise drops from 78°C at 1
atmosphere to 34°C at 100 mmHg. The distillation_pressufé is thus
constrained by the temperature of availablebcooling water. The cooling
water usage and.condenser exéhanger area are increased at reduced
pressure.

A final objection which can be raised'regarding the use of
'vécuumvdistillA:ion relates to the incréased cost §fvavcoiumn to operate
under vacuum. This objeécién is made on two grdunds--firét. that the
;ol&mn’walls must be increased in thicknmess ;o_compenSate’the added
stresses under vacuum, and second, that owing to the‘great incfease in
k specific volume»of vapors at reduﬁéd pressure, the vaquﬁm cpluhn must be
of a much.l;rgér‘diameter ;ovéccommodate the i§Ce:nal vapor flqws.
Neither of these_bbjections.is valid. Applying ASME vesselwdesign code
standards (ié.lS); the wall thickness of a 13 f;'diameter'vacuum column
requires no inqrease over a conventional column when 4 internal suéport'
‘ring strengtheners are included. For a packed column, two of these are
present i?,ény event in the form Of'reflux_distributor tray.and.packing
support plaﬁe.- Whilg the specific volﬁme of vapors is increased at
reduced pres;ufe. the req9iréd :eflux,'and hence the magnitude.bf
.internal flows, is';educed.'thus ccmpensating fqr'thexspecific vdlﬁmé
effect. | |

As can be seen from the above .analysis, tbe most. severe

limitation on the use of vacuum distillation is the requirement of &
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‘relatively concentfated feed not to constrain the required feflux flow
and thus negate the pbssible Savings achieved by’reddcing the pinch
éffect at low preésutes. Bere, vapor reuse methods provide a solution.
The single vacuum column can be replaced by a two column system. Iu‘the
first, an atmospheric pressure stripping column operated without ref lux,
dilute begr is ;ohcentated‘to give a head product of hiéh enough
'conceﬁtration not to limit the vacuum column operatiom. This heéd-
'producc is then the feed to a fuil distillation cdlumn operated at low
préssure. Ordina;ily. this two column design would be inefficient as
'steam would have to be provided to both columns. In the vapor reuse
meﬁhod. however. the vapor product from the atmospheric pressure
étripper is‘ééndensed‘invthe vacuum column reboiler to provide heat for
vthis coluﬁn; The cohcentrﬁted,condensed liquid is then fed at a
‘mid-point to the vacuum column. 3ecause the distillation éolumn is
operated at reduced pfessure and its reboiler temperature is reduced,
heat recovery from the hot (i atmosphere) véporsAfrom the stripper is
very efficient--requiring only a standard sized reboiler.

Figure 11 plots XSTMIN, the minimum feed to the stripper of such
a dual column system which can be stripped to produce a vapor of high
enough concentration to feed a vacuum column withoﬁt conséraining the
reflux ratio. This“multiefféct distillation method is quite
‘efficient~-allowing the putifi?aﬁion'of feed streams of about one tenth
the concentration required in the one column method at essentiaily no

increase in distillation energy requirement.
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The duél column system also reduces the energy requirements for.
stillage proééSsing. The stripper:béttoms prbduct contains yeast solids
and other noanvolatile compbnentsvfrom thenfermen;étion. When
concentrated, these are valuable as a high protein cattie‘feed (16).
Multieffe;: evaporation is used for stillage concentration," As only a
fraction of the water in.the beer leaves as bottoms from thé aanospheric
pressure stripper (the remainder leaving as bottoms from the vécuuﬁ
column) this producﬁ is_more conqentrated and less energy must be
.expended in the subsequent drying processes.

The whole beer, containing.orgaﬁic acids (acetic and lactic) as
well as Qalts. is corrosive (17). Ordinary column maﬁerials (carbon
steel, copper, aluminum) cannot be used in distillation in comtact wiﬁh
~the whole beer and costly s:aiﬁléss stéel is redui:ed (18), -TheAﬁwo
vcolumn‘design offéré a further saviﬁgs as only the rglati&eiy small
stripper neéd bg_made of.s:ainless steel.'eThe_la;ge vacuumvcolumn can
be constructed of carbon steel and will not be significantlybcorroded by

‘the purified feed at the reduced vacuum distillation temperatures.

4 :Vacuumefstillaiion Optimization--Program DISfILL
4.1 Program ovétview

The general vapor reuse vacuum.dis:illétioﬁvérocgss desigh is
sumﬁarized in figure 13. For set feed and product requirements thg»
tradeoffs in design can_ be sﬁmmarized by :hree'oétimiza:ionA
variables--FRAC, RATIO and P.

Fof dilute feed concentrations, the beer must first be
concegtrated inrthe stripper to pfovide a concentrated enough feed.:o

‘the main distillation column to take advantage of the reduction in the
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pinch at low pressure. FRAC is a scaled variable controlling the'extent

of concentration by the stripper and-representingbthe fractional
'appreach of the stripper vapor produc; to its meximum value--equilibrium
with the stripper feed. |

A close approach to equilibrium with the feed in the stripper
requires added plates iﬁ the column (increeSed capital.;ost) but reduces
the vapor flow rate and hence the stripper steam :equi:ement (feduced.
operating cost).'vClose equilibrium approach also provides a more
-concentratedvfeed to the vacuumm distillation col&mn._

With tﬁevvacuum"distillation column feed concentia:ion
-established, this colﬁmn cen be designed,._As-the column operating
npressure P (mmHg) is decreased cﬁe:celumn head :emeeratgre drops
inc;eaéingvthe condenser‘and_cooling water costs. However.“the lower
preseu;e shifts the ethanol/water eﬁuilibrium curve.-redpcing :he'effecﬁ
of the azeotrope éssecieted pinch. The minimum required ref lu" drops
and less steam or fewer stages can be used in thevvecuum column to -
achieve the requi:ed separation. .
| Thevfinal desigﬁ "ade.ofr--beeween ieduced sieam iequiraneni
(opeiaCing cost) and ieduced vacuum column heignt (Capltal cost)--is
controlled by the valiable RATIO which adjusts the ieciifylng section -
eperaeing line 'slope be:ween its equilibiium pinch cons:rained minimum
‘value (requiring the minimum pOSSible steam. bui infinite stages) and one
(iequ1l1ng infinite reflux but minimum siages)

Program DISTILL (Appendix l)-wes developed to design coﬁbined:
vapor reuse vacuua distillation syseems for minimum cost ethanol/water:
~sepa:a:ien_by,op:imizing the control variables (FRAC, RATIO and P).

Design specifications are fixed in common block INPUT. 'Initial values
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for the optimization variables #re set in subroutine FUNCT. Given these
parameters, Subroucine DISTL is called to design the distillation system
calling in turn subroutine STRIP for the stripper design and HXCNG for
the design of optimized heét exchangers. The distillation cost for the
specified design is computed. Subroutine EQ4JBF (a NAGVlibrary
'_optimizatidn routine (19.26)) then specifies new values for the
optimization variables to achieve a minigum cost design.
| - The computational flow of érogram DISTILL is presented in
overview by figufe 14.
4.2 Minimum reflux

For the specified vacuum column operating pressure P (omHg), the
.minimﬁm distill#tion'reflux'is comphted by function TPNT. The minimum
reflux rectifying section operating linme is that line pa;éing through
the specified product composition (XD, YD) and just tangent to the
equilibrium curve at some lower ethanol concentration. -TPNT locates the
:angenﬁ pinch foint and finds the'#lope of the corresponding minimum
~reflux rectifying section operating line (ISLOPE). This slope

N

corresponds to the minimum possible ﬁolarvra:io of vapor upflow to
liquid return flow in the rectifying section to Qllow the separa:ioh and
thus establishes the minimum distillatiqn energy rquiremenc.
4.3 Minimum acceptable vacuum column feed concen:ratioﬁ

The miniﬁum accepéable vacﬁgmvcolumn feedICOncentrazion (XFMIN)
is found using fuhc:ion CRCSS. This‘is the lowest concentration feed
which would not impose a greater reflux.requirement than that set by the
azeotfope associated pinch. The minimum feed composition is fogﬁd as
the intersection of the minimumvreflux rectifying operating line (found

by TPNT) and the equilibrium curve in the dilute e:hanol.regioh.



. [npuiT: PLANT CAPacitTy
FEEn aND Propuct SPECIFICATIONS

Ser INTTraL Desian ParameTers
o, FRAC, RATIQ

finp Pinen CEusruAtges MIN M
Yacium oLy EFLux .
- .

CoLumn

fFivp Héu(uu@ AcceprasLe Varuvm
) £ED CONCENTRATTAN-XFM[Y

'YES_.{ FEED xcmn”-__’"0

“Esicn Sregereq

i

1

Oesien Srerreca eporLea ] .

———

1

Desten Px
{oLysm

STILLATION-

Figure 14

!

ko

- Computat

_Irao,
‘rrieegr noarg

-34-

|
Y

T

o . DeEsien Glecu
- INTERCOLUMN ExcuanceR StmpLe IETILLATION
! SyaTEM Cotumn PepoiLer .
§ T —J
P
Pesion Conpenser
UPDATE DeSiaN
PerivizaTion PavameTens

Deveamine Ermanor Proguction Cost
Foa SPECIFIED Lesinn

!
Y

FRNGRAM DISTILL
ListiLeaTion Sorqmrzarion

ional Flow of Program DISTILL

‘————_--—-<:|n1¥iln (o5t Faunp THES
") .
He)

Ppbnr Finat
ESULTS

ScHeEmE

‘XBLB24-5576



. -35-

4.4 -Atmosphefic pressure stripper design
If the specified beer concentration (XF) is less than the
- minimum acceptable vacuum column feed concentration.'thenvan atmospheric
pressure stripper must be designed to concentrate the feed. Even if a
- stripper is not required by the minimum feed concentration criterion, it
may be desifable-as high borrosion_rates wi;h ordinary materials dictate
 the_usg of costly stainless steel construction (table l‘(él)) for all
warm beer hetted parts., Thé cost of a small added stripper can>be more
. than offset by the sévings in‘tﬁe'use of a carbon steel vacuum ‘column
made possible By the removal of most of the corrosive acids énd.all §f
the salts in the.stripper; Some plants have used distillation columns
where only the lower (beef yetted) section 1is made‘of stainiess steel,
but elec:rolytic corrosion at the stainless steel/carbon steel joint
then is problematic (22).' The program can be instructed to override the
feed concentration ériterion and include a stripper in all designs by

setting a control flag (MODE(26)). |

Thé stfipper (beer column) is designed by function STRIP.
Becauée of the tradeoff between increased number of required trays and
reduced steam requirement as.the stripper prodﬁct concentration is
incféased, the minimum éostvdesign:generally does not occur where the
stripper product is concentrated to only‘the minimum required to meet
Ehe vacuum column requirement. The opfihizaiion variable fRAC then

controls the actual stripper vapor composition:
YG = YGMIN + FRAC + (YGMAX - YGMIN) : (17)

where YOMAX is the maximum possible stripper vapor composition



-36-

Table 1

Cost Multipliers for Stainless Steel Comstruction

Eguigménc‘.  o ‘ » _ Multiplier
Condenser ' _ : v 1.6 |
) Reboiler = = . - : -, - >i.6

Columns ' o v 2.0
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(equilibrium with the feed) and YGMIN is the larger of the stripper feed
'coﬁposition or the minimum acceptable distillation column feed
coméosition.v
The SCripper'bottomucomposition is determined to give the
required ethanol recovery fraction_(RFRACT). generaliy éet at 99.8%
recovery. |
| 'The stripper operating line is set given the head and bot:omsb’
- compositions and assuming equimolal overflow (comstant vépor and liquid
flows fromrstage to stage). This assumption 1is justified.coﬁsidering
the very similar molar heats of vaporization of ethanol and w;ter
(differing by only 8.72 at 100° (23)) énd the small temperature
increasé down the strippgr. Sieve plate trays are usgd. The Murphree
vapor efficien@y has béen measured for ethanol/water separation with
values varying from 0.70 to 1,00 (24). The somewhat conservative value
of 0.70_§as chosen considering that somé yeast solids will be present
and might adversely affect equilibration; The vapor efficiency ié a
measure of the approach to equilibrium achieved on each tray.
Incorporating this efficiency, a stage by stage calculation is performed
to determine the vapor and liquid compositions'on_each staée. The ETOCH
ethanol/water equilibrium package (73) is used to find equilibrium
- compositions and determine the temperatures on eaca st;ge. Starting
from the qolumn head, trays aré addgd until the specified bottom
composition is achieved. A tray spacing of two feet is used to allow
‘for possible foaming caused by proteins in the beer solution.
The stripping column diameter is determined to give a vapor
linear velocity at 70% of the flooding limit as determined by Van Winkle

(25). A single calculation at typical design conditions established
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that this flow Qas sufficient to prevent weeping_(liquid seepage throﬁgh
the sieve tray perforatioms).

iThe tower wall thickness‘iévspecified at O.ZS'inches éé,
determined by a pressure vessel design éalculationvacéording to ASME
standards (14) and at a typical column diameter of seven feet.
Stainless steel gonstruction throughout redu?es corrosion raﬁes to
negligible ievels and no additional corrosibn allowance was ihclu&ed for
the wailbthickness.

The stripper reboiler 1is designed by'subréutine HXCHG. The
reboiler could ﬁe eliminated by direct é;eam injection to the stripper
but this would add additionél'wa;er'to‘the.stripper bottoms flbw. thus
increésing the evaporation load on stillage concentfaﬁors‘ﬁo produée a
dried yeast cattle feed suéplement. »Thé reboiler héat load ié set by
the stripper vapo? fiow rate, and fhe hot and cold side tempera:ures are
the plant.steam‘:emperaﬁure (generally sét at 147.1500 fof 50 psig
steam) and'the'strippérrbbttoms.product boiling point, ;espectively. Aa

‘overall héat transfer coefficient (with a fouling factor already
included) of AQO'Btu(sq'ft'hr‘oF is used (265}
4.5 Vacuum diSﬁillation column design
The vacuum distillatiop column is designed by function DISfL.
The feed composition is set as the vapor product composition from the.
’stripper (or the beer feed composition.if no stripper is used). The
product composition (XD) is chat:specified in.the INPUT data block and
the bottom compoéitidn is again determined to give the specified ethanol
product recovery fraction (generally 99.8% recovery). The dis:ilia:ion
preséﬁre P (mmHg) can be fixed but is generally specified as'one'of the

three optimization variables. The vacuum column reflux is then set by
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the final optimization variable (RATIO) according to:

, o - )
RATDL = TSLoPE * RATIO (1.0 - Tgfﬁﬁfﬂ (18)

where TSLOPE is the slope of the minimum reflux rectifying section
operating line and RATDL is the ratio of the actual operating line slope

to‘the minimum:
RSLOPE = RATDL + TSLOPE ‘ ' (19)

~RATIO can range ffom 1.0 to 030 corresponding to an operating line
slope ranging from the minimum (requiring infiﬁi:e‘stages) to one
(requiring the minimum stages but infinite reflux, and hence, infiaite
. steam to the column reboiler). The stripping section operating line is
specified assuming a saturated liquid feed to the vacuum ﬁqlumn. At
reduced pressure, the difference between ethanol and water heats of
vaporiza:ioﬁ drops (to only 4.9% at 50°C (23)), and constant molar
overflow is assumed as in the gtripper.

A packed coiuﬁn is specified to reducé pressure drop in the vacuum
distillation. If a stripper is not used, then yeast cell solids should
be removed prior.to distilla:ioﬁ_to prevent column plugging. This can
be achieved by centrifugation.

With the operating lines specified, a stage by stage equilibrium
calculétion is performed assuming theoretical equilibrium stages. This
gives the number of rectifying and stripping cquiiibfiéﬁ contacting
units required. The height of 2 inch Pall ring packing required to

simulate one theoretical equilibrium contacting unit is calculated using



-4Q-

a cofrella'tion of Hen.gstebeck (27). and éverdesigned by 15% to allow for
un.cert:'ainty in the stage height under vacuum conditions. The total
column heighﬁ énﬂ the optimum feed lécétiO'n height in the column are
thus detemi_néd. 'I’vh'e packed coblumn diameter is set-to‘give a vépor,
pressur.e drop of 50 (N/mz)/t_n as recommended by Treybal (28) and with a.
vapor flow versus pressure drop rélation derived from the data of Leva
(29). | |

The column is desvigned with a wall thickness of 0.375 inéhes
determined according’r to ASME stand;rds for é vacuum'vessel_d.esign and
;aiculated for a typibcal (12 ft diameter column) case assuming four
-internal 'suppoft rings.(l&).‘ The packing support tray and reflux liquid
distribﬁtor act as two of the support rings. Two “dbughnut" vapor flow
redistributors in the column provide the remaining support reé&itemeh:.
‘Carbon steel construction is specified when a stripper is used. At the
low vacuum distillation ‘:emp'erature's. vcor{rosion.by ;“.he_ clear
ethanol_/waterb,-sélution'is slight (15). 1If no. s.trippe'r is ‘used and
organic acids and salts (typical‘of a fermentor beer) are pfesen:. then
s:aivnless‘ steel constru.cﬁion is necessary (18). =
4.6 Distillation column reboiler design
» The distillation column reboiler design 1is spécified by function
DIS'i’L. | | | | |

If no stripper is used, then a simple steam heated reboiler is
used. The heat load is set to boil up sufficient vapor at the coi#unxi
bottom to provi@e the specified §apor flow rate. Because the heat of
'vvvaporization of the predominantly water bottoms product is slightly
highér than thét of the pr‘edomin.ant'ly'e:hanol, top product, the vépqr '

flow at the column head (near the pinch) is actually slightly higher



than corresponds to the rectifying slope specification. This results in-
a conservative design. Hot and cold side temperatutés ére7the plant

sceam ténperature aﬁd the column bottom product boiling pbint (at column

pressure), respectively. An overall heat transfer coefficient (with
fouling factor included) of 400 Btu/sq ft°°F'h§ is used (26).
'Subrouténe HXCNG is called to compute the reboiler size.

If a strlpper is used, then vapor reuse methods are. employed to
recover the st;lpplng heat to drive the vacuum column and a more complex
~exchanger system is requiredQ The stripper vapor ﬁust be totally
’condensed to provide a saturated liquid feed to the vacuum column. If
the heat of condens;ﬁién of the stripper vapor is greater than the heat
requirement of the vacuum column, then an intercolumn exchanger is used
as the reboiler for thelcolumn and a water cooleéed post cooler removes
the remaining heat to coﬁdensé the vapor for feed to the column (see
fig; 15a)°‘>1f.the hea£ available from condensing the s:rippér vapor is
insufficient'to meet the full requirement for the vacuum column, then an
intercolumn exchanger is used to totally condense the striﬁﬁer‘vapOt and
an auxiliary plant steam heated distillation column reboiler is designed
to meet the remaining heat requirement (see fig. 15b). A post cooler is
generally néeded when very dilute feeds are processed as these generate
large stripper vapor flows. More concentrated feeds produce smaller
" more concentrated stripper vapor flows and an auxiliary,dis:illation
»column reboiler is then required.-

.- Design of the intercolumn exchangeLs or auxllxary distillation
rebozler is simple as all temperatures and heat loads are known.
Subroutine HXCNG is cglled to size these exchangers as in the lone

reboiler case.
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The post cooler design is more complicated, requiring an

optimization balancing codling water costs against post cool exchanger
capital cost. Suﬁroutine CNDSR ﬁses function ZERO to minimize function
CNCST and provide an optimum post cooler design. The cooling water feed
tempeiature is set at the plant cooling water temperéture. The outlet
temperature is them varied. As the cooling water outlet temperature is

increased, the heat transfer temperature difference driving force-

decreases necessitating a larger exchanger area (greater capital cost)

but, by enthalpy balance, the'coolinngéter usage 1is decreased

(decreasing operating costs).

Standard design four pass exchangers are used. As very close

temperature approaches are possible, the effect of imperfect

countercurrent flow in the multipass exchangeré can result in a further
decrease in the effective average témpera:ure drivingvforce. Function
FTLM computes a'correétion to the log mean driQing force using
correlationé derived'from'figures of Kern (30). With an overall heat
transfer coefficieht of 350 Btu/hr-.sq ft-OF,ﬂﬁubroﬁtine HXCNG is used to
compute the exchanger area for a given outlet cooling water temperature.

Materials of construction for the distillation.coiumn heating
system are specified such that all beer wetted surfaces (subject to
corrosive organic acids and s#lts) as made cof stainléss steei, When no
stripper is used, the reboiler is thus conétructed of_staipless steel.
Cérbon steel is used fdr all the intercblumn exchangers when a stripper
is used.
4.7 Condénser &esign

The distillation cblumnvcondense: is designed by éubrou:ine CNDSR.

The cooling load is set by the requiremen: to condense all the
g _ _ y ;
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distillation column overhead‘vapor,(product flow plus reflux). As with
the pb#t-cooler. an optimizatioh is necessary to find the optimum
cooling water fl&w-rate.

‘The fTLM csrrection_to the log mean temperatdre driving force is
applied using an overall heét transfer coefficient of 350 Btu/sq fﬁ °F
hr. The condenser contacts only purified ethagol/water solutioné and
carbon steel construétion is used.

The effective cost for the exchanger, considering capital and
operating assbciated céét.pontributions. is then calculated and
minimized.

4.8 Distillation system césting

Purchased equipment costs fof columns andvéxchangers are»derived

from figures presented by Peters and Timmerhaus (21) and corrected to
rescnt dollars by the current Marshall Swift Cosi Index. The costing
equations are summarized in table 2;- The total fi#ed capital cost for
thebdistillacion plant is :;ken-as 4.13 timgs the purchased ﬁos; and the
total capital investment (including wo:king capital) is 4.89 times
purchased equipmen:ACOSt.

Major operéting costs are for cooiing Qater and steam. A base
cooling water cost for weil water of 18 pents/lOOO galloné (Jan. 79) is
used and updated‘bf_the current Mérshall Swift'Index, The base steam
cost for 50 psig‘steam of $2.50/1000'1bs is also upda:e&»by the Marsh#ll
Swift Index. For the assumed design pefiod of mid-1981 with an MSI of
717 (31), thevtesui:ing base ;éoling water and steam costs used are 23
cen:s/lOOO gallons and $3.15/1000 lbs, respectively.

A labdrvcosé is calcul#ted ba#ed on the préduction rate and

assuming the distillation plant to be a componment in an automated.
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" Table 2

Distillation Equipment

Purchased Cost Equations

7

. Comstruction

 Purchased Cost, $ Size Unit Maximum Size

N

Number of Nozzles

MSI = Current'ﬂarshall Swift cost index.

- Purchased cost can be multiplied by factors given in Table 1
to find cost for stainless steel construction.

©330.69 x [“-;—21—9] (s1zey?-2%28 5ol ke, 7,000 c.s
. M : ‘ ‘ '
10.3(§%%J[Sh]%{sn]2 | Sh = Height, Ft, T'Rgschig Rings Porcglain
33?%%%-(n)[sn]l'7?7 ' n = Number of Trays 16 Ft. S.S.
_ : (g =
C.29 x .144w{s,h]sntsr_] Sy 7 16 Ft. C.s.
Diameter, Ft.
St =
Wall Thickness, Inches
1.12 x Shell Weight  1bs.
] x §7.16 (MToTAL) 0126
» ' ' (MSI .
[(85 x M) + (52 x N)]kggg M = Number of Manholes C.S.
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fermentative ethanol production facility. The labor requirement is
given as 0.151 worker hours per ton of pro&uct 621)._ A labor cost
(including supervision) of $10)hr (Jan. 1979 dollars) and updated by the
Marshall Swift Indéx is used. |

_-Dire#t fixed capital.rela:ed costs are incurred for local taxes,
insuran;e. maintén#nce and depreciation. These yearly costs are
calculated as.fractions of the fixed capital investment (summarized in
table 3). .The depreciation rate cofres@onds to an 18 year straight line
deﬁrecia;ion as séecified by the U.S. Intérnal Revenue‘code for’alcohol
pl#ﬂts., This is a reasonable plant iifefime for the equipment as
designed. o
A fpréher_ii#ed capit;L related'aSSessmenﬁ is;made as given by

'7(32):_".

INVEST.

- (1.0-TAX) (20)

Profit =

vhere'INVEST?is the désired.siﬁple rate of return 6njfixed éapitél
.-investmeﬂt'and TAX is the federal income taxvrate.(assﬁmed 0;50).,‘Tﬁis
assessment cofréspondﬁ to.the profit required to provide-the 3esiredv
retufn.afte: taxes. bFor a 15 percent desired return on investmeﬁt.
(INVEST = 0.15) the factof PROFIT equals 0.30 and is the largest capiﬁal___.

associated assessment.
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Table 3

Standard Capital Related Cost Factors

(Cost pér Annum = CFACTR x Fixed Capital)

ITEM

COST FACTOR
Depreéiation 0.056"
'Maintenénce v 0.060
Insurance 0.010
‘Local Tax 0.030
Profit Before Income Tax (0.150/0.50) . 0.300

. CFACTR = 0.456
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?The total annual price to be charged for distilling a given beer
feed is ﬁhén the sum of yearly operating costs and the fixed capiéal
investment times thé capital assqciated costing factors. It is this
charged price which is minimized and the result is the désign which will
achieve the réquiréd purifi;aﬁion énd proyide the reqﬁired return on
investment while.producing the product for the minimum sale price.

4.9 Distillation cost minimization
| ‘Initial values fdi the optimization Qariab;es FRAC, P (mmHg),

and RATIO are set in subroutine FUNCI. A prelminary desiggvis completed
ét thé#e initia1 conditions.‘ If only thebiﬁitial (nonoptimized) design
is-:equired.‘optimizati&n can be overridden by setting a con:fol flag
,(MObE (27)). 'Othérwise. new vaiues ofbthe optimization variables are
- ~chosen by the NAG library optimiiaﬁion routine EO4JBF (19). This :
routine uses a revised quasi-Neﬁton minimization technique (20,33) to
select successive'yalues of :hé optimization variables and cénvgrge on a
‘minimum cost.design.

The final.distillatién;sys:em design parameters are stored in
design écmmon blc:ks.and details dre printed by tbe main driver program

DISTILL.

S Distillation Optimization Results
5.1 Bésevcase design

Progfém'DISTILL wasAused':o evgiuate the eéonomité of vacuum'
distillé;ion to produce 95 wt¥% éthanbl[produét.

.A'typical.case'is for the'purification of a 6 witx ethanolvbeer

(fig. 16). The complete computer generated design specification for
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. this case (including tray by tray composition changés) is érgsented as
Appendix 2. Fof the base case, a design capacity of 100 million liters
per year of 95 wt%Z ethanol product and 330 day per year plant operation -
are assumed. Water at 18.3°C (65°F) is used for cooling:(ZZ.é:
cents/1000 gallons mid-1981 cost) and plant steam is at 50 psig
($3.15/1000 lbs mid-1981 cost). A labor cost (including a pércentage
for supervision) of 12.6 dollars per worker hour (mid-1981) is assumed.
Depreciation is_étraigbt line over eighteen years and a fifteen percent .
simple retufn oﬁ fixed capitalvinvestﬁent is required. No special
subsidies or supports are allowed én&'a fifty percent ipcome tax is
assessed. |
Tﬁe 6 wtl beer féed is too dilute ﬁo_be processed directly in the
vacuum distillation without réquiring increased reflux above the minimum
set by fbe azeotrope,éssociated pinch (see fig. 11). A preliminary1
auxosphari@ pressure stripper is therefore included. At the optimized
vé@uum.column pressuré. the minimum acceptable feed concentrationfis
v10.8 wtl éthanol and this sefs theﬂminimum éllowable vapor produc;'
concentration from the stripper.‘ The optimized Etrip?er vapor -
' composition is 39.9 wtZ ethanmol, far more coﬁcentrated than ghe minimum.
This répresents the best balance‘betweén the number of scriﬁping stéges,
and stripper steam requirement--25 stages and 1.61 kg of steam per liter
of.éthaﬁol product (13.4 Lbé/gai) réspectively. The stfippér is 54 ft
tall and'6.8 ft in diameter. : o | |
With a cooling water temperaﬁure of 18.3°C. the minimum possible
diétillation coiumn operating pressuré to allow product condensation for
reflu# is 39.6 mmHg witﬁ a ﬁorrespohding minimum éxternai ref lux ra;io

of 1.38. The optimized pressure is 170 mmHg with a larger corresponding
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minimum reflux ratio of 2.06 (62% of the minimum at 1 atmosphere) but
allowing a 26.2° c condenser cooling water inlet approacho The optimized
reflux ratio ns 3.48, 1.69 times the minimum. 25 theoretical
equilibrium stages are required.at this reflux. At first, the specified
reflux may seem excessive--a reflux ratiovof 1.15 to 1.35 times minimum
is cnmmonly ennloyed in other energy intensive distillation operatioms.
The specified result is howevgr a true optimum and results from the full
utilization of recovered scfipper heat. '1.61 kg of steam per litgr of
final product are required to_arive the stripper. The optimized
intercolumn exchanger design then recovers all of this “free” heat to
drive the distillation. Vanor Teuse methods thus allow this large
reflux and reduced vacnum distillation tower height wl;hout the
expendx:ure of additional steam. Using 2-inch Pall ring packxng. a 35
foot tall column 14 feet in dlameter is. tequlred. Because a stripper
was used, the distillation column can be constructed of carbon steel.

Purchased costs for the specified plant equipment are summarized in
~table 4.. The total purchased equipment cost is $359,900 with a
correspondng total capital investment of $1,759,900. Operating costs
are ;ummarized in ;ablé 5.
5.2 Effect of feed concentration on dis;illation design

The effect of feed éﬁhanol concentration on distillntion cost and
design i$ summarized in figure 17 and:tablé 6. Figure 17 shown the
additive cost contributions for labor, capital associated assessments,
steam and cooling water, summed to the total charge for distillation.
Costs are all for a dual column system. The distillation cost for a
very dilute feed (1 wtZ ethanol) is high (7.5 cents/L) but nropsboff

rapidly as feed concentration increases. Above 9 wtZ beer feed
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Table 4

6 wt7 Ethanol Disﬁillation

Purchased Equipment Summary

100 Million Liter Per Year

Equipment

Stripping Column

25 sieve trays

6.8 ft.diameter, 54 ft. tall
Stainless ‘steel :

Stripper Reboiler
1400 sq. ft. '
Stainless steel

Distillation Column

25.2 stages (Raschig ring packlng)
'14.0 ft. diameter, 35 ft. tall
Carbon steel '

Intercolumn exchanger
2,000 sq. ft.

Carbon steel
Condenser -

6,440 sq. ft.

Carbon steel

Total Purchased Equipment Cost

Fixed Capital Investment (4.13 x Purch. Cost)

_,Total:Capital Investment (4.89 x Purch. Cost)

- Purchased Cost

$105,500

$ 36,600

$136,700

s 27,900
$ 53,200

$359,900

$1,486,400

$1,759,900
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Table 5

6 wt% Ethanol Distillation

Operating Cost.Summary

100 Million Liter Per Year

DIRECT COSTS

1. Labor and Supervision

2. Utilities
Steam (50 psig)

Cooling Water (65°C)

'3. Maintenance

FIXED COSTS
i.“Depreciacion
2. Local Taxes

3. Insurance

GROSS PROFIT

1. Net Profit

_'2. Income Tax

Basis

" 1.81 workers/shift

1.61 kg/1L
35.4 kg/L

6% Fixed Capital

18 year, Straight Line

3% Fixed Capital

1% Fixed Capital

157 Simple ROI

50% Rate

TOTAL CHARGES

Charge (¢/L)

0.180

1.120
0.212

0.089

1.601

0.083
0.045

0.015

0.143

0.223

0.223

0.446

2.190
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Table 6

- Optimized Distillation System Design

Distillation Exchanger Distillation System

Stripper Distillation Steam

‘Feed wt 7 Trays Stages Design Pressure  Capital - Reflux Usage
Cost Ratio (kg/L)

1 56 35 Post Cooler - 289 4,303,000 3.97 7.51

6 25 25 Balanced 170 1,760,000 3.48 1.61
20 11 42 Supplemental 162 2.36 1.25

Reboiler

1,542,000
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conéentratibn. the design is constrained by the azeoﬁrope associated -
pin?h and the distillation cost becomes constant. |

At low feed concentrations, the design is heceééérily both capital
and energy inﬁensive. To meet the minimum acceptéble distillatidn
column feed concentration, a very large-strikper is reqﬁired (56 trafs
for a l.th_beer). The maximum concentration stripper vapor‘product is
sti11 quite dilute and‘ﬁhe stripper vapor flow is very
large~-necessitating a very'large steam feed to the stripper reboiler
(7.5 kg/L for the optimized 1 wt% feed éase). The vacuum column need
not be designed for high eﬁergy efficiency as ex;ess-beét'is available
th:oﬁgh the vapor reuse method in céndensing tﬁe iﬁrge‘vapor stream from ;
the stripper.‘ Relatively high pressufes (289 mmHg for the 1 wtZ feed
case) can be used in the vacum column. So zuch héac is availéble from
the étrippér:vapor that a post cooler is reﬁuired-after‘the intercolumn
exchanger to avoid excessive:reflux in the vécdum~coluﬁn which would
give rise to an excessive column diameter and increased capital cost.

For typical feed concentrations (5 to 7 th‘eﬁhanol) the heat loads
§fvthe siripper and vacuum column can be balanced so that neithe£ a post
cooler nor a suppiementary.distillation column reboiler is required. 'Td
maintain the balﬁnce while not‘increasing the v;cﬁum coiumn height, the
- optimum distillation éolumn pressure 1is redﬁced as the feed‘becomes.mére
concentr#téd and less heat is évailéble for recovery from thevstripﬁer
vapor. The ﬁeight'of the strippez_éan also be decreased as its feed
cbnceh;ration increases.

- Very high feed concentrations could result from the de;elopment of

new end product inhibition resisiant fermenting.sgraiﬁs. Fermentation

processes with selective ethanol product removal could also generate
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concéntrated feeds for dis;illation. For feeds above 9 wtZ ethanol.
only a single column (no strippér) is necéssary. However, inclﬁsion of
a small strippér is cost effective when processing a corrosive beer.
The small stripper can then be made of stainless steel and the large
vacuum column can‘be constructed from carbon steel. Figure 17 presents
cbsts with—the dual column system Qsed throughout. Costs for the single
colum; design (using stainless steel construction) are presented for
.comparison ia table 75 If a conéen:rated feed results from a selective
ethanol removal fermentation which gives a clear nbncorrosive
ethanol/water solution for further distillation (i.e. the vacuferm
process (13)) then a single column carbon steel design wouid.be
speéified at reduced cosf.

For a concentrated feed case, the steam usagé is set by the
.azéctrope associaged pinch in the vacuum column. Ihis.is illustrated
for the 20 wt% feed case. The distillation éolumn pressure is reduced
to 162 mmHg to reduce the minimum reflux. The number of distiliation
stages is,increased to 42 and the actual;reflux reduced to 2.36. For
this case then, the éctual optimized reflux is just 1.17 times the
minimum as'is ty?icai in modérn distillatioﬁ design. A émall (10 s;age)
st;ipper is used. :Thé vacuum column requires more heat than can Be
recovered from che'very concentrated stripper vapors and a'suppleménﬁal
vacuum column ;eboiler is required.

- 5.3 Discilla:idn design senéitivi:y to cost assumptions .
5.3.1 Effect of steam cost

The base steam cost of $3.15/1000 lb steam (mid-1981 basis) is

based on in-plant coal geﬁera:ed steam. Figure 18 shows the effect of

steam cost om the total distillation cost for a typical 6 wt% feed. As
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Table 7

_Diétiliation Costs for High Feed Concentratiohs

Simple versus Dual Column Design

Total Charge (¢/L)

Feed Concentration jvSingle Colgmn Dual Column*
wt % : Design ' _ _Design
1 |  1.926 ‘1.852
EER O 1.905 1.840
15 ~1.901 1.833 |
17 1892 1.827
19 1.887 o 1.819

*Savings result as large vacumn column can be constructed of carbon
steel if a stainless steel stripper is used to reduce corrosives. -
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ffect of Steam Cost on Total Distillation

Figure 18
: Cost For 5 wt 7% Ethanol Feed
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 the steam cost is increased, stages are added»tp both the stripper and
vacuum column and the reflux ratio is‘reduced. Tﬁus.lthe_inc;ease.iﬁ
‘steamfcost is partially micigated‘by a decrease in‘stéam.usage. buﬁ
capitél a#sociated.costs are increased.

A particularly important case is for éteam generated froﬁ proﬁess'
wastes.. In an intggrated ethanol from cellulosic biomass plant,
~nonhydrolyzable éolids will be available as a waste after.hydrolysisvand
sug#r Tecovery. »A major wasﬁe component méterial will be lignin; with a
fuelvvélue‘of 29.5 x 10° jbules/kg (34). Negleéting the opportunit&
cost involved is not upgrading and selling these wasﬁes.‘a steam cost
‘can be‘computed aésuming in-plant burning withvno charge for tﬂe fuel.
Only capitai #ssociatgd costs for the»boilers'arelﬁhen aséessediapd a
stéam.cost (ﬁidf1981 b#sis) of 75.6 éents/lOOO 1b gésﬁlcs.L |

Figure 19 sﬁmmarizeﬁ'distillation.cos;sbfor various éthaﬁol feéd.
concentrations using ﬁaste generaﬁed steam. The usé'bf this &cheap"
.energy ;eSui;s in Qefy’léfge cbse savings fér the pfocessing of dilﬁ:e
feeds.v Diétiliation of concentrated feeds is lgss energy intensivé aﬁd
smalier cost savings.afe achieved for the§e.  ?0: all concentrations,
steam usage 1is increased, allowing-an.incfease ;u disti;lation column
pressufe and reduétiqn'ig stripper_and distiilatioﬁ column stéges-fo:
reduced capital costs (table.8).v |
5.3.2 .foeét 65 cooling wa;ér‘tost

Cooling w#tef cost and temperature depend on che tyﬁe of eooling
water source used (table 9 (21)). .In thé base case desigh,viow
tampefature (18.3°C. 65°F),we11 water is assﬁmed. ”érdund water usage
festriCtions in the ﬁ.S.'Midwest might prevent the use of well water for

cooling .in corn and grain belt alcohol plants.. Recycled cooling tower
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Table 8

Effect of Steam Cost on Optimized Distillation System Design -

Distillation

"Feed || Stripper ||{Distillation Pressure Distillation : o
wt 7 Trays Stages (mmHg) Reflux Ratio||Usage (kg/L)
Base* |Low Base|Low Base_Low '~ Base Low | Base|Low
1 56 37 35 34 289 309 3.97 | 4.40 7.52 7.99
6 _‘25" 19 25 27 170 229 » 3.48 3.791 1.61 1.53
20 11 | 8 || a2 |39 162 | 250 || 2.36 | 2.85|| 1.25 | 1.43

- For base steam cost of $3.15/1000 1b
For low steam cost of 75.6¢/1000 1b (generated from wastes)

*Base

1

Low



Source

- River or Ocean
Well
Deep'Well

Cooling Tower
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Table 9

‘Typical Cooling Water Costs

Temperature
< Cr

18-21 (65-70)
18 (65)

13 (55)

27-29 (80-85)

Cost
(¢/1000 gal)

- 10,
- 23,
32,

13.



-64 -

‘water would thenm be substituted, with a cooling.water tamperature
typically as high as 27.8°C (82°F). Higher cooling water temperature
further restricts the minimum pressure in the distillation column to
allow product vapor condanSation.» A larger‘condenser'ana larger cooling
"water flows are required. -Balancing thase'effects. ﬁowever. is the
reduced cost fot tacycled cooling. tower wate:.(12.6-centa/1000'gallons
mid-1981 basis) as compared to well water (22.6 cénta/lOOO gallons).

The distillation cost for variouavethanol feed concentrations and
using cooling tower water is summarized in figure 20. The overall
effect on‘cost is small (less than 32) but as sthu in table 10, the

optlmum de51gn speczf1catxons are shifted compared to the base case.

5.3.3 Effect of desired ROI-

A typital‘lsz desired simple after tax return on fiXad‘capital»
investgent»is.aSSUmedbin calculating the teﬁuired prite to be charged
for distillation in the base case. <Capital asaocia:éd aasessnents make
up roughly one-third of the total distillatibn price, with the ROI
assessment the largest part (66%) of this contribution.

The ch01ce of ROI has a large effect on - the calculated distillation
price, and the Plant design is altered as the specified desired ROL is
changed. Thisvis_illuStrated'invfigure 21 and table ll‘for,a typical 6
wtZ ethanol feed caae assuming>various ROI Values; A low requlted ROI
results in shlfts toward a more capital intensive lower energy consuming
plant dgsxgn while a high required ROI results in a lower capital
(smaller cqlumns):more energy intemnsive plant.

For:optimum‘perforﬁance. it is'impprtant that a plant ba‘designed
based on its true intended desired return on investment. Of course,

after a plant is built, market conditioms will dictate the actual price
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Table 10

Effect of Cooling Water Temperature on

Optimized Distillation System Design

_ 11 Distillation
Feed. . Stripper | |Distillation Pressure Cooling Water Steam
wt 7% Trays : - Stages ' (mmHg) ‘Usage (kg/L) || Usage (kg/L)
' ' Base*High Base,High - | Base High || Base;High Base;High
1 s6 | 66 || 35 | 36 || 289 | 390 || 96.6 |107.5 || 7.52 | 7.38
6 25 ":30 25 | 30 170 | 230 35.4 | 42,5 || 1.61 | 1.57
20 11 | 10 42 | 42 || 162 | 215 || 27.8 | 37.9 || 1.25 | 1.35

*Base

High

For recycled cooling tower water (82°F, 12.6¢/1000 gallons)

For base cooling water temperature (65°F) and cost (22ﬂ6c/1000 gallons)'v
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Figure 21 . Effect of Required Return on Investment

on Distillation Cost
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Table 11

: Effect of Desired Return on Investment

-on Distillation Plant Capital Cost

Capital Cost

ROL(Z) o o ($)
30 , | . | 1,743,900
20 A " " 1,821,200
10 | B | o 1;852,500 o
0 | o o 1,961,000

Capital cost is for optimized plant design distilling
6 wt % ethanol feed ‘to 95 wt % product.
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charged for condﬁcting the distillation. If a greater price can be
charged than was planned, this will result in an increased return.
Hbvevér. if this actual price had been used in designing the plant, then
the resﬁlcidg design would have been more efficienc at the final
operating conditiéné. and an even higher ROI would have.been achieved at
this actual higher sale price.
5.3.4  Effect of scale

bbThe effec; of scale oﬁ distillation éost is summarized in figure
22. The maximum capaci;y for systéms usingkonly one distillation train
is 100 millioﬁ lites per year. Above this ;apacity. the diamete: of a
single vacauh column would have té be increased beyond 14 feet--the
limit for easy rail transportation of column segments. The effective
unit cost for distillation rises.for plant capacities smaller than the
maximum. This inc:ea;é is due entirely to imcreases in the capital
related costs owing to the 1§ss of economies of scale.:v
5.4 Simplified costing equations

A particularlj importaﬁt application of these distillation cost

results is in‘the evaluation bf alternaﬁive fermentation methods. The
true extent of advantages in producing mofe concentrated.fermentation
beer can be assessed. To facilitate the use of these distillation
resui;s in integrated ferment;tion-distill#tioh plant design, equatiomns
:haﬁe been fit to the final distillation results. Figure 23 and table 12
present tﬁese results for the base case costing assuﬁptions giving the
purchased equipment cost, cooiing water floﬁ; and steam utilizacibn as a
function of fee& éoncentration.v Table 13 presents equations for the low
steam cost (waste fuel) case. vThese equations can be incorporated into

an overall fermentation-distillation design evaluation program to
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Figure 22 Effect of Plant Scale on:
Distillation Cost
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~ Tab le_ 12

Simplified Costing Equations

for Base Case Cost Assumptions Z

" Purchased Equipment Cost ($):

Cost = [3.323 + 9.571 exp(-0.586 x X)] x 100

Steam Usage (kg/L)':

Steam = 1.280 + 12.515 exp(=0.7145 x X)

Cooling Water Usage (kg/L):

 C.W. = 26,190 + 116.78 exp(-0.5203 x X)

X = FeedvEthanol'Concentra:ion‘(wc %) .

For distillation to 95 wt % ethanol product with a 100
million liter/year plant capacity. '
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Table 13

Simplified Costing Equations

Using Waste Generated Steam

Purchased Equipment Cost ($):
' 5

Cost = [3.081 + 7.481 exp(~0.512 x X)] x 10

Steam Usage (kg/L):

Steam = 1.381 + 13.612 exp(~0.7394 x X)

Cooling Water Usage (kg/L):

C.W. = 26.403 + 132.34 exp(-0.5941 x X)

X = Feed Ethanol Concentration (we. %)

For distillation to 95 wt % ethanol product with a 100 million
liter/year plant capacity. Base case cost assumptions except
for steam cost (75.6¢/1000 1L steam).
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determine mass and enthalpy balances as well as the distillation cost.

6 Effect ofvSecondary Beer Cﬁmponents oﬁ Distillation Désign
6.1 Secondary Eomponentg' o |

Secondary componenfs in the feed beer can affect‘thé
ethanol/water separation. The fermentation bfotﬁ contains micrqbial_
fermentation by-products as well as nommetabolized feed components .
(table 14). Chemical and physical d&:a for essentially all béer trace
compoﬁentsvhave been tabulated by Stage (35.36’.. Thg distillétion
system muSt‘be designed to accommodate these secoﬁda?y components if a
pure azeotropié alcohol product'isrto be ptoducéd.
’6;2' Dissolved gases

Fermentation beer is‘saturated with dissolved”gases-fespecially
carbon dioxide. Carbdn'dioﬁide gas contributes to corrosion at elevated
teméeraﬁurgs and‘intefferes_witb efficient heat transfer in condenéers.
ﬁissolvedfgasés are removed frém-;hé feed (through an ethanol récoverj'
éondeﬁser and demister) after the feeﬁ is preheated for addition to the
stripper.A A §m#11 meéhanical Qacuum pump Oor steam éjector igbalso
:lncluded above the vacuum column reflux drum to asgure against the
 bu11dup of noncondensables in this column.
6.3 Nonvqlatlle components

: Nonvolétiie componehts--ye#ét céll debris, salt#. nonmeﬁabolized

sugars and iow.volatility compoﬁents (glycerél. acetic acid)ffarev
remdved in the bot:om beer stripper proauct; Stillége typically
coutalns 5 gm/L of salts and 8 gm/L of soluble prOCelns. If yeast cellsb
“are not centrlfuged free before strlpplng. then 10 to 20 gm/L of- cells

will also be presen» in the stillage. Ac-these low concentrations, the
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Table 14

Secondary Beer Components

Affecting Distillation Design

Carbon Dioxide
2,3-Butanediol
Glycerol

Fusel 0il Components: Isopfopauol
n-propanol
Isobutanol
n-butanol
Active-amyl alcohol
Isoamyl alcohol

n-amyl alcohol
Acetaldehyde

Organic Acids: Formic Acid
Acetic Acid
Butyric Acid
tactic_Acid
Succinic Acid

. Dissolved Proteins: Amino Acids
' Peptides

Whole Yeast Cells

-Non metabblized Salts
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.éffect of salts, proteins and cells is small. Salts enhancg.ethanol
relative volatility while cells depress it.. These effects can be
calculated using the methods described bvaaiorella (73). Thé effectbof

N glycerol apd'the low volatility components hasbbeeu studiéd.(37,38) and
can be ca1culated using the UNIQUAC metﬁod (73). ‘Again. the effect on
the equilibfium vapor/liquid distribution of the main components is
small dué to the low concentrations of the Secoudary'p:oducts.

,YeaSCkcell,debfis and soluble proteins exert an important effect inm .
promoting foamingbon the strippe; sieve trays. The trays should be
widely sbaced (2 feet) to glloﬁ for the high foaming fac;or.b Mist

carryover from tray to tray can adQersely affect the separation and a
conservatiﬁe Murphree efficiénéy‘shbuld be used in the stripﬁer design.

6.4 Fusel oils | |

As much as 5 L d£ fusel oils (see'téble 15) (39,40,41) are produced
for each 1000 L of alcohol érodpéed. Eusel_dil is a mixture of amyl and
propyi élcoholsfaﬁd their isomers (table 16) (34.42;43.44).

Fusel o0ils exhibit unusual equilibrium behavior which complicates
their separation‘froﬁ the alcohoi/water-mixture.: Dry fu;ei oils boil in
the range,f;om 128—137°C.v Dry fusél oils are much less voiatile than
ethanol and would not be exbected'as a distillatidn.headvproduct. Fusel
oils algo are not entirely miscible with water. The volatility of fusel
oils is greatly eﬁhanced in the presence of waﬁer with only 2.47% émyl
alcohol in water exerting the samé.partial préssure as 90.7% amyl
#lcdhol_in‘9.32 water (44). The greatly enhanced vapor pressure of
dilute amylvalcohél in‘;ater forces amyl alcohol into the vapor phase
near the bottom of an alcohol purifying column gnd fusel oils thus
‘cannot be separated as a distillation bottoms ptodUCt._ Fusel oils

concentrate in the middie of an alcohol purifying column, building o up
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 Fusel 0il Yields

Fusel oil; L per 1000 1L

Substrate Fusel oil; L per 1000 L || Substrate
: alcohol _ ' ’ alcohol
Blackstrap molasses A-Sv Degerminated corn 2.5—3.0
"~ High tést molasses 1-3 Wheat 2-3
. Corn 4-5 Rye 2=4
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Table 16

Composition of Fusel 0il

Composition of fusel o0il, % constituent from:'

Cbnscituent..
Corn Molasses: Potatoes = .. Rye.
Isopropyl alcohol ,. _— 0;5> — -
n-Propyl alcohol 20.4-11.7 26.3 6.85 -—
I'sobutyl alcohol 23.9-12.2 7.4 24.35 | 15.7
' n~-Butyl alcohol —_— 8.1 — —
active-Amyl alcohol 14.6-23.4 55.3 68.76 79.8
'Igoémyl élcohol'»‘ 36.3-59.7 —— _— | _—
h—Amyi.aiCOhol | — 4.3 —— —
Undetefmined 4.8—3.0 ———



-79-

until they‘finally “leak” éut as contaminaﬁts of both the beéd élcohol
and bottoms water streams. |

To remove the fusel oils and prevent product contamination,
fusel oil laden liquid is bled from the lower plates of the alcohol
:ectifying section. The liquid is.éqoled and allowed to seéaréte; A
.7fusei oil layer is reﬁoved énd washed by conﬁacting with clean‘wager to
V.gxt:act éthaﬁoi; The extract i; combined with the aquébué layer from
»tﬁe séparator and recycled to the distillation coiumn.

Ternary equilibrium data fof the ethanol/water system with
various fusel oil comﬁonents'bas been méasqred (45.46.47.48)7 The
UNiQUAC method (73) can be used to predict equilibrium Beha§ior for
désign;

6.5 Acetaldehyde

Typically, one liter of acetaldehydé (and much smaller a@ounts
of the other aldehydes) is ﬁroduced-for every 1000 liters of alcohol
product (49,50). This amount can be increased by some selective ethanol
removal.fermentation_sys:ens ﬁhich alsq selectively remove aceﬁaldehyde
and thus prdmoté its produﬁtion (i.e; the vacufermvprbcess (13,51)).
Acetaldehyde is very vblatile. with a normal boiling point of 21°C, and
thus, ééetaldehyde is easily separated from the ethanol/w#ter_mixture as
a distill#tioﬁ:ﬁead ptoduét Qith the primary alcohol éroduﬁ:.taken as a
lower liquid side draw (fig. 24).

Va por liquid equilibrium for the temary
acetaldehyde/ethanol/water system has been reported by d'Avila (52) and
Heitz (53), and the UNIQUAC method cankbe used for equilibrium
calculations (73). | |

With sufficient trays, a pure acetaldehyde head product can be
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REBOILER

# Distilled Water
XBL 324-.5573

Figure 24 Side Draw Distillation Célumn With Heads
Alcohol Pemoval For Acetaldehyde Recovery
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recovered fvrétn the vacuum distillation column. This is impract:_ical
though, as a very cold condenser (or higher pressure operation) would be
'requi:ed to condense the volatile acetaldehyde. Instead, approximately
five percent of the total ethanol product is withdrawn from the head,
thus substantially dilutiﬁg the acetaldehyde and .m'..aintaining a
réasonablevcond.enser temperature. This‘ heads product can be sold as a )
tec.h'nicalv gradé ethanol.convtaining roughly 2% acetaidehyde.
Alterna-tively. this can be fed to av small #uxiliary_elé:‘at-ed_ pressure
.column for a final separation with pure acetaldehyde as the head.p‘rpduét
and 95% et.hanbl as the bottom product. A new possibility is the recyél»e
of the heads product b;éck to the fermentor. Under recycle covﬁditions
the acétaldehyde 9?;.1'1 Be largely consumed and converted to additiomal
ethanol (54). = |

The difference in volatility be&ween acetaldehyde and ethanol is
sufficiéntly'large so that very little acetaldehyde will be present in
the liqui-d on the main product Araw plate. Nonethele:ss. the main
product, taken as a side draw, is nec.:esfsarily‘ contaminated by traces of
acetaldehyde and other volatil.-es.- Where these trace contaminants cannot
be‘ -toleratéd. a side étrippér can be uﬁed_(f'ig. 25). The rectifying
column side draw is fed directly to the head bof the side 'st'ripﬁér.v An
ethanol reboi.ler provides rising vapors to sﬁrip the volatile components
from the descending ethanol. Vapors from the side stripper head are
returned to the main rec’ti_.fy’ing column jus;: above the side draw.plate to
allow a;:etaldehyde removal from the rectifier head as in the simpler
design (fig. 24). With thirty stages, a very high purity 95 wtZ% ethanol’
prodﬁct is recovered from the side strippe.r bot;.tcm.

For dilute feeds, excess heat is available from the beer.
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For Acetaldehyde Free Ethanol Production
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étripper. ’Then. the side stripper can be rum with.no_added steam input.
The poéc coolér-pan‘be removed and this heat‘uséd to drive the ethamol
reboiler. For typical feed contentrations;(s to 7 w:Z ethanol), agaiﬁ.
n§ added Steém.inpgt is necessary. For these cases an optimum two
column design was found by balancing the heét load of the vacuum column
to match the heat available from the strippef.. Very large reflﬁxes are
“used. If a side stripper is added, tﬁe main column reflux can be
'reducedvto make sufficient heat available for the ethanol reboiler.
Then stageé mugt be added to fhe main-cblumn to maintain product purity,
but energy consump;ion is not :aised. For very concentrated feeds
(where an #u#iliary reboiler is required fﬁr the vacuum column) plant

steam must be uéed‘to drive the ethanol réboiler and ovérall.s:eaﬁ usage

is increased.

7. -Anhydrous Ethanol Pro&uction
7.1 Vapor,feuse methods for anhydrous ethanoi producfion

. Vapor reuse methods can be exten&ed to allow fhe production of
anhydfou# (99.9 wtZ) ethanol wiﬁhout added energy input (55). Anhydrﬁus
ethanol is genefally produced ftom‘94 or higher wta eﬁbanol by
azeotrbpic distillation with an added entraiﬁer. The entrainer alters
thé ethanol;aﬁd water relative voiatili;y forming a éonstant boiling
mixture with water vhicb carries it over és the‘azéocropic'head prodqét.
This mixture is then cooled, separated into aqueous and organic layers
and is decan;ed; The organic phaée i§ returned to the column as
reflux. Pure ethanol is recovered as the bottom prbduct. Benzene
(564574+58559,60), n-pentane (61.62.63). trich1oroethelene (64,65),

diethyl ether (66.67.63.68.69). and even gasoline (63,70) have been used
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as entrainers for pure ethanol production. Typical steam requireménts
for some of these processes, operated independen’t »fr.om the imitial .
divstivllation sy'stem. are given in table 17.I |
| In an igtegrated distillation plant starting witb a beer feed,
vapor reuse methods can be used. The condenser..temperature. for the
azeotropic dis:illation_column is ggneral‘lybhigh ‘and can easily be
j.ncreased by operating this éolumn_at slightly elevated pressure. Then
the azeotropic column condensef,can be combiﬁed wit.h the beer stripper
reboiler. The hot azeot:r‘opi; -column ‘vapo: condensés and provides heat
for Boilup tq. the étripper. No heat J.s wasted, .ﬁnd the ioverall process
energy requirément need not‘be increased. |

| While this approach c‘an be applied to any of the entrainers
li‘.s»tedy its useAw"ill be illustrated for .t;he diethyl ether case. A 1060
gallo-n/déy capacity pilot .plan't usi_ngbvdiethyl ether azéotfopic
'distiilécién and e:nploying vapor reuse methods was operated beginning in
1940 by the»‘U.S.D.A..Pe.oria Laboratories (9). The. process descriptipn
given here is based directly on operating result$ for this plan.t: (67). . |
" 7.2 Diethyl ef_:hér-az-eotropic distillatiox‘lbv |

A Qajor di_sa.dvantage of n;o.st éntrainers is thaAt they form a-

temary_constanf boil'i.ng- mixture with ethanol and watei‘., Thus, while
pure et.hanql‘_;can"be recovered as the ‘disvtilllat’ion bottom. pro»d'uct:‘. the
head product contains a mixture of all three spe.cies_v. After:
decantation, the aqueous phasev'still contains bbth ethanol and the added
en,trainei‘. V’Ihisvmixt-ure mt';st be fe.d to an entrainer_recovéry column
'(whivch again produces the ‘tergary a.ze"ot:rorpe as head pro-duét). The
bottoﬁ product is not pure water, but an ethanol/water mixture, ana é

third column is needed to concentrate the ethanol for recycle. This
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Table 17

Alternative AzeotropicvDistillation_Processes

For Anhydrous Ethanol from 95 wt 7 Feed

Azeotropic Entrainer ' : Process Description : Energy Consumption

Benzene - SOVtray dehydrating Column , 1.0_kg'steam.per liter

a atmosphege) 30 tray entrainer recovery column

Supplementary rectifier

Pentane : 18 tray dehydrating column 0.9 kg steam per liter

(50 psig) 14 tray entrainer recovery column

Supplementary.rectifier

Diethylether 30vtray'dehydrat1ng column 2.2 kg steam per liter

(130.psig) 20 tray entrainer recovery column
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complicated arrangement is illustrated for the benzene system in figure
26 (71).

 Diethyl ether offers the advantage that it does not form a

ternary constant boiling mixture with ethanol and water. Only water is .

carried overhead by the diethyl‘ethér in the azeotropic column. A
second column is ﬁeeded to strip the e;her from tﬁe decanted aqueous
phase, but now;'pure water is taken as fhis column's bottom.product.
One column is totally eliminated. The large volatility difference
‘between diéthyl ether‘gnd water makes for é $imp1e sepafation and only a
small (20 s:age) entrainer recovefy';olumn is reqﬁired.‘

'Figuré 27'illustfates the dieth&l ether azeotrdpic separation as
operated at the Peoria éilot plant. fhe diethyl ether/water equilibrium
1s pressure sensitive with the amoqnt ofbwater carfied.over by the

entrainer increasing as the pressure is raised. At the Peoria plant,

the azeotropié_column was operated at 130 psig with a clean 94 to 95 wt%

ethanol feed. At 130 psig the azeotropic column head temperature 1is

115°C and the head vapors are 4.4 wtZ water (the constant boiling

‘mixture composition at this pressure). Using 12.7°C (55°F) deep well .

cooling water, the overhead vapors are condensed and cooled to 15%.

The orgaﬁic phase (saturated with 1.15 wtZ water) is re;yéled-tc the

azeotropic column as reflux. The aqueous phase, saturated with traces

of diethyl ether, is fed to a small atmospheric pressure packed
stripping column with pure water as the bottom product and diethyl

ether/water mixture for recycle as the head product.

' The difference between water carried over By the -diethyl ether

. and returned as reflux in the saturated diethyl ether from the separator

is small as compared to other entrainment syétems.:'ZS to 30 kg of
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.diethyl ether must be distilled to remove ome kg of water. Fortunately,
the heat of vaporization of diethyl ether is only 89.8 kcal/kg and only
5.7 kg of sﬁeéﬁ is required to boil up sufficient comstant boiling
mixture to separate out oﬁe kg of water. This results in»the minimum
steam requirement for thé azeotropic column of 0;24 kg of steam per
liter of anhydrous ethanol produced starting from a 95 wtZ feed. The
actual steam consumption in a-European discillery is d.6 kg steaﬁ/L
e, | | | |

| vThe séparation of the constant boiling mixture is difficult and
the Peoria plant azeotropic column was operated at 9 to 16 times the
minimum reflux rate in a thirty tray column. The steam consumption for
this ;zeot:opic,column was thﬁs 2.2 to 2.4 kg of steam per litef of
.anhydrous éﬁhanol product--more than twice the consumption of either the
benzene or'u-éen:ane entrainerbsystensias ordinarily operated.

The UNIQUAC model canvbe used for azeotropic column design.
7.3 Vapor reuse with the'aiethyl ether system | |
The cdmplete integrated processes for anhydrous gthanol

production from a fermentor beer is illustrated in figurg 28. The
diethyl ethef azeotropic distillétion is combined with ﬁhe two coiumn'
vacuum distillation system of section 4 and incorporating fusel'oilvand‘
acetaldehyde separation. fhe vapor reuse methods are extended éovthAC
the azeotropic column condenéef ser§es as beer s:ribper
reboiler--recoverying heat for reuse. Dilute beer is firs: degassed and
fed to the beer stripper ﬁo give a concentrated ethanol vapor for
rectification and 3 bottom Stillagé product exhausted of ethanol. The
stripper vapor is condensed in the reboiler of the main vacuum -

distillation column and its side stripper. This concentrated liquid is
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then fed to the.v_acﬁum column. Pure water is removed as the béttoms. A
small side draw from low lin the rectifying section is cooled to separate
and remove fusel oils. At the column head, a small stream of teéhnical
grad.e' alcohol (con_t:aminated Qith rougﬁly 2 wtZ aceta‘ldehydé) is removed.
A large side draw, .a few plates below t'he head, feeds the side stripper.
Pure 95 wtZ ethanol. is removed as the side étripper bottom product.
,'I‘hisb concentrated ethanol is fed to the azeotrop'icv célumn'which produces
anhydrous ethanol as the bo_t:tom product. A constant boiling mixture of
dié-thyl ether and wat.er .i.s condensedv and refluxed at the azeotropic
column head. A portion of this is cooled and an équeou_s layer
separated. The aqueous layer, saturated with traces of diethyl ether,
is fed to a small column to strip the ether 'and"produc‘e a pure water
bottoms product. |

The path ofvheat flows in this system is as important as the
mass flows. Plant steam at 75 psig (16»0.0’°C) is fed to the #zeotropic
column reboilerrand boils up pure ethanmol (150.6°C) at 130 psig column
pressure. At the head of the azeotropic column, a constant boiling
mixture of diethyl ether and water (115.0°C) is condensed, boiling up
steam (2 psig, 103.5°) for the main beer stripper“and the small diethyl
ether recovery column. Vapors from t.:he'beer stfipper are condénsed in
the main vécuum ';o'ltmn 'reBoiler and its side stripper éth_a‘nol reboiler.
‘Finélly.. the vacuum column vapofs (39.8°C) are: conde‘ﬁsed wi)th cooling
water. The or'iginal steam heat is thus used in three successive
operations. |

It is now clear why the large reflux (and hence steam
requirement) of the diethyl ether system (as operated at the Peoria

pilot plant) compared to other entrainers is not a disadﬁantage. The
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"1 steam fiov'rate to the azeotropic column was chosen to balance ﬁheIStean
requi:ements of the successiye distilla;ion‘Opera;ions.' The number of
bplates in the azeotropic column.ivas-chbsen'to give the required
separation with the.available’reflux."In a modernvpian: with’réduced
steam requirenenté for 95 wtZ ethanol production, tfays should be added
to the azebiropic‘column to reduce iﬁs steanm consumption and maintaiﬁ
balanced operation. |
7.4 Conclusions

The production of anhydrous ethanol as practiced at the U.S.D;A.
Peoria alcohol piiot Plant has'been illustrated. The prodﬁction of
anhydrouévethanol requires addiﬁional capital expénditure (fo;
additional columns) as compared to 95 wtZ ethanol prddﬁction. By
apprﬁpriaﬁe application of fapor heat_réuse techniques though,:-
éssentially.no'additiOnal energy need be expended for ahhydrous'e;hahol
_productién as compared ﬁd 95 wtZ ethanol production;. The azeOt;épe
associated pinch sets the reflux requirement for 95 wtZ ethanol
'productidn énd thus establishes the overall distiilation energy
consumption for practical beer fegd'conceﬁtrations.v
Many entraiﬁers'are available for the final purificatién of 95

wt? to aﬁhydrous ethanol. By éppropriate'éhoice of opefating pressﬁres.
vap&r reuse methods can be applied to any of these. The diethyl ether
systems has the advantage of no; forming thernary azeotrope;
incdrporating ethanol and thus using one less column than other systems.
Low temperature cooling‘waﬁer is'required'though for efficient
decantation of water from ché diethyl ethér/ﬁater,constan£ b§i1ing
mixture, as water sdlubilit& in ether rises rapidly with temperature.

The n-pentane process uses smaller vapor flow rates and smaller diameter
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colhﬁns than the others, but foaming problems:have been encountered in
bne trial (72). The benzene distillation is slightly less efficient
than vn-pet‘xt:ané'. but has l.>‘eken tested over maﬁy years of in.—planf
opération. |

The UNIQUAC_Qapor/liquid eduilibfium model is‘a valuable tool
and can be used for the design and evaluation of any‘of these processes.
As with the binary éthanol/water equilibrium system, special attention
vshoula be paid to nonidealitiesvand the variation of équilibriuﬁ
propettieS'with teﬁperature. .These can be successfully incorporated
into tﬁe UNIQUAC method as Qas.illpstra:ed for thé binary ethénol/wa;er

 system.
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THE DISTILL COMPUTER PACKAGE
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Eunction DISTL

Purpose: Designs and costs a vacuum distillation column and its
associated heat exchanger systems. Resulting parameters
are stored in the distillation and heat exchanger common

blocks (DLDTA and HXDTA).
Usage:  Call DISTL (RATIO, FRAC, P)
Input variables: V
(In Call)

Reflux opcimizotion'variable
Stripper product fractional equilibrium approach
Distillation column pressure

(In Common Blocks)

Fracczon of capital cost assessed each year
Distillate product flow rate

Stripper feed flow rate _
Distillation column feed flow rate

Print coatrol flag

RATIO

FRAC v

P mmb g
CFACTR

D gmol/hr
F gmol/hr

FD  gmol/hr
LOOK

Control flags : MODE

Ethanol recovery fraction RFRACT
Cooling water supply temperature TCWI  deg K
Plant steam temperature TSTEAM deg K
Initial guess for distillation column temperature TD deg K
‘Distillate product mole fraction ethanol XD

Stripper feed mole fraction ethanol XF
Marshall-Stevens Cost Index XMSI

OQutput Variables:
(In Common Blocks)

‘Condenser area

Number of condensers

Intercolumn exchanger arez

Number of intercolumn exchangers

Post cooler area

Number of post coolers

Distillation column reboiler area
Number of distillation reboilers
Distillation column bottcm product flow
Distillation column capital cost
Distillation column effective cost
Intercolumn exchanger capital cost
Intercolumn exchanger effective annual cost
Annual labor cost

CLAZR

ACN sq ft
NCN

ARX

NHX

APC = sq ft
NPC

ARB sq ft
NRB

B gmol/hr
CDLCAP
CDLEFF
CHXCAP
QI XFEFF -

W v Wwwwn
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Post cooler capital cost . CPCCAP §
Post cooler effective annual cost ' CPCEFF ~ §
Post cooler annual operating cost o cPcoP  §
Distillation reboiler capital cost .= " CRBCAP §
Distillation reboiler effective cost CRBEFF = §
Distillation reboiler annual operating cost - CRBOP = §
Total system effective annual cost . CTEFF $
Total annual operating cost CTOP - $
Distillation column feed £low rate FD  gmol/hr
Distillation column vapor flow rate 'GD  gmol/hr
Reflux flow rate- REFLUX, R gmol/hr
External reflux ratio . RRATIO

- Ratio of rectifying operating line slope _

. to minumum _ RATDL

Y intercept of rectifying operatlno 11ne o RINT
Rectifying operating line slope : RSLOPE
Number of rectifying equilibrium stages. : "RSTAGE

Y intercept of stripping section operating line  SINT
Stripping section operating line slope . "SSLOPE -
Number of stripping section equ111b ium stages SSTAGE
Distillation reboiler steam usage - STFRRB kg/hr
Cooling water temperature ekltlng condenser o TCWOCN deg K
Cooling water temperature exiting post cooler TCWOPC deg K
Distillation column reboiler temperature TDB~  deg K
Distillation column head temperature ' . TDT = deg K
Distillation feed saturation temperature ' TDF =~ deg K-
Mole fraction ethanol in dxstxllatlon bothm -

product X8

‘Mole fraction ethanol in distillation column feed XFD
Vapor composition at intersection of rectifying
and stripping lines YRS

. Other needed subroutines:

CNCST, CNDSR, CROSS, CWCST, DELQ, DIFER. FTLM, HXCNG,
STCST, TPNT, ZERO.

Description:

The pressure P (mmHg) is one of the three prime optimization
variables specified by the optimization routine (EO4 JBF (1)).
 For the specified pressure, TPNT and CROSS are called to find
‘the minimum reflux rectifying operating lineé and corresponding
minimum distillation column feed composition (XFMIN).

If the system ethanol feed composition (XF) is less than the
‘minimum allowable distillation feed composition (XFMIN) then
subroutine STRIP is called to design a stripper with vapor
product composition greater than XFMIN. Because of the high
added cost of m4Ce‘1als for use in contact with the raw beer, a
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stripper may be desirable even when the raw beer is
sufficiently concentrated without stripping. Thus, by
including a small stainless steel stripper, the large
distillation column can be made of carbon steel. With MODE(26)
= 2, a stripper will always be designed.

The distillation column feed composition (XFD) is specified as
the vapor composition from the stripper (or the raw beer
composition if no stripper is used). Distillate and bottoms
flow rates are calculated by mass balance and knowing the
required ethanol recovery fraction (RFRACT). ’

RATIO is the final prime optimization variable and specifies
the rectifying section reflux ratio according to:

. - 1.0 ’ 1.0
RATDL = TSLOPE * RATIO (1.0 -

TSLOPE)

where TSLOPE is the slope of the minimum reflux operating line
and RATDL is the ratio of the actual operating line slope to
the minimum: ' '

RSLOPE = RATDL x TSLOPE

The distillation column operating lines are thus specified.
Theoretical equilibrium stage compositions are then
“stairstepped” as with a McCabe-Thiele diagram using
equilibrium data generated by BDPTM (the ETOH equilibrium
package (2)). The number of rectifying and stripping section
stages (RSTAGE, SSTAGE) are thus specified.

The packe& column diameter is set to give a vapor pressure drop
~of 50(N/m®)/m as suggested by Treybal (3). The pressure drop
was determined using an equation fit to the data of Leva (4):

a_¥ (9.771 x 1073) exb{-0.6918 ®”1

where: :
- 4 = #J RHOG
TG RHOL - RHOG
and 2
, _ (GPRIME)™ C. M/ J
RHOG (RHOL - RHOG) gc
where: Cf = 20, for 2 inch Pall ring packing.

These equations are solved for GPRIME (lbs/hr sq ft), which is
the allowable mass flow per unit cross section. G is the total.
column internal vapor mass flow in g/hr, converted to lbs/hr as
GLBS. The required colwan cross-sectional area is then:

GLBS

ARZA = TORINE
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The tower height (DLHGHT) is given by:
DLHGHT = (DLSIAc-l) x (1.15 x HETP) + 4.0

where DLSTAG is the number of requlred equxllbrlum stages

(includes the reboiler) and HETP is the height of 2 ~Pall ring

packing required per theoretical tray. HETP is given for
conditions typical of the vacuum column operatxon as the larger
of HETPR and HETP (5) where: :

DLDTAM

HETP = HETPR {1.0 + Loglo (===t DIAMR)}

with HETRP = 0.8333 ft and DIAMR = 2.5 ft.

The column is overde51gned by 15%Z to allow for uncertainty in

-the stage height under vacuum ¢onditions and four feet of clear

space 1is prov1ued for mist disentrainment.-

The tower shell weight is compu:ed using a wall thlckness of

0. 375 inches as determined by a vacuum vessel design

calculation according to ASME standards (6) and assuming four

‘internal support rings (the packing support tray and

distributor acting as two support rings).

The column purchased cost (vith flttlngs. supports and packxng)'
is computed according to equations derived from the figures of
Peters and Timmerhaus (7). The corresponding total capital
investment is glven as 4,89 tlmes the purchased costs

- The distillation coluan LebOLIeL system is chen designed to

meet the distillation column heat load for boilup (DELQRB).
When a sttlpplng column is used, heat from the stripper vapor
(DELQFD) is recovered and used through an intercolumn exchanger
of heat load DELQRB1. 1If DFLQFD is ‘greater than DELQRB, then
an addltxonal post cooler is designed to remove the excess heat
(DELQPC) fully condensing the stripper vapor for feed to the
vacuum -column. - If DELQRB is greater than DELQFD, then an
aulexary steam fed distillation column reboiler is designed to
meet the remaining required heat load (DELQRB2). Exchanger

designs and costs are determined usxng subroutine HXCNG. The -
condenser system is then designed using subroutine CNDSR.

Variables in function DISTL

NAME TYPE MAIN USE - BLOCKS DESCRIPTION OF VARIABLES UNITS

ACN - R VARIABLE /HXDTA/  Condenser area - sq ft

. AHX R VARIABLE /RXDTA/ Inter column heat exchange sq ft
- ALOG10 R STANDARD S

AMIN1 R STANDARD : : v

APC R VARIABLE /HXDTA/ = Pust cooler area sq ft

AKB R VARIABLE /HXDTA/ = ‘Distillation column :

AREA R VARIABLE Distillation column.

' ' cross sectional area 0 sq ft
B R

VARIABLE /DLDTA/ Distillation column bottom



BDPTM
CCNCAP
CCNEFF
CCNOP
CDLCAP
CDLEFF

CFACTR

CHXCAP

CHXEFF

© CLABR
CNDSR
CPCCAP
CPCEFF
CPCOP
CRBCAP
CRBEFF
CRBOP
CROSS
'CSPCAP
CSPEFF
CSPOP
CSRCAP

CSREFF

CTCAP -

CTEFF

CTOP

CWFRCN

CWFRPC.

D
DELQ
DELQCH
DELQFD

R

nx

"~

oo

o]

o

EXTERNAL
VARIABLE
VARIABLE
VARIABLE

VARIABLE

VARIABLE

VARIABLE

VARIABLE
VARIABLE

VARIABLE
EXTERNAL

VARIABLE

VARIABLE
VARIABLE
VARIABLE

VARIABLE

VARIABLE

EXTERNAL
VARIABLE
VARIABLE
VARIABLE
VARIABLE
VARIABLE

VARIABLE
VARIABLE

VARTABLE
VARTABLE
VARIABLE
VARIABLE

EXTERNAL
VARIABLE

‘VARIABLE
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/COSTS/
/COSTS/

" /COSTS/

/COSTS/

/COSTS/

/COSTS/
/cosTS/
/€OSTS/
/COSTS/

/COSTS/

/COSTS/ -

/COSTS/
/COSTS/
/COSTS/
/cosrs/

/COSTS/
/COSTS/

./COSTS/

/COSTS/

/COSTS/

- /COSTS/

/COSTS/
/CosTS/
/HXDTA/
/HXDTA/
/DLDTA/

/HXDTA/

' product flow

Condenser capital cost

Condenser effective annual
cost

Condenser anmnual operating
cost

Distillation column capital
cost :

Distillation column
effective annual cost

Fraction of capital cost
assessed each year

Intercolumn exchanger
capital cost ,

Exchanger effective annual
cost ,

Annual labor cost

Post cooler capital cost
Post cooler effective
annual cost
Post cooler annual operating
cost S

Distillation reboiler capital

cost
Distillation reboiler
effective annual cost

- Distillation reboiler

annual operating cost

Stripper capital cost

Stripper effective annual
cost

Stripper annual operatin
cost '

Stripper
cost .

Stripper reboiler effective
annual cost

Total system capital cost

reboiler capital

Total system effective annual

cost

Total system annual operating

cost

Condenser cooling water usage

.rate :
Post cooler cooling water
usage rate

Distillate flow rate

Condenser heat load
Heat load to bring stripper
vapor to distillation

gmol/hr

F7 7 SE7 ST N

<

W W Uy A < w W W < w W < < w W £,

gmol/hr

kcal/hr



DELQPC
DELQRB

DELQRB1

DELQRB2

DIAMO =

DIAMR
DISTL
DLDIAM

DLHGHT
DLSTAG

EMAT

" EXP
‘EXTRA-
F
FD
FIRST1
FIRST2

© FITCST -

Frac

GD

" GLBS

- GPRIME
HETP
HETPR

HXCNG
L

LOOK

MANHLS

MODE
MWH20
NCN
- NHX

NOZLS
NPC

R R R

R

[2-]

o0 s~

[ B

'VARIABLE

VARIABLE

VARIABLE

VARIABLE

VARIABLE .

VARIABLE
VARIABLE
VARTABLE

VARIABLE
VARIABLE

VARIABLE"

STANDARD

VARIABLE

VARIABLE "
VARIABLE
VARIABLE
VARIABLE
VARIABLE

VARIABLE

VARIABLE

"VARIABLE -

VARIABLE

VARIABLE
VARIABLE

EXTERNAL
VARIABLE

VARIABLE
VARIABLE
ARRAY

 EQVALENCE

VARIABLE
VARIABLE

VARIABLE

VARIABLE
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- JHXDTA/

/HXDTA/

/HXDTA/

/DLDTA/

/DLDTA/

/DLDTA/ -

feed temp
Post cooler heat load
Distillation column heat
requirement

~Intercolumn exchanger beat

load if exchanger is
used
Distillation column reboiler
heat load if reboxler
is used
Distillation column outer
' diameter
Packing height correction
- factor
Total effective annual
distillation cost
Distillation column inner
- diameter
Distillation column height
Number of theoretical stages
in distillation column

" Construction material cost

/INPUT/
- /DLDTA/
/INPUT/
/INPUT/

| ARGUMENT

'/SPDTA/

./DATA3/
/DATA3/
/DATA/

/HXDTA/
/HXDTA/

/HXDTA/

multiplier -

. Fractional tfays required

Stripper feed flow rate
Distillation feed flow rate
Initialization control flag

kcal/hr

kcal/hr

kcal/hr

'kcallhr

kecal/hr .
£t
ft
$

£t
£

'gmollhr
gmol/hr

Initialization control flag -
Installed cost of distillation

column fittings
Stripper product fractional
equilbirum approach

Distillation vapor flow rate -

Total distillation mass
" flow rate of vapor
Vapor mass flow rate
per cross section
Height of theoretical
plate -
Minimum height of theo-
retical plate

stripping section liquid
flow rate
print control flag.

. number of manholes

control flag

water molecular we1ght

number of condensers

number of intercolumn
exchangers

number of nozzles

number of post coolers

gmol/hr

“1b/hr

- .1b/sqft/hr

ft

ft

gmol/hr

g/mole



NRB

PCKCST
PD
PI04

R

~ RATDL
 RATIO
REFLUX
RFRACT
RHOG
RHOL
RINT

RRATIO
RSLOPE

RSTAGE
SINT

SQRT
SSLOPE

SSTAGE

STCST
STFRB

'STFRSP
STRIP
SUPCST
“TCWI
TCWOCN
TCWOPC
TD

TDB
TDF

~ TDT

THICK

ol m oo

R

R

R

R,

VARIABLE

VARIABLE
VARIABLE

VARIABLE

VARIABLE
VARIABLE

VARIABLE

VARIABLE

VARTABLE
VARIABLE
VARIABLE

VARIABLE

VARIABLE

VARIABLE
VARIABLE

VARIABLE
VARIABLE

STANDARD
VARIABLE

VARIABLE

ENTERNAL
VARTABLE

VARIABLE
EXTERNAL

VARTABLE

VARIABLE
VARIABLE
VARIABLE
VARIABLE

VARIABLE

VARIABLE

VARIABLE

VARIABLE
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/HXDTA/

"ARGUMENT

- /DLDTA/

/DLDTA/
/DLDTA/

ARG UMENT

/DLDTA/
/INPUT/

/DLDTA/

/DLDTA/

/DLDTA/ -

| /DLDTA/

/DLDTA/

/DLDTA/

/HXDTA/

/SPDTA/

" /INPUT/

/nxDTA/
/HXDTA/
/bLDTA/
/DLDTA/
/DLDTA/

/DLDTA/

number of distillation
column reboilers

distillation column pressure

distillation column packing
cost

distillation column packing
cost

v/4

reflux flow rate

ratio of rectifying
operating line slope

' to minimum

reflux optimization
variable

reflux flow rate

ethanol recovery fraction

vapor demsity ‘

- liquid density °

Y intercept of rectifying
operating line '

external reflux ratio:

rectifying operating line
slope :

Number of theoretical
rectifying stages

Y intercept of stripping
section operating line

Slope of stripping section
operating line

'Number of theoretical

stripping stages

Distillation reboiler steam
usage
Stripper reboiler steam usage

Vacuum column internal

support installed cost
Cooling water supply
temperature
Cooling water temperature
exiting condenser
Cooling water temperature
exiting post cooler
Initial guess for distil-
lation column temp.
Distillation column re-
boiler temperature
Distillation column
saturated feed temp.
Distillation column head
temperature
Distillation column wall

mmHG

gmol/hr

gmol/hr

g/cc
g/ce

kg/hr
kg/hr

deg K
deg K
deg K
deg K
deg K
deg.K.

deg K



TOWCST

TPNT
TRYCST
" TSLOPE
TST
TSTEAM
WORKERS
WTOTAL
WTSHEL
X

XB

XFD -
XFMIN
XMSI
XOLD

T

YRS

ZERO

R

R

R

VARIABLE

EXTERNAL
VARTABLE

VARIABLE

VARIABLE

VARIABLE
VARIABLE

VARIABLE
VARIABLE

VARIABLE

VARIABLE

VARIABLE

VARIABLE

VARIABLE

VARIABLE

VARIABLE
VARIABLE

VARIABLE
VARIABLE
VARIABLE

VARIABLE

EXTERNAL
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thickness inches
Distillation column shell }
purchased cost 8

- Packing support and

/DLDTA/

/SPDTA/

/HXDTA/
/COSTS/ -

/DLDTA/

/INPUT/

_/DLDiA/

/DLDTA/

"~ /DLDTA/

- /COSTS/

/DLDTA/

/DLDTA/

/DLDTA/

distributor purchased
cost $
Minimum reflux rectifying
line slope . :
deg K

Stripper head temperature
Plant steam temperature deg K -
Operators required for
: distillation plant
Distillation column fitted

weight ~1b
Distillation column empty

shell weight - 1b

Liquid composition on
current tray

Mole fractiomn ethanol in

distillation bottom
product

‘Mole fraction ethamol in

distillation head
product ‘
Mole fraction ethanol in
" stripper feed '
Mole fraction ethanol in :
distillation column feed

“Minimum acceptable distil-

lation feed composition

-Marshall-Stevens Index

Liquid composition on last
tray

Minimum reflux pinch point

composition.
Vapor composition on current
tray

'Vapor composition in equili-

brium with feed composition

Vapor composition at inter-
section of rectifying and
stripping lines
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Purpose: Designs and costs a stripping column and reboiler system,
and stores the resulting parameters in the stripper
and heat exchanger common blocks (SPDTA and HXDTA).
Usage:  Call STRIP (FRAC) _ ' : ‘
Input Variables:

(In Call)

Fractional approach of vapor . : . FRAC
product to equllzbrlum with teed ' ‘

(In Common Blocks)

Stripper Murphree vapor efficiency EMV
Stripper feed flow rate ‘ - F gmol/hr
Stripper pressure : PS _ mmHg
Ethanol recovery fraction. - RFRACT S
Initisl guess for stripper head temp. _ TS deg K
Steam temperature TISTEAM = deg K
Stripper feed ethanol mole fraction - XF
Minimum acceptable distillation column

feed composition = XFMIN
Marshall-Stevens Index ' XMSI
Fraction of capital cost assessed per year CFACTR
Print control flag LOOK

Qutput Variables:
(In Common Blocks)

Area of each stripper reboiler v ASR . sq ft

Number of stripper reboilers . : NSR
Capital cost of stripper reboiler systen CSRCAP $
Steam usage in stripper reboiler STFRSP = kg/hr
‘Annual stripper steam cost S CSPOP $ -
Effective annual stripper reboiler cost CSREFF $
. Heat transferred in stripper reboiler
system : ' - DELQSTR kcal/hr
Stripper internal vapor flow rate - -GS gmol/hr
Stripper column diameter : SPDIAM  ft
Stripper column height : SPHGHT ft
Stripper operating lime X intercept SPINT
Stripper operating line slope SPSLOP
Number of actual stripping stages SPSTAG
Stripper reboiler temperature TSB deg K
Stripper head temperaturec ST deg K
Distillation column feed ethanol
wole fraction . XFD

Stripper bottom product cthanol -
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mole fraction : v XL

tripper- Vagor product e;hanol S

mole fraction ; a Y6
Stripper column capital cost . - CSPCAP "2

Strzpper column effective yearly cost - CSPEFF
Other needed subroutlnes.

BDPTM, PDEP, TDEP, TXDEP. DELQ, HXCKG, STCST, LHVAP,
’ FTLM. ENTLP.

1 . .
Description:

The fractional approach of vapor product composition to
equilibrium with the feed composition (FRAC) is ome of the three
prime optimization variables specified by the optimization .
routine (EO4 JBF (1)). The vapor product compos1t10n (ethdnol
mole fracxon) is then computed according to: :

YG = YGHIN + FRAC x (YGMAX - YMIN)

where YGMAX is the maximun possible stripper vapor composition
(equilibrium with the feed) and YGMIN is the larger of the
stripper feed composition or the minimum acceptable distillation
’column feed composition (XFMIN).

The bottom product ccmposi:ion is given.by:
‘XL = XF(1.0-RFRACT)

where XF is the stripper feed concentration and RFRACT is the
required ethanol recovery.frac:ion (99.82). : :

With feed . and’ product comp051t1ons specified, a
McCabe-Thiele type analy51> is performed, scalrstepplng stages
~to get a stage count. Equimolal overflow is assumed. The
Murphree vapor efficiency of 0. 70 (measured by Shzlllng (8)) is
applled at each stage. .

The column diameter is set to give a vapor 11near
velocity at 70% of flooding with the flooding limit (UFLOOD)
determined by a curve fit to the data of Van Winkle (9,10).

The tower weight is computed using a wall thickness of
0.25 inches as determined by & pressure vessel deSLgn_
calculation according to ASME standarus (6).

Stainless steel const;uctzon is used throughout to.
reduce corrosion rates in contact WLth the hoc fermentor beer
(11).

The column purchased cost (with fittings and trays) is
then computed according to equatious derived from the figure of
Peters and Timmerkaus (7). The corresponding total capital
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investment is given as 4.89 tzmes the purchased cost.

A s.rlppe

ebozle;'ls designed and costed (using HXCNG )

to provide the necessary boilup heat fo; the stripper vapor

flow.

Variables used in sdbroucine STRIP

NAME

AREA
"ASR
ATAN2
BDPTM
CFACTR

CSPCAP

CSPEFF

CSPOP

CSRCAP .

CSREFF
DELQ
DELQST
EMAT
EMV
EXP

F

FD

. FITCST
FRAC -
GS

HXCNG
LOOK

MANHLS

MODE
MWH 20
NOZLS
NSR
PIO4
PS

RHOG
RHOL

RFRACT

TYPE

wom Rk

o A

[l I -~

RO 00

MAIN USE

VARIABLE
VARIABLE
STANDARD
EXTERNAL.

VARIABLE -

VARTABLE
VARIABLE

VARIABLE

VARIAELE
VARIABLE

EXTERNAL

‘VARIABLE

VARIABLE .
VARIABLE
STANDARD
VARIABLE
VARIABLE
VARIABLE
VARIABLE
VARIABLE
EXTERNAL

VARIABLE
VARIABLE

-‘ARRAY

EQVALENCE
VARIABLE
VARIABLE
VARIABLE
VARIABLE
VARIABLE
VARIABLE
VARIABLE

BLOCKS

. /HXDTA/

/COSTS/

/COSTS/

/COSTS/

/COSTS/
/COSTS/
/COSTS/
/HXDTA/

/INPUT/

/INPUT/
/DLDTA/

ARG MENT

/SPDTA/

 /DATA3/

/CATA3/
/DATA/

/HXDTA/

/SPDTA/
/INPUT/

DESCRIPTION OF VARIABLES

tripper cross sectional area

Stripper reboiler area

Fraction of capital cost
acsessed per year
Scripper capital cost
tripper system effective
snnual cost

St ripper system annual

operating cost
tripper reboiler cost ‘
Stripper reboiler effective
annual cost

Stripper reboiler heat duty

Stainless steel cost
multiplier :

Murphree vapor eff1C1ency
for stripper :

Stripper feed flow rate

Distillation column feed
flow rate

Cost of stripper manholes
and couplings

Frational -appoach of vapor
product to equxllbrxum
with feed

Stripper vapor flow rate

Print concrol flag

Number of manholes Ln .
stripper

Design control flags

Water molecular weight

Number of nozzles to stripper

Humber of stripper reboilers
/4 :

Stripper pressure

Ethanol recovery fraction
Gas density

Liquid density

UNITS

sq ft

sq ft

©w» LN »n»n W

kecal/hr

gmol/hzx

gmol/hr

-gmbl/hr

g/gmol



SPDIAM
SPHGHT
SPINT

SPSLOP

SPSTAG .

SQRT
STCST
STFRSP
THICK

~ TOWCST

.TRYCST
TS

TSB
-TSTV

TSTEAM
UACT

UFLOOD -

VEL
WTOTAL

WISHEL

X
XF
XFD

XFMIN

YMSI
YG

YGMAX
YGMIN

YOLD

o R

~

w

AR R o el

w

WP W R

VARIAELE
VARIABLE
VARIABLE

VARIABLE

' VARIABLE.

STANDARD
EXTERNAL
VARIABLE
VARIABLE
VARIABLE

VARIABLE

VARIABLE

VARIABLE

VARIABLE
VARIABLE

VARIABLE -

VARIABLE

VARIABLE

VARIABLE
VARIABLE
VARIABLE
VARIABLE

VARIABLE

VARIABLE

'VARIABLE

VARIABLE

VARIABLE

VARIABLE

'VARTAELE

VARIABLE

VARIABLE

112

/SPDTA/
/SPDTA/
/SPDTA/

/SPDTA/

/SEDTA/

/SPDTA/

/SPDTA/

" /SPDTA/

/SPDTA/
/HXDTA/

| /INPUT/
/DLDTA/

/DLDTA/

ZSPDTA/
/CGSTS/

/SPDTA/

Stripper column diameter : ft

Stripper column height _ ft

Stripper operating llne .

* intercept

Stripper operdtlng line
slope .

Number of strlppxng stages

Stripper reboiler steam usage kg/hr
tripper wall thickness inches

Purchased cost of stripper -

tower 8
Purchased cost of scrlpper

trays ' $
Initial guess for

temperature in s;rlpper deg K
Stripper reboiler

temperature. - deg K
Stripper head temperture .deg K
Steam temperature deg K-
Vapor flow rate/cross :

section lb/hr/sqft
Vupor flow rate flooding

limit v lb/hr/sqft
Vapor mass flow :aCe 1b/hr
Total weight of stripper - 1b

tripper shell weight , ~1b
Liquid mole fraction on a

stage :
Stripper feed ethanol mole

fraction

Distillation column feed
ethanol mole fraction

Minimum distillation column
feed composition

Stripper bottom product mole
fraction ,

Marshall-Stevens Index

Vapor mole fraction on a tray

Stripper vapor product mole
fraction .

Equilibrium maximum stripper
product concentration

Minimum stripper product
concentration

Vapor comp031t10n at prevxous
plate
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DELETE.LGO.OUTPUT,
CMNF4,.T.
FETCHPS, NAG, NAG,NAG.

"LINK ¢ X+PaNAG oRF,
EXIT,

OuUMP,.0.

GRUMP,

.1.'n.nnn;)n.ﬁnnn‘\

PRNGRAM DISTILL(TAPES=1S,TAPEG=16,0UTPUT=TAPES)
LOGICAL FIRST1.FIRST2

COMMON/ COSTS/CSPCAP ,CSPOP,CSPEFF,

SCHXCAP CHXEFF,

$C°CCAP,CPCOP,CPCEFF,

$COLCAP,COLEFF,rSRCAP ,CSREFF,

SCRACAP ,fRANP ,CRBEFF, :
SCCNCAP,,LCMOP,CONEFF,

$SCTCAP.CTOP,CTEFF.CLABR, WORKERS,

$XMST MAINT.ODEPRINVEST,LTAX, INSUR,TAYX, CFACTR
COMMOM/DATA3Z LCOX ,MODE(30) :
COMMCN/¥ATCH/NOPAR (1) JNAMEPA(3) ,ORVAL(3),
SABOUMD (3),8B80UNCt3I Y, IMFL, ITAG

COMMCN /CNOTA/DELQ.UCND.THOT, A(ND.NUH CHQATE-CAPIYL-OP‘RB EFFCST
COMMGCN  /DLDTA/POTD.TOF,TD3,TDT,

$B8yDsFDO 4R,

SXT YT, TSLOPE +TINT,

SRSLOPE ,RINT,

$SSLOPE,SIMT, .

SYY s XFMINJYFMIN,XFD,YFO,YRS,

SDLSTAG ¢SSTAGE ,OLDI AV, DUMGHT,

SRATIL ¢ ANVOL +RMIN.RRATIILREFLUX

CAMMNTN /HXDT&IYS?EAN.A“X.NNK.OELQRBIr
SAPC  NPC,TCAOPC,CWFRPC,IDELIPC,.

- $ARB.NFB.STFRRQ,DEL QRB2,

_)555

$ASR NSR,DELASTR,

SACNNONSTCROCNCWFRCNSJELQEN

CNHMMCN /INPUT/EMY,F, RFDACY TCWAl,XF, xo FlRSTl.FIRSTZ
COMIACN /DAL MNS/PAR( 3)

COMMNON /SPNTA/PS. TS TS8., YST.

$GS oGO,y STFRSP,

‘SPSLOFOSPINYC

SXL L YG,

$SPSTAGSPIIAM,SPHGHT,

$QATSP

C3"“UNID:TAI*H(7l.MIDHAV,CPU(S) F9L(2).
REAL MATMNT, INVEST.ww . M5

CUNNECT F2R INTEQRACTIVE USE.

CALL CONYECTI(S)

CALL CCMNELT (6)

PROGRAM NISTILL CESIGNS EFFICIENT ETHANOL/WATER OISTILLATINN
SYSTEMS SMPLOYING VACUUM NDISTILLATION AND DUAL CCLUMN VAPOR
‘REUSE MFTHIDS. OPERATIONAL PARAMETFRS ARE [NPUT THROUGH THE
MAIN PPNGRAM, QESIGN IS DEVELOPED RY SUBROUTINE DISTL AND
(PTIMIZEND RY E06JBF (A VAG LI3RARY QPTIMIZATION ROUTINE),
THIS PRNGRAM MUST RC LYNKEO WwITH THE NAG LISRAPY nvrtn!larrou
PACKAGE Tu RUN,

FOR FURTHER DETAILS. SEE 2ETHANOL DISTILLATION TECHNOLOGY>
IN THE ETHANCL <F°AQAY(OM HANDANOK (AVAILABLE FROH TH‘
SOLAR FNEQSY RESEARCH INSTITUTE).

CGNTINUE
N= |
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lOlO

1022

1024

‘1030
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Iy

1063

1050

1062

1070
10972

1005
1099
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IMFL=] )

WRITE(6.1000)

FORMAT(//,® ENTER THE ANNUAL PROJDUCTION RATE (MILLIONS NF L)*)
READ(S5,1010) PVCL

PVOL=PVNLE1 000200,

WRITE(6.4) PVYAL

4 FORMAT(® PVNLE®,Fl6.3,¢ LITERS PER YEAR®)

FORMAT(FL1S.7)

WRITE(6.1220)

FORMAT (® ENTFR THE FEED ETHANOL WEIGHT FRACTIONO)
REAN(5,101J) WTFRAC -

WRITE(61022) WIFRAC

FORMAT (» FEED WE IGHT FRACTION-O FS5.6)

FETOH=PVOL 0. 8%C.95¢1023. /(330.024.)

F2FETON/WTFRAC

FAdT=F=FETOH

WRITE(6.10324) FETNHLFHTR

FURMAT({® FEED ETHANOL (G/HRI=®,F12.2,¢% WATER=%2,F12,2)
FORMAT (* 8,F 15,7}

hR!TE(b.IOAOl

FORMAT({® ENTER THE MARSHMALL STEVENS CNST INODEX®)

REAN(S,.,1010) MSI

FNARMAY (= ®8.F15.7)

WRITEL6,10592) mS

WRITE(E.1D5)

FIRMAT(® EMTER THE TEMOPERATJRE OF PP"CESS COOLING WATER (K)s)
REAN(S.1012) T7 .
WRITE(6.1070)

FIRMAT(® ®,F15,7)

WRITE(A.1289)

FNRMAT (e FXTENT OF DETAIL MEEDEN? (1-=9)s)

READIS.1J25) LCCK

FORMAT(T1)

FORMAT (e =,11)

DESIGN CONTACL FLAGSS
ALLCw 1 ZOLUMN DESIGN (MNDE24=0), FNRCE 2 COL (MNDE26=1).
OPYIMI2C (MTDE27=1), NESIGMN FOR SPECIFIED [NITIAL
PARAMETERS (MCIE2T=0).,

MGOE(261=0
MIDE(2 T =

ETHANUL AND wATFR PRIPESTY DATA,

MH(1)3646.37

¥a(2)=18.72

CPLiL)=) .82
CPLI2)=t.00
CPGIL) =406
CPG(2)=0,48
CP3(231=0,28
CoG(&) =0,22
CPG{S5)=0,2%
CPCCAP=],)
APC=0.0
NPCa0

DELWPC 2.0
CRBCAP=0.9
CONCAP=U.)
CHXCAP 2N 0

€SP AP=1,]
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COLCAP=0.)
HEATB=0.0 .
HEATB120.0"
HEATO130.0
HEATG2=0.0
HEATF1=9.9
HEATARB=0.0
BE TOH=0.9
AWTP=0.0
O1ETON=.0
026TOM=0.0
BlETOH=1,0
OlWTR=3.,0 . . -

C2wWTR=0.n0"

81 4dTR=20.0
XMSIaMST

C Fa (FETOH/MW ( 1))+ (FWTR/MA(2) )

XF=(FETOM/Mu (1)) /F

TCWi=T7

DEVELQOP OPTTIMIZED DESIGN,

CALL DESGN

19

[FUCSPEFF ST c0eCoANDCILEFF.GT o040, AND N .EQD) GC TQ S
IF(COLESF.ST J0.N.ANNLCSPEFF.£3.0.0) GO Ta 19 :
G TN 15 : . ‘ .

CNYPUTE ENTHALOY RALANCE FOR CGMPLETED OESIGN.

CASE 1. STEa™ STRIPPER NESIGN ONLY (NC DIST COLUMN)

JETNH=XL*FeMyw( 1)
BWTR=z2{l.~XL)eFamwy(2})
ClETNH=YGEGSevww( 1)
CluTR=(],~YG)eGSeMy( )

caLL ENYH°Y(O.-Q.-0.-ﬂ.oD..FETCH-FHTQ-T§T.l-0%oQV'HEAYARRD-_
CaLt ENT”°Y(0!ETON.Dlde.O..O.'O.oO.'O-.TST'3QOB.3V.H€ATGI)

CALL ENTHPY (0ee0esDe 000 ¢Jee3ETCH.3WTR,TSA, 1 +Q3B+QV.HEATR)
MCOE(L1)=t o : -
GoTn 25

IF(CSPCAP,GT.0.2) GOTO 1S

CASE 2. ONE DISTILLATION COLUMN NEENED.

 BIETNH=Y3saemi(1)

BlAdTR=(1,)=-XR}e0euy(2)
RETUH=YNEDs My {)
02aTR=(1.0=-xN]eNev 4( 2}

L caLL ENVHDY(O.oO.cQ.cO.oO.oFETﬂH.FUYR.TDF.f.QB-OVoHEATARﬂ)

15

CALL E"THDV(C-oCovO.cQo030o025704002W79JTnTcvaE'QVoHEATOZ’

CALL ENTHPY(N,,0. e0e03e '3.'8!5T0H08|VY°'TDB.I'QB'QV'HEArBl,’ »

MODE(11a?2
GOTN 25

CASE 3. DISTILLATION CILUMN AND STEAM STRIPPER REQUIRED

BETOH= XL®(F=GS)ewW(])
AWTR=( l.=XL ) ®(F=5S )emMw(2)
ClETUH=YGsGSemw ()

OlWTR= (1.=vG)eGSeMW( 2)
BLETOH=XReI e uy(])
BlWTR=(1.~-XB)egenw {2}
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02ETOH=XO*DeMWI 1)

02WTRs (l.=XD)®0eMW (2) :

CALL ENTHPY (0406 ¢00c9DevOcyFETOH,FWTRyTSTy1,08,QV,HEATARSB)
CALL ENTHPY (OLETOH O1¥TR90090000c¢Tee0eeTST3.0B,QV.HEATOL)
CALL ENYHPV'OOOOOOOQ.ooOOOOBETOHDBUYR.rSBOIQQGQOVQHEAta’
CALL ENTHPY(0c¢9¢100+0ce0ecOLETOM,OIWTRsTNF,1,08,QV,HEATFL)
CALL ENTHPY (00000006 +0c¢deeN2ETOHO02WTRTDT.1,QR.QV, HEATN2)
CALL ENTHPY (0o 90e9 00 ¢0es0e¢BLETON,BINTR,TNA.1,38,0V,HEATS])
MODE(1)=3 . :

COGNT INUE

PRINT THE RESULTS.

TITLE=6H MAIN
TITLE=6H

IF(N.EC.2)

Z2NO -

wRITE(6+30) TITLE,ANVOL
IF(CSPCAP,EQ.O0.C) GO TG 95

WRTITE(6.120)
WRITE(6,110Q)
wRITE(A12])
FKXGM=F /1700,
WRITE(6.130)
weITE(A,140)
ARITE(6,150)

SPSTAG
SPOIAM, SPHGHT
sPsLopP

FKGM
TST
XF

GSKA“=GS/1000,

WP ITE(64170)
WRITE(6+180)
wR ITE(64190)
WRITE(6+23010
WRITE(6,210)
WRITE(64223)
WRITE(64233)
WRITE(6,250)
WP ITE(£&,240)

[F{MUDE(1).EQ.1)

WRITE(A,270)
WRITE(6:230)
We[TE(6,271
WRITE(K43N0)
WRITE(A,395)

- WRTTE(6,307)
FAKG¥=2FD/1609.,

96

93

wRITE(K,310)
W LTC(64220)
wRITE(A,330)
3KGu=n /1230,
WRITE( L340
WRITE( 6,250}
WRITELhe250)
OKG™=N/19N0 .
WRITE(6.370)
KO {TE (4,33
WRITE(6,330)
WRITE(H.4)0)
WRITE(64412)
WRITE(6:2R))

"DBKG¥=FKGM=G SKGM

DAKG™
rse

Xt
GSKAM
757

YG
CSpcar
CSPEFF

GOTN 96
DLSTAG+SSTARE
DLOTAMOLHGHT
PN

RATOL

REFLYX/ 1030,
RRATIOQR¥IN

FOXGM
TOF |
XFC

KM
A fo]:]
X8

DKGM
Tor
xn
cotcar
COLEFF

GATN(I1L,37,93), MUNE(L)

WRITE(64,420)
WRTTE(Khea25)
WRITE(6s430)
WRITE(Kh.440)

AHX , NHX
DELQRAL
CHXCAP
CHXEFF
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WRITE(6,260)

WRITE(64450)
WRITE(64460)
WRITE(6,470)
WRITE(6.475)
WRITE(6,489)
WRITE(64490)
WRITE(6.500])
WRITE(6,260)
WRITE(6.750)
WRITE(6,752)
WRITE(6.755)
WRITE(64750)
WRITE(6,770)
WRITE(6.780)
WRITE(6,260)

APC NPC
CWFRPC
TCWOPC~-TCWI
DELGCPC
cPCCcar
cecoe
CPCEFF

ASR,NSR
DELGSTR
STFRS P
CSRCAP
cseap
CSREFF

GaTQ 900

IF(CRBEFF.LE.N.C) GOTO 98

WRITE(6,510)
WRITE(6+520)
WRITE(64525)
WRITE(6,530)
WRITE(6.540)
WRITE(6,550)
WRITEL64250)

WRITE(6,560)

T WRITE(6,573)

WRITE(6.580)
W[ TE(6,535)
wWRITE(6.590)
WO ITE(4+400"
WRITE(6.610)
WRITE(6.250)

ARS ,NRS
STERRS
DELQIRB2
crgCcar
CRBCP

CRBEFF

ACN,C™M
CwFACN
TCWOCN=TCWI -
JELQCN
ceNcare
ceNap
CCNERF

© 910

900 GGTA(910,920, 9301. nGOE(x)
TCwFR=0.0
. TSTFR=STFRSP :
" TCTCAP=CSIC AP+CSPCAP
TCTNP=CLARRS(CSPCD
TCTEFF-CLASROCSREFFOCSPEFF
GCTG 959 o
TCWFR=CWFRCN
TSTFR=STFARE
YCTCAP-raLCAaornﬂrAOoc'ucnp
TCTOP=CLARR + CRENP (L NOP
tcrcherAanocoLssﬂoccusFF.cpaeF:
‘GATU.9%)
TCWFR=CWFRCNSC wE R
TSTFQ=STERRI+STFRSP
TCTCAP=CTCAP
TCcToP=CTAP
- TCTEFFsCLARRSCTEFF

950 WRITE(6¢520) TCWER

TSCHCS T=CPCOPerrNDD

TSCaPL=TSCWC STZANVOL

929

930

WRITE{6,625)
WRITF(6.630)

TSCWEST,TSCWPL
TSTFR :

TSSTCST=CSPOP+CRBAP
TSSTPL=TSSTCST/ANYNL

WRITE(6.632)

WRITE(6,633)

- TSSTCST ,TSSTPL

WORKEKRS

CLABRPL=CLABR/ANVNL

WRITE(6,635)

CLASR,CLABRPL
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90

100
110
‘120
130
1640
150
170
190
19¢C
220
210
229
239
252
260
210
2%0
299
300
305
307
310
323
330
340
159
3590
370
380
390
400
410
20
425
. 430
60
659
460
70
675
480
499
SCO
510
529
525
539
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TCTOL=TCTCAP 7ANVOL

WRITE(64640) TCTCAP,TCTPL

TOPPL=TCTAP 7 ANVCL '

WRITE(6.650) TCTOP,TOPPL

TEFFPLSTCTEFF/ANVOL

WRITE(6+5460) TCTYEFF.TEFEPL

WRITE(64960)

FORMAT(////,%00 YOU WANT T3 RUN ANOTHER CASE (0=NO. 1aYES)$)
READ(5.965) 10N

FORMAT(I1)

FIRST1=,TRUE.

FIRST2s,TRUE., :

IF(100.37.0) GGTO 5555 5 _
FORMAT(///411XeAbe® DISTILLATION TRAIN®,5X.F10.1.8 L/YR CAPACITY®,

$//7)

FORMAT{* STR{PPING COLUYN., STAGES2#,F10.5)

FIRMAT (18X # DI AMETER38.E15.5,8FT, HEIGHT=#,E15.5,8FT.*)
FORMAT (13X, *SLOPE RATIO=%,E15.5)

FORMAT (18X #FEEL FLOW QATE=®,E15,5,8 KG-MOLE/HRS)
FORMAT (18X ,#FEEC TEMPERATURE=%,F10.5,80EG-K*)
FORMAT (19X, ®XF 22 ,E15,.5) -

FORMAT (18X, #BNTTOM FLOW RATE=¢,E15.5,¢ KG=MOLE/HR®)
FOR%AT(1AX,%80TTOM TEMPERATURE=®,F10.5,% DEG=K® )
FORMAT (18X, XL 2¢,£15,5)

FORMAT (18X, #PRODUCT FLOW RATE=®,E15.5,8 KG=MOLE/HR®)
FORMAT (18X, ®PROCUCT TEMPERATURE2®,F10,.5,¢ DEG-KS®)

FCOMAT (18X *Y5a8,E15,5) -
FCRMAT (1AX,*CAPITAL CNST=2$8,E15.7)

FORMAT (19X, #EFFECTIVE £OST=88,E15.5,8 PER YR, #*)
FOQRMATY(///7) _ '

FORMAT (& DTSTILATION COLUMN, THENRETICAL STAGES=%.F10.5)
FORMAT(21XoSDTAMETER 29, E15.5.8FT. HEIGHT=# . EF1S. 5, 8F T, &)
FORMAT(21X ¢ $PRESSURF2€,F10.5,84M HG.*)

FIRWAT (21X, #SLIPE RATIQ*®,E15.5) A
FIRMAT 21X+ #2FFLLX FLOW RATE=%,E£15.5,¢ KC~MOLE/HR®)
FORMAT (21X, #REFLLK RATIN=%,FR,5,% RM[N=%,FQ_ 5)
FORMAT(21Xe#FEEN FLOW RATE=®,E15.5,% KG=MALE/HRE®)
FORMAT(21X,#FEED TEMPERATURE=®,F10.5,8 DEG-K®)

FORMAT (21X, 8XF =8, E165,7}) '
FORYAT (21X #3NTTCY FLOW RATE=®,F]5.5,8 KG-MOLE/HR.®)
FORYAT(21X,%20TT0M TEMPERATURE=#,F10.5,8 NEG-Ks)
FCRYMAT{21X.®X828,E15,7)

“FORMAT(21X,®00°0UCT FLOW RATE=#,£15,5,KG~MOLE/HR, %)

FIRMAT(21X,%0R0NYCT TEMPERATURE=®,F1N.5,% DEG=K*)
FORMAT (21, ®#XD2a,E15.7) :

FARMAT (21¢,#CA0{TAL CNST=88,E15.5)

FCRMATI2IX 8 EFFSCTIVE COST238,E15.5.,9PER YR %) :
FCRAMAT(® HEAT EXCHANGER, AREA=®,E15.5,6S0.FT, NUMBER=S, [4)
FORMAT (16X #NDELTA N (KCAL/HR 128,E15,.5)

FIRUAT (16X« #CAPITAL CNST=48,E15.5)

FORMATUL6X, *EFTECTIVE COST=3%,E15.5,% PER YR.®)

FORYAT(® PNST-CONL . AREA=®.E15.5,850.FT. NUMRER=®, [4)
FIRMAT (11X, 8CONLING WATER FLOW RATE=®,E15.5,9KG/HRS )
FORMATI1LX,#CODLING WATEX TEMPERATURE RISE=®.F10.5.20EG-K®)
FIRMAT (11X #DELTA Q (KCAL/HR)s®,E15.5)

FORMAT(LIX,9CAPITAL COST=S®,E15.5)

FCRMAT (11X, *COOLING WATER COST=$8,E15,5,40€R YR, %)
FORMAT(LIX.®EFFECTIVE COST280.E15,5,% PEP YR, )
FORVAT (® RFRQILER, AREA=®,E15.5,8SQ.FT, NUMREK=s, 14)
FIRMAT (13X #STEAM FLOW RATE®®,E]15,5,8KG/HR®)

FORMAT (13X, ®DELTA Q (KCAL/HH)I=®,E15.5)
FORMAT(10X,9CAPITAL COST=$8,E15.7)
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540 FORMAT(10X,®STEAM COST=48,£15,5,* PER YR,*)
S50 FORMAT(13X,%EFFECTIVE COST=3$8,E15.5.% PER YR.*)
560 FORMAT (® CONDENSERe AREA=8,E15.5,#S0.FT. NUMPER=s, 14}
570 FORMAT{11X,oCOCLING WATER FLOW RATE=®,E15.5,8KG/ HRS)
580 FOR4AT(11X.*CCOLING WATER TEMPERATURE RISE=®,Fl0.5,*0EG~X*)
585 FORMAT{11¥,sOELTA Q {KCAL/HR )= ,E15,.5) :
590 FORMAT(11X,8CAOITAL COSTss®,£15.5)
600 FIRMAT(11X.*CINLING WATER COST=3¢,E15,5.,¢ PER YR.®)
610 FORMAT(11X,®EFFECTIVE COST=3%,E15.5,¢ PER YR.&)
620 FORMAT(e SYSTEw, TQOTAL COOLING WATFR FLOW 28 ,T38+F10.1+8KG/HRS)
625 FORMAT(AX.sTQOTAL COOLING WATER COST=%¢,T739,F9.1,% /YRS,
$TSS.FA.6,¢ /L®*)
630 FCRMAT({8X.$TNTAL STEAM FLOW RATE=S® ,TI38,F9,1 ,8KG.HR . *)
632 FORMAT(3X,#TCTAL STEAM COST=3%,T38,F9.1,% /YRse,
$T55.FQ 7,8 /L®) ’
633 FORMAT(2Y,8( 480 REDNUIPEMENT {WORKERS/SHIFTI=® ,F6,2)
635 FORMAT (ax,® ABQR COST=s#,T38,F9,1,= /YRs,T55,
$F9,T,.% /L*) . S
660 FORMAT(SX,®sTNTAL CAPITAL COST=39,T38,F9.1,
$T55,F9.7.¢ /Le) '
653 FORMAT(IX.#TOTAL OPERATING COST=2$%,T38,F9.1,.8 /YRs,
$T55,F9,7,% /Ls})
660 FCR‘AY(RXO.YOYQL EFFECYIVE COSYSt‘.f38-F9.Io‘ /yYas,
$TS55,F9.7,& /L®*} . : :
750 FORMAT(® STQ[PPER QAFAGILER, ARFA=#,E15.5.85Q.FT. NUMBER =%, 14 )

752 FOQWAT (20X.3QELTA .3 (XCAL/HR)=8,£15,5)

755 FGR%AT (20X, *#STEAM Fi Cw RATE=z®,£15,5,8KG/HR® )
760 FORWAT (70X, ®CAPITAL COST=s2,E15.7) :
770 FORMATIITX,#STEAY CNST=$8,E15,.5, #PFR YR.®}
TRQ FORVAT(20X,sSFFECTIVE 20ST=$#,£15,.5,80€R YR.¥)
RETURN - ’ :
END

SUBRQUTINE ENTHPY( MaSS1 »MASS2, ”‘SS3."ASS‘:HA5559
C SMASS11.M8S522. T IPHASE,QR,3V D)

COMMON /DATA/ MW (2) ,¥IOWAY,CP515) ,CPLL2)

COMMCN/DATAY/ LNROK.¥QDC (39)

REAL MwyMIQWAY,“ASS] ,“ASS2,44553,MA554,MA555

REAL MASSI1,MASS22,LHFATL.LHEAT2 . HSOLNT

SUBRJQUTINE ENTHPY CNUOUTES THE ENTHALPY NE A STRFAW
GIVEN LIQUID ANDT VAPGR FLOW RATFS AND TEMOERATUPE,

08=0.0
Cvs=C.,0
IF LIPHASE.GT,.2) GNTn 25
HEAT11swASS11eCPLI1)®(T=-273.15)
HEAT22=%ASS22¢COL{2)8(T=273.15)
OBsHEATLI1+MEAT2)
IFIPHASE.EQ.11GOTN S0

25 CALL LHVAO(273.15,LHEATL,LHEAT2 ,HSOLNT)
HEATLa(LNCAT L1o(CPGILISUT=-273.15)))emasS]
HEAT2m (LHCAT2¢(CPG(2)9(T=-273.15)))8waSS2
HEAT3Im (MSIU110(COGII)@IT=273,15)))ema5]
HEATL2CPGl&L 1 8(T=2T73,15)8ma554 -
HEATS=COPA(S)®(T=273,151emAS5SS
QVRHEATIOHEAT24HEAT3 eHEATLeHEATS

53 C=Q8eQvV
KRE YURN
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540 FORMAT(10X,#STEAM COST=$8,E15.5,% PER YR.®)

550 FORMAT(13X,*EFFECTIVE COST=$%,E15.5,% PER YR.*)

560 FORMAT(® CONDENSER. AREA=#,E15.5,8S0.FT. NUMEERae ; 14)

570 FORMAT(11X,#COCLING WATER FLOW RATE=#,E15.5,¢KG/HR®)

580 FORMAT(11X<®CCOLING WATER TEMPERATURE RISE=®4F10.5¢ *DEG-K#)
585 FORMAT(L1X,#DELTA G (KCAL/HR)I=®,E]S.5)

590 FORMAT(11X,8CAS{TAL COST=$®,E£15.5)

600 FIRMAT(11X+#CONLING WATER COST=$8.E15.5,% PER YR.s*)

610 FORMAT(11X,*EFFECTIVE COST=$%,E15.5,% PER YR.#*)

620 FORMAT(® SYSTEw,
625 FORMAT(RX.®TQTAL
$TS5S,FQ.6,% /L®)
630 FCRMAT(8X,*TATAL
632 FORMAT(9X,sT0TAL
$T755.F9,7,8 /=)
633 FORMAT (9Y,s( AB(Q
635 FORMAT (ax,*| ABQOR
$F9 . T.® /%)
660 FORMAT(SX,*TDTAL
$T55,F9.7.¢ /L)
650 FORMAT(IX.*TOTAL
. $TS55,FQ.7,% /L»)
660 FCRYATI(ARX,sTNTAL
5755959.7.‘ ,L"

TOTAL COOLING WATER FLOW =2%,T738,F10.1,4KG/HRS)
COOLING WATER COST=$%,T39,F9.1,% /YRS,

STEAM FLOW RATE=S$®,T38.F9.1.8KG.HR. #)
STEAM COST=3%,T38,F9.1,% /YRe,

REQUIPEMENT (WORKERS/SHIFT)=%,Fg.2)
COST=3#,T38,F9.1,¢ /YRe, TS5,

CAPITAL COST=$%,T38,F9.1,
OPERATING COST2$3.T38,F9.1,% /YR,

EFFSCTIVE COST=$%,T38.F9.1.¢ /YRe,

750 FORYAT(e STR[PPER RFAGILER, ARFA=®,E15.5.8SQ.FT. NUMBER=s,[4)
752 FORYAT (20X, #0ELTA 9 (KCAL/HR)28,E15.5) :

755 FORWAT (20X, #STEAM FLCW RATE=#,E15,5, ¢KG/HR* )

763 FORVAT (70X, #CADITAL COST=$8,E15.7)

770 FORMAT(INX, #STEAY CNST=3&,E15,5,8PER YR, #)

TRQO FORMAT(20X,#EFFECTIVE CNST=$8,515.5, #0€R YR %)

 RETURN
-END

SUBROUTINE ENTHPY(4ASS],MASS2,MaS53,MASS4,MASSS,
$MASS1],MASS22, T, [PHASE.QR,QV,.J}
COMMON/DATA/MW{2), YIOWAY,CP55),CPLI2)
COMMCN/DATAY/ LCOK,¥0DE(30)

REAL Mw,™{QWAY ,MASS] ,MASS2,4aS5S3,MASS4,MASSS
REAL MASSIL,MASS22,LHFATLLHEAT2.HSOLN]

SUBRJQUTINE ENTHPY (Cnuoyres THE ENTHALPY NF A STREAM

GIVEN LIQUIO AND

QB8=0,0
Cv=7.0

VAPGR FLDOW RATES AND TEMOERATIIPE,

IF{IPHASE.GT,2) GNTN 25 .
HEAT]11avASSL1eCPLI118(T=273,15)
HEAT22=MASS22¢COL(2)e(T=-273,15)

OB =NEATIL+HEAT?)?

[FUIPHASE.EQ.1IGOTN S0 E
25 CAaLL LHVA’(2735!5-LHEAT1oLHEATZoﬂsolNl)

NEATI!‘LHEAYI*!CPG(Il‘(Y-273.lS)))‘"ASSl
HFATZS(LHCATZO(C°G(2)‘(7-273.15")"ASSZ
HEAT3& (MSOL ILe(COG(II®(T=273,15)))emas5s3
HEAT42CPG(4 ) &(T=273, 15)emASSS
HEATS5=CONR(5)e(T=-273,15)1eMASSS
QVSHEATIONEATZOHEAT3OHEAYAOHEATS

53 C=Q8eQvV
RE TURN
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END

n(hﬁﬁ

SURROQUTINE LHVAP(T.LHEATI,LHEAT2,HSOLN1)
- COMMCN/DATA/MW (21,41 DWAY,CPG{S),CPLL2)

COMMON/NATA3/ LOCK.MODE(30)

RE AL "H_.HlD“Av'LHE AT lILHEATZIHSOLNl

LHVAP COMPUTES THE HEAT OF VAPORIZATION (QR SOLUTION)
OF ETHANOL, WATER, AND CO2, AT THE SPEC!F(ED YEHPERATURE.

N0

LHEAT121.187‘516.2‘(7.08‘((1.0-(T/516.2))“0.356!0
+{10.95%7.635¢(11.0-(T/516.2)1%20.456))) .
LHEATI =LHEAT 1 /Mn(1) ) ’
LHEAT2=1.937%647.1%(7.08%( (1., 0-(7/667 11)se0, 356!0
+(10.95%0,3438((1.0-(T/647.1)1)%90.456)))
LHEAT2=LHEAT2/%n(2)

HSOLHN1=(4900/44.01)=-CPG(3)1%(298., 1-273. lSl

RETURN

END

OO

Fuwcrtow ENTLP (MFREV,MFRWV,MFREL,MFRWL,T, xPHASE.OL.QV)
CUMMQON /DAtA/nutzl.*IUHAY.CPG(S).CﬂL(Z)
COMMON/NATAI/Z LCCK MODE(30)

. PEAL MwW,MWETH,MuH2N

" EQUIVALENCE (MNETH,.MW(1)),

SIMWH20 ,MW(2))
REAL MFEREL, HFRHL.MFRFV.NFRdV.LHEAYE.LHEATH
Cv =0.0 .
oL =0.0 B
IFLMOT UIPHASELLEL2)I1GOTO 30000
HEATEL =MFREL=®CELIL1)®(T=273.15}
HEATwWL =MFRWL®CPL(2)8(T=273.15)
QL =HEATEL+HMEATWL

30030 CONTIMNUE
IF{ NOT. (IPRASE GF . 2)163TN 30002
CALL LWVAP (273,15 ,LHEATE,LHEATw, HSOILN)
HEATEV SILHEATES{CPG{L)®(T=273,.15})))euFREY
HEATWV. =(LHEATW4{COR(2)®(T=273,15) ) )amfawy
v =HEATEv0HEAva
INCC2 CONTIMUE

ENTLP =QVveQt
RE TURN
END

(s N N2 kel

FUNCTICN FTUM{THGTI.THOTO, YCLO!-ICLDO.N!

THF LMTD CDFRECYION FACTOR,

BECAUSE TRUE CIOUNTCR-CURENT HEAT EXCHANGE IS DlFFlCULY
‘TO NBTAI%, THE LCG-MEAN TEMPERATYRE MUST PE CORRECTED.
THIS RCUTINF COMPYTES THE CORRFOCTION FACTOR. FROM THE INLET-
CUTLCT TEMPERATUARF AND THE NUMBER. JF SHELL PASSES. FOR
MORE DETAILS, SEE KERN, PRNCESS HEAT TRANSFER, P [55.

OO OO Ny
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COMMCN/DATA3/ LONK ¢MODE{ 309
DELHOT =THATI~-THCTO

‘DELCLO =TCLDO-TCLD!

IF{ cNOTo{DELHOTEQo0.0-0RLOFLLCLD.EQ.0.01) GOTT 30000
IF(NOT,(DFLHOT,FQ.DELCLDY) GOTO 3000

FTLM =1.0

GO TO 36001 :

P2OELCLD/(THOTI=TCLOT)

‘REDELHOT/OELCLD

XxP/ (N=-NsO+D)

Fl=(X®SORT{R*Q+1.))/{la=X) ' '
F2=ALOGI((2./X)=1.~R +SQRT(Q8R+], )i/((2./!1-1.-R—SQRT(R'R#[ "Ny
GNTO 37091

CONTINUE '

P =DELCLD/(THATI=-TCLOI)

R =DELHOT/DELCLC

C =2((1.,0-ReP)/(1.0-P))ee{]1,0/N)

X 2({1.0=G1/(R=G) '

TERM =SORT(R®R+1.0)

Fl =TERM$ALOC((1.0-X)/(1. o-n-x»: .
F2 =(2.0-X8(0¢1,0=-TERM})/({2.0-X®(R+1.0+TERM))
IF(.NOT.(F2.LEL.1.0)1G0T0N 30003 .

FTL™ =0.01

GC TN 3CI06

CONTINUE

F3 =(R-1.J1%aL0G(F2)

FTLM sF1/F3

CONTINUE

CCNTINLE

RE TURN

END

FUNCTION CNCSTITCWA)

CUMPUTES EFFECTIVE YEARLY COST OF A CONDENSEPR
AS A FUNITINN 2F CTCLING WATEP NUTFLOW TEMGERATURE

COMMCN /CNNDTA/DELQ L UCHNDoTHOT ACND,NUM,CWRATE, CAPITL.OP:R& EFFCST
COMMCN /CNSTS/CSPL AP LLSPIPLSPEFF,

SCHXCAP ,CHXEFF,

SCPCCAP ,LPLUP.COCEFF,

SCOLCAPCOLEFF CSRCAPLCSREFF,

'$CR8CAP,CR30P ,CRAEFF,

SCOCNCAP LLONCP LONEFF, o . :
$CTCAP,CTNO,CTEFF ,CLABR, WORKERS, :
SX%SI.MA[NT-OEPG INVEST.LTAX, INSUR,TAX,CFACTR

COMMCON/DATA3/ LNNK.MODEL3D)

. REAL MAINT, INVEST

R Ea X sl

YOV 0N

O

CNMMON. /INPUT/EMV, FoRFRACT «TCWI o XFo XN FIRST1.FIRST2

DESIGM CONDENSER ' |

CALL HYCNG (0FLQ.463..THOT.THOT.TCRI.YCHO.ACNO.NUN9CAPITL)
CALCULATE CORLING WATER FLOW RATE AND COST

CALL CWCST {DELQ.TCWAN-TCWI,CWRATE,OPERE)"

CALCULATE EFFECTIVE YEARLY COST FOR USF IN MINIMIZATION
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EFFCST =0PERB+CFACTRSCAPITL

c SCALE CNST FCR COPTIMIZATION ROUT!NE
CNCST =€FFCST/10000.

RETURN

END

\]

OO0

SUBROUTINE CNOSR (Q'UoT.fCHQoAPEAoNUNBERvRATE.CAPCST.OPCOST.CSTEFF
$) : _ : :
COMMAN /CNDTA/CELDSUCND S THIT (ACNO (NUUM CHRATELCAPITL .OPERSEFFCST -

COMMCN /INPUT/EMV,FyRFIACT,TCHI  XF, XD, FIRSTL,FIRSTZ

COMMCN/DATA3/ LOGK 4MODE (30}

EXTERNAL CMCST

CNDSR FINDS THE MINIMy“ COST CONDENS‘R DESIGN USING CNCSY AS.
MINIMI2ED BY ZERC..

AMan

IF{.NOT.(Q.LE.J. O!iGOTO 30000
WRITE(6410)
10 FORMAT (/21H CNOSR?2.Q LESS THAN 0)
210090 CONTINUE
IF(.HOT.(T.LE.TCRI))GOYU 30092
WRITE(6,2
23 FORMAT (/26H C“PSR? T LESS THAN TCWI)
32002 CONTINUE
IF{eNOT e LELDaN.OR.TLLE, YCHl)lGOTO 30006
STCo
30024 CONTINUE
DELQ =G
UCND =y
THOT =71 .
INITIAL GUESS FCR COCOLING WJATER EXIT TEMP
TCAN=TCAI+0. 91 ¢(T=TCWI])
Tl&0 -Z‘QG(CNCST TCWO2410E=3,TCWl o To,6HCNCST )
AREA =ACND
NEJMI.ER =MIIm
RATF =CWRATE
CAPCST =CAPITL
NPCOST =QPERRA
. CSTEFF s€FFCST

Y

RETURN
_ END
g
"
2
r S
BLGCK DATA CNOTA
- DATA FCR CONDENSER QPTIMIZATINN ROUTINES
;
’ COMMON /CNDTA/DFLO,UCND, THOT s ACND,NUM,CWRATE,CAPITL ,OPER,EFFCST
DATA CWRATE /0.0FEQ/
END
c
3
c
"

"BLOCK CATA COSTS
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CAPITAL AND OQOPERATING COST FACTORS

COMMON /CISTS/CSPCAPCSPOPLCSPEFF,

SCHXCAP sCHXEFF,

$CPCCAP ,CPCOP,CPCEFF,

SCOLCAP CILEFF.CSRCAP CSREFF,

SCRBCAP ,CRAOP,CRPEFF,

SCOCNCAP ,CCNIIP 4 CONEFF, .
$CTCAP.CTI?,CTEFFLCLABR.WORKERS,

$XMS ] oMAINT ,DEPR,INVEST, LTAX, INSUR,TAX,CFACTR
REAL MAINT, INVESTLLTAX. INSUR

LOCAL TaAXx RATE

NDATA LTAX /0.03/

INSURANCE RATE

DATA [NSUR /0.01/

EQUIP MAINT -COST (FRACTION OF PURCH. COST/YEAR)
DATA MAINT /3,06E0/

DEPRECIATINN FACTNAR (1R YEAR PLANT LlFE)

DATA DEPR /0.0SS6EC/

MINTMUY ANNUAL RETURN JN INCREMENTAL INVESTMENT
DATA [NVEST /0.15E0/

TAX RATE

DATA TAX /0.SEN/

MARSHALL=-STEVENS COST INDEX

VDATA XMS1 /T717.CEQ/

END

FUNCTIGN CRCSSIX)
FIND INTEQRSECTION NF PlNCH TANGENT LINE AND EQUILIA

COMMON /DLDTA/PC,TD,TODF, TDB.TDTo
58000‘009v
$XT YT, TSL"PFan’\Tv
SRSLNPE 4RINT,

$SSLNPE LSINT,
$XB ¢ XFMINYFMIN,XFD,YED,YRS,
SCLSTAG o SSTACGE +NLNTAMOUMGHT .
$SRATNL, ANVOL , %(* ,ARATID,REFLUX
COMMCN/DATAY/ LONK .MONE(30)
YTAN =TSLAPESY+TINT
[MIM=1,.0/710(1, OIYSLO°E|-I.0)
YFMIN =vyTay

CALL B0OPT™ (0PN,TC, X, YFUIN,])
CANSS ={YEMIMN=YTAN)®]1ID,

RE TURN

END

1

SUBRCQUTINE CWCST (DELJ,DELT,RATE,COST)

CALCULATE COMLING WwATER FLOW RATE AND YEARLY COSY
FIR A HMFAT EXLHANGEP

COMmMCr /COSTS/CSPCAP,CSPOP,CSPEFF,
$CHXCAP ,CHYEFF,
sCPCCA®P,CPCNP,LPCEFF,

CURVE
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SCOLCAP ,COLEFF,CSRCAP,CSREFF,
$CRRCAP,CRBOP ,CRAEFF,
$CCNCAP,CCNOP ,CCNEFF,
SCTCAP,CTOP,CTEFF,CLARR. WORKERS,
$XMSI MAINT,DEPR,INVEST, LTAX, INSUR, TAX,CFACTR
COMMCN/DATA3/ LCNOK,MUDE(30) ’
REAL MAINT, [NVEST
COMMCN /DATA/MN(ZD.MXDHAY.CPG(S!.CPL(Z)v*
REAL MW.MWE THe“wH2O 1
EQUIVALENCE (MWETH,MW(l)),
S{MAH20,4w(2))
" RATE =QELQ/ (CPL(2)*DELT)
COOLING WATER CCST ($/1000 GaAL)
WATCOST=.18 '
. Cosr =(Xn511569.01‘RATE‘Z‘-O‘JB0.0‘HATCOST/3785.0
RE TURN .
END

FUNCTION DELQ (RATE«XFRACT,TVAP,TLIQ)

CALCULATE THE DIFFERENCF [N ENTHALPY BETWEEN VAPOR AND
LIQUID STACLAMS NF [DENTICAL FLOW RATE (RATE IN MOLES/HR)
AND COMPOSITICN (XFRACT=MOLE FRACTION ETHANOL) .

COmMMCN /oan/nh(ZI,MIOdAY.CPG(S).CFL(Zl
COMAN/NDATAY LONK «MODE(30)

PEAL MW MwETH. MaH20

EQUIVALSNCE (MwFTH,MW(1)),

$(MWH20 .wW(2))

REAL MFRE,MFRwW

MERE aRATECXFIACT®MWETH/1030.0

MFRW =RATE®(]1,0~XFRACT)*MWH20/1009.0

CVAP =EMTLP(“FRE yWMFRW,0.0€67, C.0EQ,TVAP,3,QL +QV}
oL 1IN =ENYL9(C,OEH.O.OED.HFRE.AFRw.TLIOoloQL.QV)
DELQ =ABS(QvaP-QLIQ)

‘RE TURN

END

SUBROUTINE DESGN
CESIGN 0OF AN FTHANOL/WATER DISTILLATION SYSTEM

COMNCH /CASTS/CSPCAP CSPOPLCSPEFF.,
$CHXCAP ,CHXEFF, , .
$CPCCAP,CPCOP,LCPCEFF,

SCOLCAP (COLEFF.CSRCAP ,CSREFF,

$CRYCAP ,LRBNP,CRBFFF,

SCCNCAP . CONNO ,CCNEFF,

SCTCAP.CTNP CTEFF.CLARK,WORKERS,

SXMSI MAINT,DFPR Y INVFST,LTAX, INSUR,TAX,CFACTR
COMMCON/DATAY/ LOOK o MCGOE {30)
COMMON/MATCH/NOPAR (3) ,NAMEPA(3),ORVAL (3),
$ABOUND(3) .3RQUNCI3), IMFL,ITAG v
RE AL Lr:x;:msua.nnrNr.lnvssr.BL(S).eu(SD.~(70).x(5)

' S.DtLTAlS).HESL(XOSoHESD(lOleSTATE(S).G(Si ’

INTEGER IW( 7)ol IWeLw



(XS Xe)

o

nOoO

-127-

COMMCN /DLDTA/PD,TD,TOF,TDB, TDT,
$BeDcFD R

$XT YT ISLOPE,,TINT,

SRSLOPE (RINT,

ESSLOPFE #SINT &

$XA 4 XFMINSYFMINXFD,YFD,YRS,
SOLSTAGSSTAGE .OLDI A% DLHGHT,

$PATDL o ANVAL +RMINSRRATIOLREFLUX

COMMCN /HXDTA/TSTE AM JAHX ,NHX,DELQRBL,
SAPC «NPC,TCRCPC «CWFRPCL,OELQPC,
$ARB,NRR,STFRRA,NELQRB2,
SASR.NSP-ﬂELQSTR..

SACNNCNe TCHNCNCHFRCNLOELQCN

COMYON /IMPUT/EMV, FoRFRACT ,TCHI ¢ XFy XD+ FIRST1,FIRST2
COMMON /SPOT2/PS TS TSBLTST,

) ’GSvGDcerRSDV-
"SPSLOpoSDINTv

$XL+YGo

$SPSTAG, SPO!AM SPHGHT ,
SRATSP

EXTERNAL DISTL MONIT ,EQ4JBQ
LOGICAL LOCSCH

COMPUTE CAP!TAL CDST FACTQF

CFACTR 3(60l3/6.99).(LTA!O[NSUR‘*AINY’OEP°*[NVE§T/(1 0~YAX)3

INITIALIZE SCR COTIMIZATION

ITAG=1

CALL FUNCTUTFLAG HPAR,XoCISToGCo [Wol TWaWol W)
FIND MIM{MyM COST DESIGH

N0 37 [=],MPaR

BLE T 1=ASOUNN (1)

- 8uU{.[)1=880UND(Y)

37

2230
2219

2223

X{ I)1=CRvaL{])

CONTINUS

TEST DISTL AY STARTING CONDITIONS

. 1TAG=3

CALL FUMCTUIFLAG NPAR X,COST,GColm,sLIWoyw, LW)
WRITE(%,2200)

FCRMAT(® TFSY AT [NITIAL CONDITIONS COMPLETE,®)
WRITF(6,2210)

FARMAT (® G0 AN TN QP TIMIZATION? (1=YES.0sMO) . ®,/)
READ(S52222) MODE(27)

FORMAT (11}

IFIMONEL2T) ,£7.0) RETURN

CONTINUE

LGCKX =19

SET OPTIMIZATION CONTRAOL PARAMETERS.

IFAlL=1
IPRINT =1
LOCSCu=,TRYE,
INTYPF =0

K¥a xC AL #2000
ETA=0.1
XTOL=0.02
STEPMX 25Q03C.
FEST=3.5

DELTAL 1)=.00CO1
NDELTA(2)1=.091001
DELTAL3)=,00001
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LH=10

Liw=7

LW=T0
- ITAG=2

WRITE(6.5010)

FORMAT (& CALLING .€04JRF &)

WRITE(6,5020)NPAR, [FAIL :

FORMAT (& NPAR=e¢,12,s[FAlL=®,12) ' '

CALL EO4JBF{NPARFUNCT, MONIT, IPRINT, LOCSCH.(NTYPE.EO#JRQo
SMAXCAL eETA XTOLeSTEPMX s FESToDELTACO 8L BUsX+HESL oLH»HESD,
SISTATE ,VALUE sGoTw, LT WyW,LW,IFA[L)

IF({IFAIL.EQ.0) GNTO 42

WRITE(6.96) IFAIL

FCRMAT(//,® DIST. OPYIHIZATION FAILURE., [FAIL=%,12)

ITAG=3
CALL FUNCT(IFLAG.NPAR XoCOSToGCTWeLIN,W,yLW)

RE TURN

ENO

FUNCTICN DIFERLF, XC.NU"OXF'OIFI-D!F2 DELTl-XNlNoX*AX.NA*E)
EXTERNAL . F .

CIMPUTES VALUE ANO FIRST (aANN SECGNO) DEQIVAT!VE OF FIX) AT.X0

FIX0) IS RETURNED AS THE FUNCT!ONEVALUE lDXFER)

THE VALUE(S) OF THE DERIVATIVES ARE RETURNED [N DIF[ tann D1F2) -

NJMDIF IS THE NUMBEQ QOF OEQIVATIVES TO BE CNMPUTED (1 OR 2)
DELTA !S THE PEFTURRATITN USED . IN COMPUTING THE CERIVATIVES

CENTRAL D(FFEQENCES ARE USED FOR THF DERIVATIVES IF THE POINTS

- NEENED TO CNMPUTE THEM LIE WITHIN THE OPEN IMTERVAL {XMIN.XMAY)

OTHERWISE. FORWARN NR BACKWARD DIFFERENCES ARE USED
NAMF 1S THE NAME OF THE FUNCTICN F {IN HOLERITH)
CUH"ONIDATA}I LC”K.NOOE(BO)

IF(. NOT.(XNAX—?‘IN.{E DELYA»OELYA))GDTO 30000
WRITE(6+s1D)NAME

FORMAT (/53H DIFER? XMAX-XMIN LESS THaN Z‘D‘LTA (DIFFEQENTYATING

$36.1H))

STNP
CONTINUE

X1 =X0-DELTA

. X2 =XC+)ELTA

30004

30002

30005
30603

IFUNCT (X1 LELXMINY IGITD 30002
X1 =Xx0

GOTO 30003

CONTINUE
IF{.NOT.(X2.GF.XMAX)IGATO 30005
X2 =x0

CONTINUE

CONTINUE

DELX =x2-X1

Fl s=FiX1)

F2 =F(X2)

DIFFR =F(XQ)

DIF1 =(F2-F11/CELX

lF(.NOT {NUNMODIF.FQ.2)1G0TO 30007
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DIF2 a(F2-DIFER-DIFER+F1)/(DELTASDELTA)
CONTINUE

RE TURN

ENO

SUBROUTINE FUNCT{TIFLAG,NPAR,PARAM,COST,GCoTW,LIW N, LKW)

SUEROUTYNE FUNCT SERVES AS A BRIDGE BETWEEN THE DISTILLATION
DESIGN ROUTINES AND THE NAG MATHLIAB OPTIMIZATION ROUTINE
EQ4JAF .

COMMON/MATCH/NDPAR (3 ) ,NAMEPA(3),0RVAL(3),
$ABOUND(31BROUNC(3 ) IMFL,ITAG

REAL PARAM(3)1,GCI3),W(T79)

INTEGER IW(T)

COMMON /0LDTA/PD.TD.TDF,TD3,TDT,

"$8,0,FD R,

SXTo YT, TSLOPESTIAT,

'SFSLDPE RINT,

149

153

SSSLIPE LSINT,

$XA . XFMIN YEMIN o XED o YFU. YRS, -

SCLSTAG oSSTAGE ,OLIT AM ,DULHGHT,

SRATILANVGL +RMIACRRATIS.REFLUX
COMMCN/INPUT/EMVY F ,RFPACT ,TCWI 4 XF,XD,FIRSTY,FIRST2
COMMON/DATAI/LOOY « MODE( 30}

IF{LCCK.AT.3) GOTO &7
WRITE(6,149) ITAG :
FOARMAT (/. ENTERING FUNCT, {TAGz®.12)

WRAITE(&)153) NPAR,PARAM(L},PARAM(2),PARAM(3)
FORMAT(/o® NPAR=®.[2,80ARAYL=8,F12.7,8PA0AM2=8,F |2, 7,9PaR AN 3=,

$F12.7)

o7 CONTIMUE

200
205

215

210

IFUITAG.GT. L) 6OTN 400

ITAG=1, REAC IN PARAMETERS Fon GPTIMIZATION
LOOK X =L 00K

Loox =10

WRITF(6.200)

FCRYAT(® 2 QR 3 PARAMETER NPTIMIZATION?®)
wWRITE(6,2051

FORMAT(® 2 pARAM OPTIMIZATION MOLDS otsr PRESSURE FIXED®)
REAN{5,215) NPaR

FORMAT(T1)

FORWAT (& 8,11}

WRITE(A,210) NPAR

SET [NITIAL GUESSES annD BOJNDS FOR PaaAnErsns

MOPAR( L) =g
NAMEPA (1) =1 OHSLQAPERATIN
CRVAL{(1)=,.39
ABOUNCI(11=0,3
ABOUMC(1)=,99

NOPAR (21 =2

NAME PA (7I=[OHEQUAPRUACH
CPvaL {21=0.9
ARQNUNG(21=0.0
83QuUND12)=0,99

FIND MIN(MUM D1STILLATION PRESSURE FNR CONDENSATION
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- PMIN=80.

764

765

220

TCW=TCwI

XOIST=XxD
WRITE(6+764) YCH
WRITE(6.765) XDIST

FORMAT (/¢ COOLING WATER TEMP. (DEG K)#,F7.2)

FORMAT(® DISTILLATE MNLE FRACTION=2¢,F§.5)
CALL BCPTM(PMIN.TCW.XDIST.XDIST.3)
WRITE(6+220) PMIN

FORMAT (& MINIMuM COLUMN PRESSURE TO CONDENSE PRQODUCT

IF(NPAR.NE.3) GOTO 300

" NOPAR(3)=3

300

230
235
2640
310
400

410

500

[aXaNuRR)

SO0 D

120

ORVAL(3)=(PMIN+150.)/100.
ASOUND {3)=({PMIN+3, O!/IOO.
880OUND(3)=700. IlOO.

GOT0 312 - :
WRITE(6,230)

FORMAT (* DISTILLATION COLUMN DQESSURE (NNHG)?‘!

READ(S5,235) P
FORMAT(F10.3)

FORMAT (* $,F10.2)

RE TURN

CONTINUF

FIND CCST FNR GIVEN PARAMETERS
IF (NPAP.NE.3) GCTN 410
P=PARAM(3)*100.

IF(ITAG.NE.3) GCTO SO0
LOOK=LCOKX '
TCCST=CISTL (PARAM( ) ,PARAMI2),P)

AMVIL= 330,826, 8Ne( XD%6b, ¢( 1= XO)‘IB.)/(O.B‘IOOO.

COST-lOO.‘YCOST/ANVOL
RE TURN.
END

SUBROUTINE MONITINPAR.X.COSTGL o ISTATE.GPINRM,CONO.

iPOSOEFoNlTER-NFoIHoLlH.H.Lﬂ’

MCNIT REPORTS CN THE DaUFRESS QF THE OPTIMIZATION.

NO CCMPJTATION TAKES PLACE I[N HCN!T.

- INTEGER ISTATE(3). IW(TOV LIW.IW

REAL x(3),GC(31.,%(70)

CUMMCN/0ATA3/ LICK +MODE(30)

COMUCN /COSTS/CSPCA°oCSPQ°.CSPEFFo

SCHXCAP ,CHXEFF,

SCPCCAPCPCNP ,CPCEFF,

SCOLCAP ,COLEFF,CSRCAP,CSREFF,
SCRBCAP.CRROP,CRAEFF,

$CCNCAP ,,CCNTJO,CONEFF,

$CTCAP,CTOP,LTEFF ,CLABR,WORKERS.,
SXMS1JMAINT,DEPR, INVEST-LTAX.INSUR TAX.CFACTR

DATA N /0/°
IFILOOK.GCT, lli ¢aTo 500
N=Ne}

HRITE(éolZO) NPAR,NF NITER
FORMAT{/.® NPARze,12,* NF!‘-IQ.‘N!TER:‘ 16)
WRITF{A,1%31 XL1)eX12),X(3)

x8,F5,2)

140 FOIRMAT(® PARAMLI=e,F]15,11.% PARAMZ2=#,F1S,.11.8 PARAH}-‘ F15.11)
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lF(N.LE.Sl 6CTQ 400
N=Q
200 WRITE(6.220) CSPCAP'CSPEFF
220 FORMAT(® STRIPOPER COSTS. CAPITAL=®,F10.2,
$% ANNUAL=®,F10.2)
230 WRITE(6:235) CSRCAP,CSPOP,CSREFF
235 FORMAT(® STRIPPER REBOILER COSTS. CAP!TAL"-FIO 2+¢ (OPER=®,
$F10.2+® ANNUAL=®,F10.2)
WRITE(6+240) CHXCAP,CHXEFF
2640 FORMAT (& EXCHANGER COSTS. CAPITAL=s,F10.2,* ANNUAL"QFIO.Z)
WRITE{6,260) CPCCAP,CPCOP,CPCEFF
260 FORMAT (s PQST COOLER COSTS. CAPITAL=$,F10.2,¢ OP=2,F10.2,
$% ANNUAL=2%,F10.2) .
WRITE(6,280) CRBCAP,CRBOP,CRBEFF
280 FIR¥AT(s RERQILER COSTSo CAP[TAL=®,F10.2¢% OP=8,F1042,
$& ANNUAL=%,F10.2)
. WRITE(6+300) CCNCAP,CCNOP,CCNEFF
300 FORMAT (s CONDENSER COSTS. CAPITAL=,F10.2,% OP=%,Fl0.2,
$% ANNUAL=#,F10.2) .
WRITE(6.320). CjLCA’vCDLEFF
320 FORMAT(® DIST COL COSTS. CAPITAL=%,F10. 2.‘ ANNUAL=%,F10.2).
WRITE(£.330) CLABR
330 FNARMAT(® LABOR COST=#,F10.2)
WRITE(6+4340) CTCAP,CTOP,CTEFF
360 FORMAT(® TOTAL COSTS. CAPITAL=°.F12 2.8 OP=e,F12.2,
$% ANNUAL==,F12, Zl
400 CONTINUE
WRITE(6,160) COST - .
160 FORMAT(® CCST=®,F18.12,% CENTS/LITER®)
500 CONTINLE
RETURN
END

FUNCTICN DISTL(RATIO, FRAC,P)
COMMCN /COSYS/CSFCAooCSPOpoCSDEFFo
$CHUXCAP ;CHXEFF,
SCPLCAP,LPCNP ,,CPCEFF,
SCOLCAP,,ZOLEFF, CSRCAP'CSREFF'
SCR5CA9'C°80° CRAEFE,
SCCNCAP ,CCNOP.CCAEFF,
SCTCAPCTIPL,CTEFF.CLABRsWORKERS,
SXMST,MAINT,DEPR,INVFST,LTAX, INSUR,TAX, CFACTR
COMMGN/DATAI/ LOOK MQDE{30)
REAL MAINT, INVEST )
COMMGN /DLOTA/00.TOTOF.TDB,TDT,
SReDeFNRS
SXT YT, TSLAPELTIAT,
SRSLOPE JRINT,
$SSLOPE ,SINT,
SXB o XFMINJYFMINGSXFD«YFDe YRS,
"SOLSTAG «SSTACEJDLCTIAMDUHGHT,
SRATOL, ANVOL (RM [N ,RRATIN,REFLUX
COMMCN /HXDTA/TSTEAM AMX  NHX.DELORBL o
SAPC  NPC,TEWOPC ,CWFRPC,DELQPC,
$ARALNRB,STFRRA,DELQRY2, .
SASRINSR.OELQSTR,
SACNINCN,TCWOCN,CWFRCNJDELOCN
COMMON /INOUT/EMV,F.RFRACT.TCWT, XFeXDoFIRST1,FIRST2
COMMON /DATA/Mw{2) ,MIDWAY, CP’(S"CPL(Z’
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REAL MW MWE THe MWH20
EQUIVALENCE (MWETH,MW(l)]),
$(MWH2O MW(2)) :
COMMON /SPDTAIOS'TS'TSBcTSfo
$GS +GD,o STFRSP, )
$SSPSLCPSPINT, .

$XL o ¥YGy .

(sl aNalal

~205
2190

OO

215
229

e RN

(A EaNel

225
230

OOV O

1917

1919

SOV

$SOSTAG.SPOIAM,SPHGHT,
SPATSP

EXTERNAL CRGSS'STRIP TPNT
REAL L .

LOGICAL FIRST1.FIRST2

DISTL PERFIRNS THE STAGE BY STAGE VACUUM DlSTlLLATION
COLUMN DESIGN,

DATA MANHLS 72/

DATA NGZLS 78/ :

DATA TH(CK'/O.37SEOIv

CATA RHOL /1.0€0/ :

DATA HETPR,0I1AMR /0.933333€0,2.5E%/
DATA FIRST1 /.TRUE./

DATA FIRST2 /.TRUE./

MODE(L V=2

IF(LCOKL.GT.2) GOTO 210

WRTTE(6,205) N ' _
FORMAT(//,® = ENTERING FUNCTICN DISTL®,/)
CONTINUE : B

INITTAL PRESSURE AND CPERATING LINE RATIO

PO =90

IFILNOK.GT,2) ACTO 229
WRITE(6,215) POLRATNL : : :
FORMAT(* DIST CCLUMN PRES = ®,F6,2,%(MMHG), NP RATID =%,F6.4)
CCNTINUE :

FIND THE TAMGENT TO THE EQUILIA CURVE PASSING THRU (XC.YD)
XT 2ZERO(TONTXT ol +1.0F=5,0.504XDs6HTENT )
FIND rws‘u(nxuun ALLOWARLE FEEN COMPOSITION

XF M N =zeao<canss.xs~|u.1.1 0E=5,0.0 XD, 6HCROSS )
1F (LOOK.GT.2) GCTO 230 v
WRITE{£4225) XFVIN,XF

FORMAT (# XFMIN=® ,F6.5,% XFEED=®,F6.5)

CONTINUE

CHECKX THAT MOLE FRACTION OF ETHANOL IN FEED IS AROVE H(NINUN .
IF NOT: 20D A STRIPOING COLUNN

WRITE(H.1717)

FORMAT (e ALLOW SINGLE COLUMN DESIGN? (0=YES, 1=NO).*)
READ(S5.1919) MQODE(26)

FORMAT (12) -

IF MADF26=1. OVEPRIDE PROGRAM DECISION AND USE Tw0 COLUMN
DESIGN.
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IF(MODE(26).EQ.1) GOTO 240

IF( cNOT.(XF.LE. XFM IN)IGOTO 30000
IF(LOOK.GT.2) GBTO 240
WRITE(6,235)

FORMAT (& XFEEDCXFMIN, STRIPPER REQUIRED®*})
CONTINUE

IF(XF. GY.XFHIN) XFMI N=XF

CALL STRIP(FRAC)H

GOT2 30901

CONTINUE

FOaF

- XFO=XF

30001

[aXa¥al

DOV

OO

262
245

255
260

CSPCAP =0.0
CSPIP 20,0
CSPEFF 20.0
STFRSP 20.0
CHXCAP=0,.0
CHXEFF=0,0
CPCCAP=0,.2
CPCOP=0.0
CPCEFF=n,.0
CWFRPCaN .0
CSREFF 22,0
CSRCAP2N,)
CONTINUE

CALCULATE DISTILLATF AND 80TTOM FLOW RATES

O =2RFRACT#FN*XFO/XD
RATNL=(1.0/TSLNPE) +RATIO® (], 0-(1o0/TSLOPE)l
8 #Ff0=-C

X8 =(F DeXFO-D*x01/8

FIND THE QPERATING LINES

RSLIPE =RATOLSTSLAPE

RRATIN=L.0/((1.0/RSLAPE)~1.0)

RINT axNe(].0-RSLOOE )

YRS =RSLOOE®XEDaRINT .

SSLOPE =(YRS~XB)/(XFD-XA}

SINT =XRe(],0-SSLOPE) -

TF(LCOK.GT.2) GOTO 280

WRITE(6,242) v _

FIPMAT (777, * OISTILLATION COLUMN DETAIL®./)
WRITE(6,265) RSLOPE, RIMT

FORYAT(® RECTIFYING SLIPE=®.Fh.6,8 [NTERCEPTa®,Fb.0)
WRTTEL6,255) SSLOPE, SINT

FARMAT (= STRIPPING SLOPE*‘.F&.Q" INTERCEDTIC'FG.Qo/)
CONTINUE

FIND TEMPERATURE NF SATURATED FEED. AND EQUILIbRIUM
ETHANOL VAPGR "MCLFE FRACTINN

YFD sYRS
TOF =710
CALL BDPTM (DD.YCF.XFD.YFD.l)

CALCULATE REFLUX FLOW RATE
R 20*RSLOPE/(1.2-RSLCPE)

PEFLUX=R
IF{LCOK.GT.2.) 6CTQ 270



265
270

ann

30003

[a X s Xgl

271
272
32906
30007

275

280
3a0c0¢
30005
C

285
290

3o0lo0

30014
30012

30017
3Q015

30016
39013
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WRITE{64265) R
FORMAT (¢ REFLUX FLOW (GMOL/HR)" Ell.3)
CONTINUE

SUCCES IVELY CALCULATE_SfAGES

X =XD

Y =x0

DLSTAG =0.0

RSTAGE =0.0

IF{.NOT.{XGT.XBYIGOTN 30004
DLSTAG =*NLSTAG+1.0
IF{.NOT.IDLSTAGLGT .1.0}11GNTO 30005

O0WN TQO OP LINE

IF{ NOT.IX.GT.XFO) IGQTO 30007

Y sRSLOPESX+RINT

IF(LCOK.GT.2) GOTYO 272

WRITE(6.271) X.LY : -

FORMAT(® RECTIFYING UPERATKNG LINE., X=#%,F6.5,% Y=#,F6.5)
CONTINUE

GaTN 3CH08

CONTINUF -

Y =SSLCPESX+SINT

IF(LOCK.GT.2) GOTO 280

WRITE(6.275) X,V . } ) .
FARMAT(® STRIPDING NPERATING LINE., X=¢,Fh.S5,% VY=%,F6.5)
CONTINUE : . :

CIONTINUS

CONTINUE

BACK TO EJUILIBRIUM CURVE

XaLD =x

CALL 8CPTM (PD,TD.X,Y,2}
IF{LUOK.GT.21 GCTO 290

WRITE(E.2RS) X.Y v
FORwAT(® EQUIL TBRIUM cunvE. xstse.s.-[ Y=2,F6.5)
CCNTINUE o
IF{.NODT.(DLSTAG.EQ.1.0)1GOTC 30010
07 =TN

CONTINUE

IF(.NOT.(X.GT.XFDIIGATD 30012_
RSTAGE =RSTAGE+1.D

G310 379913

CONTINUS

LIF(.NOT.(XOLD.6T.XFD)IGOTS 30015
RSTAGE =RSTAGE «({XQLO-XFD)/{XOLD=X)
SSTAGE ={XFN=X)/(XBLO=X)

GO T 30016

CONTINUE

SSTAGF =SSTAGE+l. o

CONTINLF

CONTINUE

IF(.NOT.(X.LT.XB))IGATN 3001R

EXTRA =(X8-Xx)/{xXQLN=X) '

- DLSTAR =0LSTAG-EXTRA

30018
30020

SSTAGE =SSTAGE=-EXTRA
X aX38

CONTINUE -

GOTO 3C203
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30004 CONTINUE
: IF(LCOK.GT.2) GOTO 300
"WRITE(6+4295) NLSTAG SSTAGE
295 FORMAT{/.® THENRETICAL RECT. STAGES=®,F3.0,% STRIP. STAGES=%,F3.0)
300 CONTINUE :
108 =70

CALCULATE DISTILLATICN COLUMN DIAMETER

[a Xz Xal

GD =ReC

L sRefD

RHOG =MYH20$P0/(£2.36E3*TD8)

GPR IME =2S5JRAT (5. 206ERSRHOGS( RHOL~RHOG) . .
“EXP(-O.hqu‘L‘SCRY(QHOG/(RHUL-QHQG,|/G°),
GLBS =GN3MWH2N/4564 .0 : . o
AREA =GLBS/GPRIME

Pl1Q4=3,14159/4.C .

DLOTAM =SQRT{AREA/PIQ4)

CALCULATE DISTILLATICN COLUMN HEISHT

[aNalal

HETP =HETPR$(1.C+0.7%ALOGIO(DLOTAM/DIAMRY)
OLHGKT =(NDLSTAS=[)1%] . ISeHETP+4.0
IF{LCOK.GTL.2) GCTO 312 '
WRITE(6,305) DLOTAM,DLHGHT :
305 FORMAT(® DIST COLUMN DIAM (FT)=®,F4,2,% HT28,F4.2)
313 CONTINLE

ESTIMATE CAPITAL COST GF DISTILLATINN COLIUMN

(2 X2 K2l

DI AMD =0 DI AveTHICK/12,)
WY SHEL ZOLHGHT®2 14 (59801 AMOS THICKS0. 2901 44,0
WTOTAL =1 120WTSHEL
< STAINLESS STEEL CANSTRUCTICN IF BEER IS HANDLED DIRECTLY
c CARACN STESL IF a4 CLEAN FFED FROM STRIPPER IS MANDLED
EMATsl.‘, .
IF(MODE(1).ECL2) EMAT=2,0 .
TOWCST=EMATS(XUS1/5A9.1 287,162 (WTOTAL®®0 . .6126)
FITCST=EMAT® (x9S /%59, )« ( (MANHLS295 . )+ (NC2LS$S®52. 1)
TRAYCST=2,08(XMS1/569,)1%33,2(0TAM0es] 737
SUPCST=E AT #2,N*(xMS1/569. )25, 08(DIANNES] 737)
PCKCST 2(XMST/5€9, 10210680 NIAMSOLD I AMSDLHGHT*]1 0.3
coLcar =k.%9‘(TCVCST*OCKCST*FITCSY*SU’CST?TQYCST)
" COLEFF =CFACTReCNLCAP

CALCULATE REBNILFRY ENTHALOY CHANGE

2 XS Yz

DELQR3 =DELJI(Re(,x8,TD3,T08)
IFCLNDTOICSPEFFLNEL0L.0)1GATO 30021

- CALCULATE CHANGF [N ENTHALPY TN PREbADG STRI{PPER VAPQR
FOR FEED T3 nlSTILLATlUﬁ COLumN

CELQFD =DELO(FN,XFN, TST,TDF )

DESIGN HEAT EXCHANGER STWN OIST CNL FEED AND BOTTQOMS
(REPLACFS REPOILER WHEN STRIPPER [S USED)

A0 Ao n

IS AQDITINNAL FEATING REQUIRED FOR DI[ST COLUMN?
DELQRB1=DELQRY

IFLDELQRALGT.DELQFDY DELQRSL=DELQFD

CALL HXCNG (OELCRAL.400.3ENDTSTeTSToTOR, TOB ¢AHX o NHX »CHXCAP)



800
810
820

830
909

30cC2s
33023

37024

30026

OV

SO

1009
1910
19220

12330
1100

G0N

1709

30021

QY YO

1710
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IF{LCNK.GT. 2} GOTQ 900

WRITE(6,810)

FORMAT (//,* INTFR COLUMN EXCHANGER‘)

WRITE{64810)T7ST,TD8

FORMAT(® THOT (0EG Kla®,F6.2,.8 TCOLD!‘oFé 2y

WRITE(6,820) DELGRBI .

FCRMAT (*® DELND (KCAt/th=‘.El$.6)

WRITE(E£,830) AHX  NMX.

FORMAT(® EXCH AREAS (FT2)=%,F3.1,¢ NO. OF UNITS-‘-I3) _ }

CONTINUE o ..
CH!EFFsCFACTRtCNXCAP : o ) oo
IF(DELCRB.GT,DELQFN) GOTO 1700

.DESIGN'ADJlTIOWAL FEED PRECOOLER (TQ SAT. LIQ. FEED TEMP,)

IF(.NOT,(FIRST11)IGOTN 30023

TCWOPC =(TCWI+TCF) /2.0

FIRSTl=.FALSE.

GOTO 3C024

CONTINUSE

TCWAPC =AMINI(TCWIPC,TDF=1.0)

CONTINUE

OELJPC =NELOFD~CELQRS

CALL CN)S2 (CELQIPC,4.0E2,TDF, TCWOPC,
$APC, NPT, CwFRPC.CP'CAP.C°COP.CPCEFF)

[FILOGK.GT,.2) fDYO 1109

WRITE(6,1200)

FORMAT(// 4o POST COOLER®) ,

WR[TE(6.,1010) TCF.TCWI.TCWOPC-

FORMAT (¢ THOT (DE5 K1=®,F6,2,% TCOLDIN=®,F6.2,* TCCLOCUT=%,F6.2)
WRITE(6.1022)DELQPC o
FOURMAT (%2 DELTA C {KCAL/HR)=%,E15.6)

Wk [TE(6.1030)APC ,APC

FIRMAT (* EXCH AREAS (FT2)=e,F8.1.* NO. OF UNITS=e¢,[3)
CGVT!MU‘

ZERC FEBOILER COsSTS

CRBC AP =n,0
cr80P =9.0
CRYEFF =0.0
STFAR3 =0,0
GCTR 3C022 .
CONT INUE

' SUPPLEMENTAL REBQILER REQUIRED

DELQRB 2=DELQRR=DELCFC
'GGTI 1710

NO STRJQAER: NESTINN STEAM FED REQOILER

CONTINLC
DELQRB2=DELARA

SET INTER-COLUMN HEAT EXCHANGER COST TD 2ER0
{NO STIPPER U‘EDD

CHXCAP =0,0
CHXEFF =0.)
CUNTINUF



[aNaXNal

1301
1200
1210
1220

1239
1300

‘39022

10
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2ERQ PCST COCLER COSTS
CPCCAP 20.0

- CPCOP =20.0

CPCEFF =0.0
CWFRPC =20.0 '
CALL HXCNG (DELQRB2,3.5E2+TSTEAM,TSTEAM,TDB,TOR, AR, NRB.CRBCAP)

"SeS. REBOILER IF NGO STRIPPER TO PURTFY FEED

IF (MODE(1).NE.2) GOTQ 1301

CRBCAP=] ,A%CRBCAP

CONTINUE -

IFILOGK.GT,.2)GOTC 1300

WRITE(£,1200)

FORMAT(//,% OISTILLATIUN -COLUMN RESOILERS®)
WRITE(6.1210) TSTEAM,TDA .

FORMAT (® THOT (DEG K)1=#,F6.2,% TCOLD=%,F6,.2)
WRITE(641220) DELQRY?

FORMAT(® DELTA O (KCAL/HR)=®.E15.6)

WRITE(6,1230 )ARE,NRD .
FORMAT(® EXCH AREAS (FT2)=6,FR.1.* NO. OF UNITS=s&,13)
CONTINUS

.CR30OP =STCST(STFRRA,DELIRB2,2)

‘CRBFFF =CRSOP+CFACTR®CRACAP

CONTINUE -
CAN®T CONJENSE FRODUCT = USE HIGHER COLUMN PRESSURE
1F (.NOT. (TOT.LE.TCWI 11GOTO 30027

WeITE(6,10)
FORMAT (/231 CANeT COVO‘NSE PRODUCT/19H TOT LESS THAN TCWI/

3201 USE HIGHE® DPRESSURE)

39027

D OD

t‘i SO

30031
30029

33032

1400
" 1etn
1420

1430
1599

STCP
CONTINUE

CALCULATE RECIIED CONDENSLR ENTHALPY CHANGE"
DELOCN =0ELO(R#C.X0, TOT.TDT)
DESIGN FINAL PRLCDUCT CONDENSER

IF(.NOTLIFIRST2)150T0 30029

TOWOCN 2{TCAlsTRT) /2.0

FIRST2=,FALSF,

GQTN 30330

CONTINUE

TCWOCN -anlNI(rcuocu TOT=1.0)

CONTINUF

CALL CNJS {CELQCN.4.0F2, Tor.rcwocu.acn.ucnvcusncu CCNCAP.CCNOP cc
SNEFF )

IF{LCCX.GT.2) AOTO 1500

WRITF{6.1600)

FIORMAT(//.% PRNOUCT CNNDFNSERS)

WRITE(6c1410) TNT.TCWI.TCWOCN

FIORMAT(® TRNT (DEG K)ae,Ffs.2,8 TCLOLDIN=®,Fs, z.e TCOLDOUT:‘.F&.Z)
WRITF(661420) DFLACN

FORMAT (& DELTA Q (KCAL/HR)3®,E15.6)

WRITEL6s14301ACN,NCN

FORMAT(® EXCH ARFAS (FT2)=e,F8.1.% NO. OF UNITS=*,13}

CONTINUE
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CALCULATE TOTAL DISTILLATION SYSTEM COST

o151 EMPLOYEE MR PER TON PROOUCT

P+T, FIG 5-8

'NORKERS&O.151‘(0'66.‘;.2/(2000.‘[000.))

CLABO= (XMS]/569.)9264,4330.%10,¢WORKERS

CTCaAP =CSRCAPOCSPCAP0CHXCA90CPCCAPOCDLCAPOCRBCAP*CCNCAP
CTQOP =CLABR+CSPCP+CPCOP+CRANP+CCNOP

DISTL =CTEFF
RETURN
ENO

8LOCK DATA OLLCTA

COMMCON /DLDTA/POLTD,TOF«TDB.TDT,
$L,0.FDR, '
$XT YT, ISLOPE,TIANT,

SRSLOPE JRINT,

$SSLNPE LSINT,

SXB ¢ XEMIN,YFMIN,XFD,YFD, YRS,
SOLSTAG+SSTAGC +OLOI AM OLHGHT,.
SRATOL  ANVOL ,RMIN,RRATIO,REFLUX

INITIAL GUESS FCR PRESSURE IN DISTILLATION COLUMN {MMKHG
DATA PO 7170.0EC/ - :
INITIAL GUESS FOR TEMPERATURE

DATA TO /309.05%7 _
INITIAL GUESS FNR SLOPE INCREASE RATIN [N DIST COLUMN
CATA RATOL. /1.1E0/ _ '

INITUAL GUESS FRR TANGENT POINT

DATA XY /D.8E07

CATA YT /0.8E0/

DATA XF4IN /0.CSEQ/

END

SUBROUTINE HXCNG {0vUsTHOTT . THOTO, TCLOT . TCLOO . AREAL NUMB
DESIGM A HEAT EXCHANGER AND ESTIMATE [TS CAPITAL COST

C (S THE 4EAT TO 3EF TRANSFERED

CTEFF =CSREFF»CS°EFFoCHxEFFOCPCEFFOCDLEFF*CRBEFF#CCNEFF-.-

ER,COSTY

U IS THE HEAT TRANSFER CNEFICIENT IN BTU/(FTe®2 MR DEG F)

THQAT!, THOTC, ARS THE [N ANMD CUTGDING HOT STREAM !ENPS
TCLDL, TCLDC, ARE THE COLD STREAW TEMPS

ARFA [ S EXCHANGE ARE PER EXCHANGER (FTss?)

NJM3EFR 1S THE NUVBER OF EXCHANGERS NEEDED

COST IS THF ESTIVATED CAPITAL COST

COMMCN /CUSTS/CSPCAP,CSPOP,LSPFFF,

SCHXCAP JCHXEFF

$CPCCAP,LPLNP,CPCEFF,

SCOLCAP,COLFFF, CSRCAP LCSREFF,
$CRBCAP,L530P.CRAEFF,

SCLNCAP ,CCHO® ,CINEFF,
SCTCAP,CTNP,CTFFF ., CLABR.WORKERS,

$XMST ,MAINT ,DEPR, TMVE ST, LTAX, INSUR,TAX,CFACTR

(DEG K}
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COMMON/DATA3/ LOOK .MODE(30)
REAL MATINT, INVEST '
DATA AmAX /5.0€3/

CALCULATE LOG NEAN DELTA T

(s X aN sl

DELT! =FHOTI=-TCLOO
DELT2 =THITO-TCLO!
IF(.NOT.(DELT1.£Q. DELYZl)GUTO 30000
OTLM =DELT1 :
30002 GOTO 30701
30000 CONTINUE
oTLM™ t(OELTI°DELTZ)IALOG(DELT!/DELTZD
32001 CONTINUS

CALCUL ATE AREA

YOO

AREA =Q/10.4568UsDTLMSFTLMITHOTT, THOTO, TCLOL » TCLES, 1))

CALCULATE NUMBER NF EXCHANGERS

[ NeNal

RATIO=AREA/AMAY
NUMBER=RATIQ :

IF (RATIO.GT.NUMBER) MUMBER=NUMRER+]
AREA =AREA/NUMIER . »

ESTIMATE COST

(s Na N al

COST24 B3NUMAERS( XMST/569, 18331, ¢(AREA®$(0,5528)
. RETURN
EMD

2 N2 XN

BLCCK CATA HXDOTA

COMMCN /HXDTA/TSTEAM AHX JNHX DELQRSL o
SAPC «NPC.TCAQOPCCWFRPCL,DELIPC,
$ARS,NRH,STFRAB,0EL QRB2,
$ASR.NSR,DELQSTR,
SACNINCN,TCWOCN ,CWFRCN,DELQEN
DATA STFRRA /0.QE0/ -

CATA TCwWOPC /258.0/

DATA CwFRPC /0.CEQ/

DATA CwFRCN /0Q0.,CED/

END

[a N e NaNa)

‘BLOCK DATA INPUT
COMMON /INPUT/EMY,F,RFRACT, rcut.xs.xo.FlRSTL FIRST2

(g N el

MIRPHREE VAPOR EFRICIENCY
NDATA EMV /0.7EQ/
c - FEED TO. DISTILLATION svsren (MOLES/HR. MOLE FPACTION)
DATA F /1.0E6/ .
DATA XF /N.01EQ/
REQITRED ETHANGL PROOUCT COMPOSITION (MOLE FRACTION)
DATA X0 /n.3BL4EC/
(o RECOVERY FRACTION
‘ OATA RFRACT /0.$98/

in ]



2 X2 Xs X3) 2 X2 XaX2)

2 Xz K2 Kol

IR E R TR X Ka el

19
33200

29
30002

30004
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COOLING WATER TEMPERATURE
DATA TCWI /298.0€0/
END

BLOCK CATA MAINT
COMMON /MAINT/IFLAGL
‘DATA IFLAGI 707

“END

BLOCK DATA MAINTX

COMMON /MAINTX/TFLAGZ.NOP
DATA [FLAG2 /0/

. DATA NQP 71/

END

SUBROUTINE OPTIM (FoXsYsDELTAXsDELTAY, XM, XMAX , YMIN , YMAX , NAME )

FINDS LOCAL MIN[MUM OR. MAXIMUM OF FiX.Y)
USING NSWTCN=RSPHSON ALGORITHN

{X.Y). 8S PASSED CN CALL IS THE INITIAL GUESS

DELTAX, DELTAY A9F USED FAR COMPUTING oeaxvnrlves ‘OF F WRT X,Y
XMIN, XMAX ARE MINTMUM ANO MAXIMUM ALLOWASLE X VALUES

NAME [S THE MNAME OF FUNCTION F (IN HOLERITH) :

"EXTERNAL F .

COMMCY /DATAT Y/ LOCK ,MCDE(3Q)

DATA ABSTOLCRELTOL /1.0€-7+1.0€E=4/

DATA [ TI]MAX /2007

IF(.MO0T IXMAX,LE.XMINIIGOTO 30000

WRITE(6s17)INAME S
FORMAY (/37W QOT[»? xmaX LESS THAN XNIN (SnLVlkG vA6 LMY )

CCNTINUE

IFLLNDT (YMAX . LELYMIN)IGOTN 30002

WRITE(H,2DINAME

FARMAT (/37H OPTIv? YMAX LESS THAN YH!N (SOLVING A6.1H))
CCNTINUE

IF L NDT [XVMAX,LE JXMINLOR, Y“AX.LE YMIN))GOTO 30004

STOP

CONTINUE

CLOXx =X

OLO2Y =v

D0 30006 ITER=1,ITRMAX

VALUE =2PAQTL(F XY .DFDX,DFNY, DZFDX D2F0Y. DZFDXY.DELTAX.OFLTAY.
SYMIN, XMAX,YUIN,YMAX, NAME)

DENCK sN2FDX®N2FCY-D2FNXY*D2FOXY/4.0

DELX =(D2FDXYSDFOY-N2FDYEDOFDX) /DENOM

DELY s(DZFDXY'OFD!-O?FDXOOFDY)IOENGN

X =xX+0DELX

Y =sYsDELY

IFL.NOT, (ABS(OELX).LY RELTOL®AMINL (ARS(X).A3S{CLDX))eABSTOL. AND.AB
$SINELYI.LT. RELYCL‘A#IVI(ABS(Y).ABS(ﬂLDY))OASSTOL))GDYO 300n38
X=AMAX1(XysXMINSOELTAX)
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XsAMINI(X s XMAX-DELTAX)
YR AMAX L(Y,YMINGOELTAY)
Y=AMINLI(Y,YMAX-CELTAY)
VALUF sF{X.Y)
RE TURN
37008 CONTINUE
IF(NOT.IX.LELXNIN))IGOTN 30010
X a{XMIN+JLOX) /2.0
30012 GOTO 30011
30010 CONTINUE :
IF{.NOT. (X, GE.XHA!))GUTO 30013
X s{XMAX+ILDX) /2.0
30013 CONTINUE
30011 CONTINUE
IF{.NOT.(Y.LE.YMIN)IGOTO 30015
. Y a{YMIN+OLDY)/2.0 : :
30017 GOTO 30716
30015 CONTINUE
IFINCT.{Y.GE.YMAX))SOTD 30018
Y =(YMAXeOLOY) /2.0
3701 8 CONTINUF
30016 CONTINUE
OLOX =X
oLDY =v
30006 CONTINUS
- 30007 CCNTIMYUE
WRITE(G6e3IINAME. ITRRAX XcY . VALUELOFLX,DELY
30 FORMAT (/31K OOT[M? MO CONVERGENCE SOLVING ,A6,7H AFTER .13,
$11H ITERATIONSY/
$10% ,X'.IPEIOQB-uAHv Y2.E10eTobidso F‘tElOn}o
$THe DELX=29F13.3,7Hy DELY=2,E10.3)
RETURN
END

OO

BLOCK DATA Papms
COmmCy /PARM</PAR(3)
END

(s EaNaNel

FUNCTI QN PAHTL(F'KGoYUoOFOXoOFDV D2FDX.D2FOY+02FOXY, OELTAX DELTAY,
$XHIN.1"5X YMIN,YMA X, NAME ) :

CALCULATES FARY!AL DEQIVATYVES. SEE FU?CTION CIFFER FOR -
EXPLANATION CF CALCULATIONAL METHOOD. B

[a X Ne]

EXTERNAL F '
COMMON/DATA3/ LOOK 4MADE(30)
IF L NOT. (XMAX=XWIN LE.OELTAX#DELTAX) )GITA 30000
WRITE{6,10)NAME
10 FORMAT (/54M DARTL? XNAX-XMIN LESS THAN 2%0ELTAX (DIFFERENTIATING
$o
$46,1H1)
30000 CONTINUE
TF (. NOT. (YMAX=Y¥IN.LE.DELTAY+DELTAY) 1GITO 30002
WR ITE(6,29)NAME
20 FORMAT (/S4M PARTL? YMAX-YMIN LFSS THAN 28DELTAY (DIFFERENTTATING.
. s » . .



-142-

$A6,.1H) )
30002 CONTINLE
IF{ «NCT, KXNAX-XN!N.LE UELTAXOOELTAX.OR YMAX~ YN[N.LE DELTAYOOELTAY)
$1GOTO 30004
sToP
30004 CONTINUE
XM =X0-0ELTAX
XP = XQ4NELTAX
IF(NOT.(XM.LE.XMIN) IGOTO 30006
XM =X0 .
30C08 GOTO 30007
- 30006 CONTINUE :
IF(«NOT.{XP,GE .XAX)IGITO 30009
- XPp =Xx9
30009 CONTIMLUE
30007 CONTINLE
DELX =XP=XM
. YM sYQ-DELTAY
YP =YUDELTAY
IF{ NOT.(YM.LE.YMIN) )GOTO 30011
YM =YQ
33013 GOTO 3C012
30011 CONTINUE
IF(.NOT. (YP.GE.Y“AX))IGITO 30014
: Y =yn '
30014 CONTINUS
30912 CONTINUE
DELY =YP=¥YM
FMM aF (XM,YM)
FOM =F (XQ,YM)
FPW z2F (xO,vv)
FMJ =F (XM.YD)
FPO =F (YP,Y0))
FMP =zF (XMyYP)
FOP =F(xN,Y0)
FPP =F (XP,YP)
PARTL =F(XJ,YD)
DFOX = (FPO-FMO)/CELX
JFDY = (FNP=-FOM)/CELY
N2F0OX =(FPQ-PARTL~2APTL+FUN)/(DELTAX®OELTAX)
D2FDY =(FNP=PARTL=PART_ +FAM)/{DELTAYSDFLTAY)
D2FDXY S(FPp‘FNP-FDHOFHq,/((DELYAX*OELYAX)‘(DELTAY#OELTAY’)
RE TUURN
END

OO ON

BLOCK DATA SPOTA

STRIPPING COLUMN DATA

[a ¥ Xl

COMMAON /SPDTA/PSTSeTSBRLTST,
$GS 4 GO STFRSP,
$SPSLOPL,SPINT .
$XL «YGy
S$SPSTAG,SPD1 aM, S’HGHTy
SRATSP
Cc PP ESSURE
DATA PS /760.0EC/
INTTIAL GUESS FCR TE"’E“AYURE
DaTA TS /3Q0. 0EC/ .

(2l
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DATA RATSP I0.0I
ENO

FUNCTION STCST(RATE,Q,KIND)

COMPUTES REQUIRED STEAM FLOW RATE ANDO COST FOR A G!VEN
HEAT . DUTY,

[a N2 2Xsl (3N aNeNal

CUMMCN /MXDTA/TSTEAM ,AHX,NHX,0ELQRB1,
$APC,NPC, TCHNOPC CWFRPCL,DELAPC,
SARDNRB.STFRRBL,CELCRB2,
$SASRINSR,CELQSTR,
SACNNCNeTCWOCM . CWFRC N, DELQCN
COMMON /CNSTS/CSPCAP,CSPOP,CSPEFF,
$CHXCAP ,CHXEFF,

SCPCCAP ,,CPLCNP ,CPCEFF,

$SCOLCAP ,CDLEFF,CSRCAP ,CSREFF,

$CRBCAP ,CRBOP .CRBEFF, v
SCCNCAP CCNOP ,CCNEFF,
SCTCAP,CTOP,CTEFF,CLABR, WORKERS,

SXNSI o”‘l\'T-Dqu . "3VE ST. LTA‘O INSUR.YA'XQCFACTR

COMMDN/DATA3/ LCOK ,MCOE(30)

. REAL MAINT, [NVEST

REAL LMHEATW

S0 PSIGC SAT. STEAM:

DATA TSTEAM /420,.3E0/

IF(.NOT.(KIND.EQ.2Y1GOTN 309220
CALL LHVAP ([ TSTEARM ,OUMMY,LHEATHK ,HSOLN)

RATE =Q/LHEATW
30000 CONTINUE
c COST OF STEAM ($/1000 L8}

STMCST 2,50
STCST =(XxMSI/569.0)4RATE®24,0¢330, O‘ST“CST/656 0

)

RETURN
END
C
c
c
c
SURRQUTINE STRIP(FRAC)
CESIGN & STRIPPING CCLUMN ASSUMING CONST MOLAP FLUWS

(9% Nl

COMMOM /HXDT2/TSTEAM JAHX JNHX.DELORB ,
SAPC.NPF'TCHQPC-C“FRPC.DELOPC.
$ARB,NRB,STFRRA,DELQRB2,
$SASRNSR.OELQSTR,

SACNNCN, fChOfN.CHFRCN.DELQCN

CCMMON /COSTS/CSPCAPCSPOP,CSPEFF,
S$CHXCAP ,CHYEFF. .
$CPCCAPvC°CO°rC°CEFFv
‘COLCADOCDLEF‘OCS“cAPOCsREF:O

SCRRACAP ,CRBUP ,CRIEFF,
SCCNCAP,,CONNP L CENEFF,
$CTCAP,CTDO,CTEFF.CLABR, WORKERS .

$XMS] yMAINT ,DEPR, INVEST,LTAX, INSUR,TAX,CFACTR
COMMCN/DATA3/ LNCK.MODEL30)

RE AL ™MAINT, INVEST

COMMCN /OLOTYA/PD,TC,TOF,TDR,TNT,



[z XaEnXg! [a K2 N2}

[ I e ]

(e Xala]

83

87
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$BeDsFD R,

$XT o¥T, TSLOPE (TINT,

SRSLOPE RINT,

$SSLOPE (SINT,

$XR ¢ XFMINgYFMIN, XFD ,YFD, YRS.
SDLSTAG<SSTAGE.CLNI AM,DLHGHT,
SRATOL o ANV ,PMIN,RRATIO,REFLUX )
COMMON /INPUT/ZEMV,F,RFRACT, TCHX-XF.XD.FIR?T[.F]RSTZ
COMMON /DATA/MW(2) .MIDWAY.CPGI(S) ,CPL(2)
REAL MW, MWE TH,MwH20

EQUIVALENCE  (MWETH MW(Ll])]),

$(MWH2D yMW(21)

COMMCN /SPNTA/PSTSeTSB.TST.
5GSOGD'STEQSP'

$SPSLOP,SPINT,

$XL «YGo

$SPSTAG SPOT AM,SPHGHT,

SRATSP

DATA RHOL /1.0EQ/

DATA THICK /0.25/

DATA EMAT /1.6EQ/

DATA MANWLS 72/

DATA NQOZLS /%7

MODE(1)=3

"005(19‘30

IF{LOOK.GT.31G0T0 81

WRITE(6,83)

FORMAT(//.% ENTERING SUBROUTINE STRI°‘)
CCNTINUE

;CALCULATE 8OTTOM L IJUIO. PRONDUCT COHPUS!YION (xL)

4

6

12

XL =XFe(1.0-RFRACT)
CALCULATE VAPNR PRANUCT FLOW (GS)e COMPOSITION {YG) -

CAN 4 PRODUCT CF REJUIRFD YsXFMIN EE PﬁﬂDUCED {1l= NO)
YGMAX = XF

CALL BDPTM(PS,TS,XF,YGMAX,1)

YOM[N=XFMIY®], 23

[FIYOMAX LT, YOMIN) MODE{19)=]

TOP PRCONUCT CCMFCSITION FOR THIS ITERATION
YGaYGMIMNOFRACS (YGMAX=YCMIN)

VAPOR PAADUCT FLCwW 2ATE

GS=zF¢XFeRFRACT/YG

FIND CPERATING LINE -

SPSLOP =F/GS

SA2INT ==SPSLOPeXL

IF{LOOK.6T.31G0TC 12

WRITE(G644)

FORMAT (/7 .¢° STRIPPING COLUMN DEVA!L‘oI)

CWRITE(6.81GS,YG

FORMAT (# STR[DPEQ PROD FLOH (GMOLE/HR)=#,F12,3,# MOLE FRAC “-
$F5.4)

WRITF(6,6) SFSLCF'SPINT

FORMAT (¢ STRIPOER NP LXNE STOPE=®,FT.5.,¢: !NTERCEPT*"F7 5./’
CONTINUE

"IF(MODE(19).LT.1) GOTO 105

IF{LOCK.GT.6) GOTO 105
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WRITE(6,1046)
104 FORMAT (s WARNING, OISTILLATION FEED IS TOO OILUTES)
WRITE(6¢134) XF.YG ’ :
1346 FORMAT (¢ XF=%,F6.5,% YG=8,F6.5)
105 CONTINUE

c
c STE® QFF STAGES .
C .

X =xb

Y =0.0

SPSTAG =0.0

30000 IF{.NOT.(Y.LT.Y5))GOTO 3000[
'SPSTAG =SPSTAG+1.0
IF(.NOT.(SPSTAG.GT.1.0)1GOTC 30002

ACROSS TO OPERATING LINE

(e Xa Nyl

X =(Y=SPINT)/SPSLOP
IF (LOCK.GT.2) GOTO 248
WRITE(64247) X, _ _
267 FORMAT (® OPERATING LINE, X=®,F6.5,% Y=®,F6.5)
268 CONTINUE
30002 CONTINUE

UP TO EQUILIBRILY CUPVE

o

YOLD =Y
CALL BOPTK (PS.TS.XeYsl)
~ IF (LOCK.GT.2) GCTC 258
WRITE16.2561 Xo¥
256 FORMAT(® FQUILIB LINE, X=8,F6.5.% Y=e,F5,5)
258 CONTINUE
[FE.NOT.(SPSTAG.S0.1.01)GOTO 3000%
1SR =TS
30004 CGNTINUE
Y =YOLO+EMVE(Y-YQL D)
IF (LNOK.GT.2) GOTO 184
WRITE(&.186) Xo¥
136 FORMATI®S WwITH EMV, Xz®,F6.5,% Y2#,F6.5)
188 CCNTINUE
IF{.NOT.(Y.GT.Y5))IGNTO 30006
SPSTAG =SPSTAG-(Y=YG)/{Y=-YOLD)
Y =sYG
30006 CCNTINUE
36C28 GOTN 30009
30001 CONTINUE

c
c SET OUTLET vaPOR FLUH TEMPERATURE
_ TSTaTsS
c ; '
o] SET FEED SPECIFICATICNS FOR DISTILLATION COLUMN
c ’ .
FD =GS
XFD =Yg
c : ' .
C ESTIMATE STRIPPFR COLUMN DIAMETER
C

RHOG =MWH2C*PS /(62 ,36E38TST)

UFLOND 2. 36T7*EXP (=0, 932‘F‘§QPT(RNOG/RHOLl/GS!ISQRT(RHOGI(RHOL’QNUP
$)y

VACT =Q.7#UfLUCD

VEL =CSsMwH2(0%9,.8] LE=9/RHNG
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AREA =VEL/UACT

PIO4 =ATANZ(1.0E0.1.0E0)

SPOTAM =SQRT(AREA/PICL) .
IF(LOOK.GT.3) GOTO 115

WRITE(6,111) SPOTAM

FORMAT (/.® STRIPPER OIAMETER=,F7.3)
CONT INUE

ESTIMATE CAPITAL COST

SPHGHT =SPSTAGeSPSTAG+4.0
wYSHELssvucnrtz.1~lsquvo(Ancrnlcxto 29% 144,
WTOTAL=1.12#wl SHEL

Se Se STRIPPER
TOWCST=2,0®(XMST/569,1887 . 168 (WTOTAL®®0.6126)
TRYCST=SPSTAGS (XMS1/569.)%33.%(SPDOlAMes,T737)
FITCST=2.,0%(XMST/569,)8( (MANHLS®85.) +(NOZLS*52,))
CSPCAP =64 .39 (TOWCST+TRYCST+FITCST)

ESTIMATE NPERATING (STEAM) COST

DELOSTﬂ=OELQ(G§.XL.TSB-TSB)

CALL MXCHMG(ODELQOSTR, 350..TSTEA" TSTEAH.TSH.TSB;ASR NSR,
$CSCAP) ’

STAINLESS STEZL REROILEQ

CSRCAP=1.0*%CSRCAP

CSPOP~STCST(STFGSD.DELOSTR 2)
CSREFF=CSPOP+CFACTQe®(CSRCAP

[FILCUK.3T.2) GOTN 2209

WRITE(4®.2110)

FORMAT(//,% STR[POER RESBOILERe)

WRITE{6.2120) TSTEAm,TSA

FORMAT (& THOT (DEG K)=%,F6.2,% TCDLD".F& 21
WRITE{6,2130) OFLQSTR

FARMAT (s NELTA QU (XCAL/HR)IZ®,E15.5)"

WwRITE(6,2140) ASR,NSR . ’
FORMAT (® REBCILEQR ARFAS (FT2)2e,F8,.1.,* NO. OF UNI[TS=#,[3)
CONTINUE )

[F{LOCK.CT.3) GNTQ 125

WRITE{6.,121) STFRSP

FIRYAT (s STRIPOPER REBQILER STEAM FEED (KG/HR =% ,F6.2)
WRITF(6,123) CSPCP : :
FNRMAT (& YFARLY STEAM CQOST=e,Fl1.2})

CONT INUE

CALCULATE EFFECTIVE YFARLY (CST

- CSPEFF =CFACTRSCSPCAP

[FILCIK.GTL31GATIC 1717
WRITE(&.8) 6S.YG
'CONTINUE '

RETUSRN

END

FUNCTICN TPNTIX)

WHEM Tﬁﬂf =0, X IS THE FTHANOL MALE FRACTION - AT TPE ODPERATING
LINE AND EQUILIBRIUM CURVE TANGENT POINT,
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COMMON /DLOTA/PC,TD.TDF,TDB,.TDT,
$8¢ 0o FO oR

$XTo¥To TSLOPE TINT,

$RSLOPE «RINT .

$SSLOPE (SINT,

$XB o XFMINCYFMIN,XFDYFDe YRS
SOLSTAG (SSTAGE ;OLOl AM ,OLHGHT,
SRATOL ¢ ANVOL s RMIN,RRATIDLREFLUX
COMMCON/DATA3/ LCCK «MCDET(30) :

COMMCN /INPUT/EMY Fy RFRACT,TCWI ¢ XF, XD FIRSTL,FIRST2
OATA OFLTA /5,0E=6/ .

CALL 8CPTM (PD,T0,X,YT,1)

Yl =v7T

CALL BOPTM (PO.YO.X-OELYA'Y’I.U

Y2 =Y7

CALL BDPTM (PD,TC, X+DELTA,Y2,1)

TSLOPE =(Y2~Y1)/{DELTA+DELTA)

TINT =YT=TSLOPEsY

DINT =x0¢(1,0-TSLOPE)

TPNT =(TINT- D[NT"[OO.

RE TURN
END
(od
c
c
[ ‘ : ' ‘ v
FUNCTICN ZERC(F XN K INDoDELTALXMINGXMAX (NAME)
c S '
c KIND=1 3 FIND RCNY (0) OF F(X)
C =23 FIND LOCAL MINIMUM OR MAY IMiM
[
C USES NEATIN=RAPHSON ALGNRITHM
C
1 X0 PASSED IN CALL IS USED AS INITIAL GUESS
o DELTA IS YJSED IN CCHPUTING THE DERIVATIVE OF F wWRT X
C XM, XMAX ARE WINIMUM AND 9AX[MUM ALLNWASLE X VALUES
r NAME IS THE NAME OF FUNCTION F ([N HNLER[TH)
c
EXTEQNAL F
COMMON/TATA3/ LCCK WJMNDE(3N)
DATA ABSTILWPELTOL /5eNE~T+5.0E~&/
DATA [TR™MAX /4GC/ ‘
TF{NOT.(XMAX,LF.X4IN))ISOTO 30000
WRITE(A,10)NAME
10 FORMAT {/36M ZERC? XMAX LESS THAN X%IN {SNLVING .46.,1H))
STC? R
32000 CONTINUS
X =x0
aLox =x

00 30002 [TYER=1.iTR™AX
VALUE =OIFE°(F.X.KlND.DlFl.DlFZ.DELY&.xN!N.XﬂAX.hAﬂE)
IF(NAOTIKINDLEQL2))GCOTO 30004
DELX =2=N1IFL1/CIF?
32206 GQTN 30705
30004 CCNTINUE
) DELX =<VALUE/DIFL
30005 CONTINUE
X =xeDELX
TF{NOT.(ASS{DELX) LT, PELTDL'A“!N[(ABS(X).ABS(OLDX))fABSTﬂLllGnTO
$30007
TF(KIND.EQe 1l dANN.ARS (VALUE) .GT. {10.#48STCOL)) GOTC 30307
1CO0 x=AaMAXI{X,XM[MeDELTA)
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X=AMINLI(XsXMAX-DELTA)
VALUE =F(X)

ZERQ =X

RE TURN

30007 CONTINUE

IF ( NOT. (X.LE.XMIN])GOTO 30009 : _ ,
X =(XM[NeQLDX) /2.0 ' _ .-

33011 GATO 30219
30005 CONTINUE

IF{.NOT.(X.GE. xnaxn)GOfo 30012 ’ R
X s(xnax.oLOX)/z ] : o

33012 CONTINLE
3001 C CONTINUE

oLOX =X

37002 CONTINUE
30003 CONTINUE

OO Nn

nnnnnnnnonnnnnnnnnnnnnaa'nnnh.)nn

WRITE( 4,201 NAME, lfR“AX.X'VALUErOELX
20 FORMAT (/30H. ZERQO? NO CONVERGENCE SOLVING +A6+7H AFTER 13,
- $11H XTERATIONS/ _ )
$94 ) v19510o3o‘0"‘0 Fz,E10.3,7TH, DELX=yE10.3)
GOTO 1090 . ‘ . o
sTQP
ENO

\]

SUBROUTINE RCPTM (P, T,XETH,YETH, ITYPE)
THIS SUBRGLTIME PERFCR®S ONE OF THE FOLLOWING CALCULATIONS...

ITYPE= . 1-BUBRLE PCINT TEMPERATURE (GIVEN'P.Y-F!ND T.v)

{TYPE= '2-DSwW POINT TEMPERATURE (GIVEN P,Y=FIND T,X)
ITYPE=s 3-3URBLE POINT PRESSURE ({GIVEN T,X=FIND P,Y)

[TYPE= 4=CSw PCINT PRESSURE - (GIVEN T,Y=FIND P,X}

FOR ITYPE=1 CP 2... ’ .
THIS SUSROUTINE CALCULATES THE BUBBLE OR DEW TEMPERATURE (DEG K) FN3

A GIVEN PRESSUPE (mMumMG) AND FEED COWOPCSITION X(ITYPE=1) OR Y(ITYPc=2),
IT RETURNS T (K) AND Y ([TYPE=1) NR X (ITYPE=2). A GUESSED T “usST g€
SUPPLIED, 8UT [F IT [S .LTe 200.0 AR .GT. 600.0, A GUESS CF 325.0

willL BE SUPOLIFD. '

FOR ITYPE=3 (R 4... ' '

THIS SURRCOUTINE CALCULATES THE SUNBLE cn DEW PRESSURE (MMHG) FOR A
GIVEN TEMPERATURE (X) . AND FEED COMPASITION X{ITYPE=3) GR Y(ITYPE=4),
1T RETURNS P (M“HGY ANN Y{ITYPE=3) CR X(ITYPE=6), A GUESSEN @ MUST 8F
SUPPLIEND, BT [F IT IS oLT. 1.0E=¢ .OR .GT. 76030.0, A GUESS OF 350,32
wilL BE SUP°L!EQ. '

USES PASSED X AND Y A4S INITIAL GUESS.
SUBHOUTINES TOEP, TXOEP, AND PDEP ARE CALLED. .

BOPT™M IS BASED IN PART ON SUBROUTINES BUDET AND BUDEP,

FOUND IN #2COMPUTER CALCULATIONS FN MULTICOMPINENT VAPCR-LIJUIN AND

LINUID=-LIQUID EQUILIARIAZ RY PRAUSNITZ, ANDEQSUN.GRENS ECKERTLHS I FH, AND
Oy, CCNNELL, PRENTICE-HALL, 19%0.

DIMENSION X(Z)cY(Zl-DﬂHﬂV(Z)-EZ(Z)-Fé(})
COMMCN /DATA3/ LONK ,MODE(30?)
REAL K{(2)
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DATA [TMAX 740/
CHECK VALICITY OF INPUT PARAMETERS.

IF (ITYPE .LT. 1| «OR. [TYPE .GT. 4§ GO 7O S10
IF (1TYPE ,GT. 2) GO TO 10

CHECK FOR VALIDITY CF GUESSED T. v
IF (T .LT. 200.0 .0R. T .GT. 600.0) T=325.0
CHECK FOR VALIDITY OF [NPUT P,

IF (P .GT, 1.05-6 «AND. P .LT. 76000.0}) GO TO 20
[ERRQOR ={ . :
G0 TQ 330

CHECK FOR VALIDITY OF GUESSED P.
10 IF (P .LT. 1.06=6 .0R. P .GT. 76000.0) P=353.0
CHECK FAR VALIDITY OF INPUT T.

IF (T'.;To ZOO.C .ANDO Y'.LT. bO0.0) GD TU ZO'
IERROR=2 '
Gl Y0 220

20 1T7=0

INITIALIZE X

X(L) =X ETH
X(029=1.,0-x(1)

INITIALTZE ¥

YUL)=YETH
Y(2)=1.0-Y(1)

TQP OF ITERATION LCOP

40 IT=[Tel :

© IF (IT JUT. ITMaY) G T 50
[ERROR =2 :
63 TO 370

GET K VALUES FOR P.Texay

SO IF (ITYPE LEQ. & AND. IT .5T. 1) GO TN 55
IF (ITYPE _FC. 2 ANC, IT .GT. 1) GO TO Sé

. CALL TCEP (T)

S5 " CALL TXDEP (T,x1}

56 CALL PCEP (P T.Y.K)

CALCULATE SUM OF KX (BP) DR Y/K (DP),

S=0.0 .
00 R0 I=1.2 - .
[F [ITYPE .EQ. 2 .OR. ITYPE .EQ. &) GN TO 60
DUMMY ([ ) =x( )X (1)
60 13 70
60 DUMEY (T i=v(T)/X(])
M S=SedUMMY (1)
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80 CONTINUE ‘ ' .
BRANCH TO TWO METHODS OF CONVERGENCE FOR BUBSDEWT AND BUBDEWP.

IF (ITYPE .GTe 23 GO TO 160
FL=ALOG(S) . :

CHECK FOR CNNVERGENCE.
. IF (ABS(F1) .LT. 5.0E=9) GO TO 130
FIND K VALUFS AT .T¢l.,0 FOP FINITE DIFFERENCE DERIV!TIVE.

CALL TODEP (T+1.0)
. CALL TXDEP (T+1.,0.X)
CALL PCEP (P ,T+1.,0,Y,K}
$520,0 o
IF (ITYPE .EQJ. 2) GO TO 100

CALCULATé NEW VAPOR COMPCSITIOM FOR BP AND SUM OF kX AT Tei.0.

00 90 (=1,2
YL Y=0uUMMY(TY/S
- §S=SSexk{1)ex( )
30 CONTINUF
GO TO 120

CALCULATE NEWw VAPGR COMPCSITION FOR DP AND SUM OF Y/K AT T+l.d.
100 00 110 f=1,2
X1 1=0UMmY(1)/S
o SS=SSev (I )/XKLT)
110 CCONTINUE
120 F2=ALOGISS)
CALCULATE NEW NEWTCN-RADHSON TEMPERATURE
Ta(F2-FLI®T/(F2-T®FL/(T+1.0))
SREAK LOCP [F T [S CETTING JUT OF RANGE.
CIF (T .5T. 100.2 .ANO. T .LT. 1000.0) 30 TO 40
IERRNR =4 L .
63 TN 130
NORMALTZE CINVERGEC X OR ¥,
130 00 150 I=1,2

IF (1TYPE .F2. 2) GO TO 140 -
Y{1)=0UMMY(()/S

GO TtC 159 :
140 X )=DUMMYL 1) /S
150 CONTINUF

G3 ‘T 900

160 IF (ITYPE ,EQ. 4) GO TU 180
0D 170 1=1,2 )
Y{TL)1=nUMMY( 1) /S
170 CONTINUE :
: G3 TO 270
180 00 190 (=1,2
. X1 Y=0UMMY( 1) /S
190 CONTINUE
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IF (S LT. 5.0 .AND. S «GT. 0.2) GO YO 220
IF (S .LT. 1.0) GO TO 210

IF (ITYPE .EQ. &) GO TO 230

lF (e .GT. l'OE“ «ANDe P .L'. 76000.0,

$=5.0
GO 1O 220
$20.2
P=pss
GO TO 240
P=P/S
IERRGR=5
GO TC 330

IF (ABS(S~1.0)

G3 1O 40

«LT. 5.0E=9) 60 TO 900

IF. (ITYPE .CGT. 2] GO TO 310

El=1HP
E2(1)=4HMM 0
E212)=4HF HG
ES=4mT EMO

GO TC 220
El=1HT
E2(1)=4MDEN
F212)=1HK
ES=4HPRES

GO TO 2SO0

IF (ITYPE _EC. 2 .NR, [TYPE .EQ. &) GO TO 330

E3=1nx
E4=3maBL
GO TO 340
€3= 1wy
E4=3HOEW

G TO t350,360,373,3A0,390), IERRNR

E6l1)=4HINPY -

E6(2)=aMT PR
E6(3)=2HES
GO .TQ &0
E6(1)=aHINPY
Eh{2)=4HT TE
E6(3)=2wmD
GO TC 4)9

E6 (1) =arnyMa
E6(2)=aH, 1T
€6 (3 1= 2HFR
GO TC 402
Es(l)=anCaLl
E612)26M, TF
€6 (3 ) = 2HMD
GN TO %09
E6{1)=6HCALC
E6(2)=4kH, PR
E6(3)=2W€S

GO TN (41)e420,440+453)+ ITYPE

WHRITE (64470) E1 4P E20L)oE202) s EI o XTI 1) 4F@eESe(E6(T)ol=1o3)

GO TO 430

WRITE (644700 E1,P F20100E202),E3,Y(1) E44ES.(E6(T,I=1,3)

T=0.0
GO TO 1300

WRITE (844701 ELoT,E2(11,E2021,E3,X (1), FaeESo(E6IL),[21,3)

GO TC 4A0

WRITE (60701 FlLaT F2{1)0E202) B3, Y1) sEGES(E6IT),I=1,3)
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460 P20.0
GO TO 1010

70 FORMAT (71X, 2AT 2,A1 4238,F10.5+28 2,2A84,# AND 2yA1,2(1)=2,FR,5,2, =,

2. A3,2 POINT 2,A4.2 HAS NOT BEEN2/1H ,2CALCULATED BECAUSE %,

2 284 4,A2,2 EXCEEDS ITS ALLOWED PANGE IMN SUBR. BOPTM.£/)

c i .

C ITYPE HAS NGT BEEN INPUT PROPERLY.

[

510 WRITE (6.520)
520 FORMAT (/1H ,2SUBR. BD“TW ABORTED BECAUSE ITYPE WAS SET WROMNG.2/)
Gao vC 1030

o

C STOPE RESULTS IN PASSED ARGUMENTS
c

© 900 XETH=X(1)
YE TH=Y (1)

- C

€ EXIT. -

c : Do

1000 RETURN
END

o N

SUBROUTINE PDEP (P,T,Y,K)

THIS SURQUTINE CALCLLATES X,S AS FUNCTIOMS OF P, T,Y AND TODEO VARISLES.
TY[S SUSROUTINE SHOULN BE CALLEN ANYTIME P,T,X,IR Y ARS CHANGED, SINCE
THE K VALUES ARE DEOENCENT ON GAMMA(T,X), P, AND T, '

T IS EXPRESSED [N CERPEES KELVIN, ANU P IS EXOPRESSED [N MMHG, |

POEP IS AASEN [M PART ON SUBROUTINES PHISZ AND VPLIK 4.

FOUND [N =CNMPUTER CALCULATIONS FNR MYLTICOMPONENT VAPOR-L (QUIN AND
LIQUIO=LIQUID EQUILIBRTA~ BY PRAUSNITZ, ANNERSAN,GRENS,FCKERT, HS [EH, AND
Q«CONNELL, PRENT ICE-HALL. 1980, :

s XakaXaRa X XaXa¥a¥al

DIMENSINN PHI(2),Y(2)

COMMCN/NATAY/ LCNX,MN3E(30)

COMMCN /SUBTZ VLIQ(2),F(2),3(13)

COMUCN /SUBTX/ GAMMA(2) :

REAL X (2} . )
CONVFQY P FR(M MMHG TO ARARS, WHICH IS THF. UNIT USED B8Y TDEP ™n FIND
ZERJ PRESSUPE REFERENCE FUGACITY.

P=Pe®],C1325/760.93

PRT=P/ (T*33,1673)

BMaY{L)sY (1) ®H{1)eY(2)8Y{2183(3)s2, 08V ])eY(2)2R(2)

PHELYI=EXPL (2.N2(VY(1)*2(1)ev(2)18R(2))~-aM}8ORT)

CPHI(2)=EXPL{2,08(Y (2)%8(3)eY(1)2R(2))=aM)sOQT)
03 20 1=1,2
KD 1=GAMMA(T)SF (L )IeEXP(PRTeYLIQUI))/(PHI(T)%P)
20- CONTINUF
C CONVEHRT P BACK TC mMmuG FRﬂN 8ARS,
P=Pe760. 0/1.01’45
RE TURN :
ENOD

A

DONO

HLCLK CATA SURT
COMMEN /SUBT/ VLIQ(2)1.F{2).8(3)
END '
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8LOCK CATA SUBTX
COMMNN /SUBTX/ GAMMA (2}
END

SUBROUTINE TCEP (T)

THIS SUSRCUTINE CALCULATES ALL THE TEYPERATURE NEPENCENT VAR[ABLES.

THESE ARE= LIQUIC “CLAR VOLUMES,ZERO PRESSURE REFEPENCE FUGACITIES,

AND VIRIAL COSFFICIENTS. TEMPERATURE [S EXPRESSED IN DEGREES KELVIN.
THIS SUBROUTINE MUST BE CALLED EACH TIME A NEW T IS USED. °

IN AQDITICN, SUBROUTINE TXDEP SHOULD ALSC 8E CALLED, BFCAUSE ACTIVITY
COEFFICIENTS ARE FUNCTIONS OF T AS WELL AS X.

IF THIS SUBPCUTINE 1S USED, TFLAGL MUST RE COMMANED TG THE MATN
PROGRAM, [FLAG] =Q WKEN THF SUBROUTINE IS USED FOP THE FIRST TIME.
TOEP IS BASFD IN PART CON SUBRCUTINES MVALMREFUG,AND B81JS2,

FOUND [N =COMPUTEP CALCHLATINNS FOR MULTICOMPINENT VAPOR<L 1QUID AND
LIQUID=-LICLID EQUILIAR [A~ AY °°AUSNITZ-ﬂNJEQSWN.G°ENS-ECKERT.HSIEHoAND
CeCONNELL PRENTICE-HALL, 1990, .

DIMENS ION C1(23-fZ(Z).CB(2).Ce(Z).C‘(Zl.°C(2)otC(Z)QZRA(ZI.
2 o ROU2) ,DMI2) ,ETAL3) owl3)oSGMIIILEUKIY) ROO(B).A(3).DH(3)»
3 E(3)sECT3),8N(3)
COIMMQON /MATINT/ TFLAGL
CaOMmON/DATAL/ LCTK ,MODEL3ID)
COoOMMCN /SUBT/ VLIQI2).,FL2).8(3)
IFf (IFLAGL .CT. 91 GO T] 100
INITIALIZE CONSTANTS FOR ETHAMOL (1) AND WATER (2).
CRITICAL TEMPZRATURES (DEG K1 AND PRESSUPES (RARS).
TC(1)=516.26
TC(2)=64T7.37
PCll)=é3,3)
oC12)=221.22
LERD PRESS, REF. FUGACITY (BARS) FQUATINAN CNNSTANTS FOP. ETHANML o
Cli1)=-9n,909918893545
C211)=2=3465.873448346656
TC3(L)=2=0,062391261743748
Cell)=20.4806692956207
€5(11=2Ga0300206£4221C42773
1520 PRESS. REF. FHGOACITY (8ARS) ECQUATION CONSTAMTS FOR wATER.
Clt21=57,04153971918252
C212)=2=7304.8416152596
C3(2)20.0035888444369749
Co(2)x=6.6666397863423 .
C5(2)=2=0.07003N0850564287344029
NIPOLE MOMENT (DEBYES) o
CM(l)=1.69
OM{2)=1.83
MEAN RADIUS OF GYRATION (ANGSTROMS) .
RD(1Y=2,25
RD(2)=Q0.615
RACKETT PARAMETFRS FOR SATYRATED=LIQUID MOLAR VOLUME CORRELATION.
IRA(1)=0,2520
IRA(2)=2,23490
ASSOCIATION PARAMETER FGR ETHANDL.
ETA(1) =] ,40
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c SOLVAYION PARAMETER FOR ETHANOL - uATER BINARY.
- ETA(2)=1.55
C ASSOCIATICON PARAMETER FOR WATER.
' ETA(3)=1.70
EX=0.28571429
C CALCULATE TEMO, DEPENDENT PUHE-COHPONENT PARAMETERS (SUB. BlJS?).
DO 10 I=1 1e2 ) .
J=llel)®1/2
WlJI=RO(T)®(RD( 1) *#(-0.001366*RDO(1)+0.02096)¢0.0306026)
EOK(JI=TC(I)*(0.74840.,9L¢W(J))
EOK(J)=ECK(I)=TCL 1) *0.4%ETA(J)/(2.0020.0%W(J)})
SGM(J)=({2.64SCT-w(J))*e*3&TC(T)/PCLT)
C ANGLE AVERAGIMNG IS USFD TO ACCOUNT FOR THE EFFECT . OF POLARITY DUE TO
C A LARGE DIPILE ON THE ENERGY AND SIZF PARAMETERS.
PN=16.2+4C0.0%w (J)
PL=FN/(PN=5,.Q)
P2=3.0/(PN=£.0) :
CCNT=2,382=-1.882¢w(J}/(0.03¢W(J))
Xi=1. 7941807‘0*(!)ttkl(CONT‘EOKIJl‘SGM(J)"Z‘TC(l))
EOK(J)=E0K{J)*( 1. 0-X[*PlepPl*(], OOPII‘!!*XIIZ Q)
SGM(J)=SGMIJ)=( 1. 04X ]8P2) : )
ROP(J)=T243, E‘OM(X)‘t7/(EOK(Jl*SGN(Ji)
lo CONTINU‘
C CALCULATE TEMPERATURE INDEPENOEHT CROSS PARAMETERS.
14=2
I=1
J=3
Wl TJII=0.5%Cw(l ow( J})
ECK(TJII=0.7¢SIRTIECK([ISEOK(J) V+0.6/1L.0/F0K{T1)+1.0/E0KIJ))
SGM(1J)I=SIATISCMITI®SAMI4))
_ ROPLIJI=T263,880M( 1) s0M(2)1/7(EIKITI)ISSGMITII)) .
C CALCULATE REMAI4DER NF TE~°=parun= INDEPENDENT PARAMETERS.
. 034N 1=1,3
30(1)1=21,26129SGML 1)
A(11==0,3=0.CS*RNP(])
DH(I)I=1.5%+0,2%R0P([)ese?
CALCULATE T4 MOCIFIED RENUCED OIPOLE TO NE USFD IN CALCULATING THE
FREE=20LAR CCNTIIBUTIAN TN THE VIRIAL COEFFICTIENT.
IF (RDP(1) .LT. 0.25) GO TO 29 :
“RDP(I)=RNP({)=0.25
6019 30
20 [F- (RDPLI) aLT. 0.04) GO TN 30
ROP(1)=n.0
CALCULATE E(1J) VALUFS FCR FACH EYA(IJ).

[aNal

(9]

39 ELII=ETA(T)®(650.0/(50K(1)+300.0)=4,27)
40 CONTINUE
IFLAGL =1

100 CONTINUE
C CALCULATE LICUID voram VAOL'IIMES (FRAM SUB. MyOLM) .
DO 130 I=1.2
TR=T/TC( T}
[F {TR .GT. C.75) 50 TN 110
TAU=1.0#+#(1.0-TR)eeEX

GG 10 120 _ '
110 TAU=1.6+6.93026E~3/(TR=0.655)
120 VLIQ([1=83, 1473‘TC(l)'lﬂA(l)ttTAUIDC(!l

" 130 COUNTINUE
C CALCULATF IERD PRESSURE REFFREMCE FUGACXTIES {FROM SUB. REFUG).
0N 140 1=1,2
FLil= PX?(CI(!)OCZ(IIIT0C3(l)‘YOCQ(ll‘ALOF(T)OCS(I)‘Y“Z)
140 CONTINUE -
C CALCULATE THE SECIND VIRLAL COEFFICIENTS (FROM SUB. Blys2).

e
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DO 160 1=1,3
TS=Y/EOK( 1) ,
TSP=1.0/TS~1.6%wW( )
CALCULATE THE FREE CCNTRIBUTION TO THE SECOND VIRIAL COEFFICTIENT.
B(1)30.94=1.4T78TSP=0.856TSP*¢2¢] 015¢TSPes]
IF (ROPLT) LT, 1.06-19) GO TC 150
BUI)=sB8([)-ROP(I18(0.75<3.08TSP+2,1*TSPe82+2,18TSP*e3)
150, .  B8(I)=RO(IIsa(]) .
CALCULATE THE METASTARLE. BOUND. AND CHEMICAL CONTRIBUTIONS.
BO(I)=A(I)SEXP{OHIL)I/TS)
BO( 1)=3D(I)+EXP(E(]) I=EXP(1500.0ETA(I)/T+E(L1})
80(11282(1)*a0( [}
B(I)=8(1)+8011)
160 CONTINUE ‘
RE TURN
END

SUBROUTINE TXDEP (T, X).

THIS SUSROUTIME CALCULATES THE ACTIVITY CNEFFICIENTS, WHICH ARE
FUNCTIONS OF T aND Y. T SHOULD BE CALLED ANYTIME T OR X ARF CHANGED.

T IS EXPRESSED IN CEGPEES KFLVIN. TXDEP [§ PAOTL[ALLY BASED ON ACTIVZ,
FOUND [N 2CIMPUTER CALCULATIONS FOR MULT[COMPINENT VAPOR—{ [QUID AND
LIQUID~LIQUID EQUILIBRTA# RY PRAUSNITZ,ANDER SON,GRENS,ECKERT, HS [EH, ANT
OQCJNNELLG PRENTICE-HALL, 1980,

IF THIS SURPNAUTINE IS USEN, IFLAG2 AND NNP MUST BE COYMANED TO THE
M3 IN PROGRAM, IFLAG220 WHEN THE SURROUTIME T[S CALLED FOR THE FIRST
TIME. NOP=1 FOR THE 2=-PARAMETER 'NIQUAC

22 FJR THE 3J=-PARAMETER UNIQUAC :

=3 FIP THE 3-PARAMETER NRTL
FIT GF ACTIVITY COEFFICIENTS.

OTMENSTON R(2),3(21,GP(21,X(2)
COMMAN /MAINTX/ [FLAG2,NOP

. COMMON/DATA I/ LCOK,“ADE{30)
CO%MCN /SUBTX/ GaMma(2)
CONMMGN /DARMS/ DBAR(3)
PEAL LGL.LG?2

CIEFFICIENTS FOR 3-PARAMETER UNIQUAC FIT

BATA CTHOLLTHL /=16.03058823E0, 0.0647053R2353€0/
DaTA CPIC,(PL1,LP12,CP13,CPLl4VCPLS

/=99,32344525€0, 24.27541863E0, 5R.698815592F0,

14.5937136€J, ~10.42198857€0, -4.522048302€0/

DATA CP20,LP21,LP22,LP23,CP24,CP25,CP26
l 7327.381€35TEQs 1984500219960+ 152.9937678E0G, =-8.512191087F9,
2 =58.,20737C5€0. 0.7547851961€0 7.061925131E0/
bara CP3n,LP31,0932,CP33,CP34,CP35,CP36

N -

1 71.33253011C6E0, =N.TA2707501SE0c =N.3217071756EC.
2 0.226727554150, J.1384721276E0, -0.2313666795€0,
3 =0.0170849291¢ 0/

IF (IFLAG2 .GT. 0) GO TN 10
INITIALIZE CONSTANTS FCR ETHANNL (1) AND WATFR (2).
STRUCTURAL VOLUME PARAMETERS FNR UNIQUAC EQUATION.
Rili1=2,1
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R(2)=0.92

STRUCTURAL AREA PARAMETERS FOR UNIQUAC EQUAT!ON.
Ql1)=1.97
Qt2)=1.40 -

#JDIFIED SYRUCYURAL AR €A PARAMETERS FIR UNTQUAC EQUATION,
QP(1)=0.92
QPt21=1.20
IFLAG2=1

10 CONTINUE

S EaEal (g}

CALCULATE PARAMETERS ANO ACTIVITY COFFFlctchs (FROM: sue. ACTIVZ).
IF (NQP .GT. 1) 60 TC 20
EQUATIONS FNR PARAMETERS OF 2-PARAMETER UN!OUAC FIT.
INSERT FUNCTINN FNR PARAMETER | HERF
PAR(1)=-10845.01C8153¢1646.454638358¢T-0,69258895106468Tse2+
2 0.00143455625212%Ts¢3-1,096233611E-68Tss4
INSERT FUNCTINN FOR PARAMETER 2 HERE
PAR(2)=238765.541772=475.05211070R%T7+42,14108540923%T¢e2-
2 J. 006203165°3¢76~T¢a3+3 054583612E-6T*¢=s
PAR(3)=1.0
GO TO 30
20 IF (NOP .GT. 2) GB TO 40
EQUATIONS FNR PARAMETERS OF 3-PARAMETER UNIJUAC FIT.
THETA=CTHO+C THL®T
INSERT FUNCTIJIN FOR PARAMETER | HERE
PAR( )= CPIOO!HFYA‘(Cpll‘THFTAt(CPIZbTHETA'(CPl3¢THETA'(CPl6
1 +THETASCP1S)) )} )
INSEPT FUNCTINN FOR PARAMETER 2 HWERE
PAR(2) = C?’OofHETA'(C92107HETA'(CPZZ0TH=TAt(CPZBoTﬂETAt(CP24
1 *THETAS(CP2Se THETASCP25)) ) ))
INSEPT FUMNCTICN FOR PARAMETER 3 WERE
'»DAR(3)'C93oQYHETA‘(C°310THETAt(CPBZOTHETA'(CP!B&THETA‘(C°36
1 *THETAS(CP IS+ THETARCP36)) 1))
NOw CALCULATE ACTIVITY COEFFIENTS FOR UNIQUAC FIT.
30 T12=€XP{=PAR(1)/T)
T21=€XP(=-04P(21/T)
ELL1=5.08(R(L)=(1) )=(R(1}=-1.0)
EL2=25.08(R(2)=2(2) )=(R(2)=1.0)
PHS=X{1)eR{1)ex(2)%0(2)
PH1=X{1)e0 (] }/PKHS
PH2=1,.0-PH]
THS=X{[)®(1VeX(2)8Q(2)
TH°l=X(l)’Qp(1)/(!(1)'09(l)ox(2)‘0°(‘))
THP2=] .0=THup ]
SI=THP2+THO L T2
S2=THP 1+ THO 28T 2
LOU=ALCGIR(] 1/PHSY+5, O‘Q(l)'ALOG(Q(l)‘°HS/R(l)/THS)¢
2 PH2S(FLI-EL2*R (L1 }/R(2))
LCLI=LG1+PAR(3)SCPI 1) ®(=ALUGI S2)eTHP2®(T21/$2=-T12/511)
LG2=ALCGIR[2)/PHSI+G 003 {2)1%ALOGIQI2)®PHS/RI2)/THS )+

2 PH1e(EL2-EL1*R(21/P (1))
LG2= LGZ’PAR(})‘Qp(?)‘(oﬂLﬂG(SIDOTHPl‘(TXZISI =-T21/S2))
G3 YO 170

3-PARAMETER NRTL

40 CONTINUE .

INSERT FUNCTION FQR 0AﬂAMETEo 1 HERE

INSERT FUNCTINN FIR PARAMETER 2 HERE

INSERT FUNCTINN FOR PARAMETEP 3 MHERE
T12=PAR(1)/(1.,987=T)
T21=PAR(2)/(1.5A7sT)
Gl122EXO{=PAR(I)eT] 2}y
G21l=ExpP(~-PAR(3)eT21)
GS12=1{x(2)ex{1)8G]l2)es?
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GS21=UiXx(1)+X(2)9G21) s
LGI=X121%328(T212G21222/G521+4T712%G12/G6512)
LG2aX( 112223 (T12¢G12%52/GS124T21%G21/G521)

GAMMA( 1)=EXP(LG])

GAMMA(2)=EXP(LG2)
RE TURN
END
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‘Appendix 2

"COMPUTER GENERATED DISTILLATION DESIGN
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ENTZR THE AKNUAL PRCCUCTIOM RATE (MILLICNS OF L)
102, _

PYOL=  102000000,000 LITERS PER YEAR

ENTER THE FEED ETHANOL WEIGHT FRACTION

0006

FZZID WEIGHT FRACTION=.0600

FEED ETHAICL (G/HR)= 9737873.79 WATZR=153343434.34
ENTER THE MARSHALL STEVENS COST INDEX

717.0 , o

TEMPERATURE GF PROCESS COOLING WATER (K)

ZXTENT CF DITAIL NEEDZD? (1-9)

ENTERING FUCT. ITAG= 1

N2AR==IPARAM]I==INDER PARAN2==~INDEF PARAMI==INDET

2 CR 3 PARAMETER CPTINIZATICH?

2 2ARAM OPTIMIZATICY HOLDS DIST PRESSURE FIXED
3 ’

5

COCLING WATER TE(P., (DEGC Z) 221.48
DISTILIATE MCLE CFRACTICH=.23140
MINIMUM COLUMYN PRESZURT TO CONDENSE PRCDUCT =392.52

ENTZRING TUNCTIC DISTL

+ 2008 = 16%.74(MMIG), CP RATIO =1.10Q00
XTMIN=,045G9 (FrrD=.02455
ALLOW SINGLI COLUw! DISIGH? (:=YES, 1=NQ2).

e :
ZFZIDKXFMIN, STRIPIPER RLCQUIRED

ENTERING SUBRCUTINE STRI?

STRIPPING COLUYD DETAIL

STRIPPER PROD FLCW (GMOLE/HR)= 1027577.273 MOLL FRAC =.2063
STRIPPER CP LINE STCPE=8.43553 INTTRCEPT=~-.00041 .
EQUILIZ LINE, X=.0C00S5 Y=.00062

WITH TMV, X=.00C05 Y=.00043

CPERATING LINE, X=.0GC10 Y=.00043

CQUILIB LINE, X=.C0010 Y=.00126

WITH EMV, X=.00Cl0 Y=.00101

OFERATING LINE, %=.0CC17 Y=.001C1
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EQUILIZ LINEZ, X=,GiC1l7 ¥=.00213
WITH BV, X=.,00017 ¥=,00130
OPERATING LIKRE, ¥=,00C26 Y=.001:0
EQUILIS LINE, X=.00025 Y=.,00329
WITE ZMV, ¥N=,6C025 Y=.2C284
CPZRATING LIXNE, A—.Cru:" 1=.,00284
ZQUILIS LINEZ, X=.C003& 7=.0C484
WITH Evv, X=.0303C Y=.0C4Z4
O’rRAT'VG LINZ, X=.20CS5 "-.C
EQUILIN LINIZ, X=,046055 ¥=.CCo
WITH IMV, X=.00(55 Y=.3081C
Q2TRATING Lluu, “=,03C77 ¥Y=.C0510
zCUILIDS LIWZ, X=.,0C077 ¥=.00¢(2
NITH LY, $=.0CC77 Y=.0035
GPELLTING LINE, X=.CO01C6 ¥=.00256
EQUILIS LINE, X=.00106 ¥=.01319
w17 ZMY, X=,00106 Y=.011380
C?:ﬂJTI?G H:, X=.0C144 Y=,0118&0
'P""YE LIz, ¥=.00144 Y=,C1732
WITHL EMV, X=.20144 Y=,01601
SPURATING LIVZ, X=.CCl94 7=.01601
ZQUILIS LINE, X=.0(C194 ¥=.02377
KITH TV, %=.00104 ¥=,02144
GRIDATING LIUE, X=.,30253 Y=.02144
‘ZCUILID LIJ:, X=,0C238 vY=.02127
WITH IMV, X=,00250 Y=.02032
CTITATING LINE, X=.0C339 ¥=.02332

0624
peze.

TOUILIB LINT, X=.0C333 Y=.04055.
WITE MV, X=.0033% Y=.53688
CPTRTING LINE, N=.C0439 Y=.03688
IGUILIS LINE, X=.0043% ¥=.05174
WITI ZMY, X=.00439 Y=.04723
GPIRATING LINE, X=.CC362 ¥=.04728
EQUILIS LINZ, X=.00362 7=.06484

WITH MV, 1=.005%2 ¥=.05957
OrERATIN L:r:, x—.cc7r7 Y=.05257
ILUILID LIVE, X=.CC0707 Y=.07947
WITH oMV, “-.co7c7 ¥=.07354 ,
CPERATING LINE, X=.00S873 Y=.07254
ZUILIR LINE, X=.0C873 Y=.09579
WITH MV, X=.0C373 Y=.089°15
GPCRATING LINE, X=.01055 Y=.08915
TOUILI3 LINE, X=.01055 ¥=.11262
WITH IXV, X=.01055 ¥=.10555
CPERATING LINE, X=.01249 Y=.10553"
EQUILIB LINE, X=,01249 ¥=.12945
COWITI EMV, X=.01249 ¥=,12229
OPCRATING LINZ, X=.01446 ¥=,12229
ZOUILIS LINE, X=.01%46 ¥=.14553
WITI EMV, X=, oxaae ¥=.13359
OPZRA :xc LI =,01633 Y=.13859 -
ZQUILID LINE, A= 01638 v=,16046

>
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wITH EMV, X=,01638 Y=.15390
OPVRATI\G LIYE, X=,01219 7=.15390
COUILIB LINE, X=.01319 ¥=,17360
WITH EMV, X=.01819 Y=.15775
CZ:R&TLHG LINE, X=.019382 ¥=.16775
ZQUILIS LINE, X=.01982 ¥=_1£510
WITH EMV, X=.01982 ¥=,1769C
OEVTnTIﬁc LIVE, X=.02125 Y=.17990
EQUILIB LINE, X=.02125 Y=,19469
WITd MV, X=.02125 v=,19C25
PEZATI"" LIN:, X=,02247 ¥=,19G25
- EQUILIB L::-.:, X=,02247 1=,20258
wIiTH EV'V £=,02247 ¥=,19833
OPERATING LINT, %=.02349 Y=.19S53
ZOUILIB LINE, X%=,02349 v=,20297
AITA EMV, KX=,02349 Yv=,2059%4
CFEZRATIIG LIME, X=,02432 v=,20554
ZQUILI3 LINZ, X=.02432 v=,21406
WITI EMV, X=.02432 T=,21163

STRIPPZR DIAMETER= 5.875

STRIPZZR FETQILED
THOT (CEG K)=4206.30 TCCLD=373.14
CELTA Q (KCAL/HR)= «10665E+C8

REBOILER APEAS (FT2)= 1423.1 0. OF UNITS= 1

STAIP?PER RZEOIL&R STEAM FEED (KG/HR)=20624.

YEARLY STTAM CO5T= 1133417.56

STRIPPLR PRCD FLOW (GMGLZ/HR)= 1027877.273 HOLE FRAC =.2063

SISTILLATICN CCLLMN DETAIL

RECTIFYIYC'SLC”E— .7764 INTLRCIFT= .1671
STRIPFING SLOPE=1,7337 INTZRCEPT=-.0004

REFLUX FLOW (GMCL/IR)= ,8343+05
EQUILIBRIUY CURVE. X=.87351 VY=.88140
z CTIFYING ODPIRATING LINE. X=.87351 Y=.S7525
EQUILIZRIUM CURVE, X=,86584 Y=.87523
nchIrerc OPERATING LINE. X=.,86584 Y=.86932
EQUILICRIWMY CURVE. X=.35326 Y=.566%32
RECTIFYING cysnartuc LINE. X=.85826 Y=.56344
CCUILIGRIUY CURVE. X=,35064 Y=.361344
Rhcrrvytxc opunﬂrx"c LINE. X=.S5064 Y=.05752
 ZQUILIGRIUM CURVE. X=.84235 Y=,35752
RECTITYING OPEZRATING LINE. X=,34285 Y=.S85147
-EQUILILRIUM CURYVE. X=.83473 Y=.55147
RECTIFYING OPERATING LINE. X=.83473 Y=.34517
EQUILISRIUM CURVE. X=.82613 Y=.84517
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‘
i

RECTIFYING CPERATISG LINE. X=.32613 Y
EQUILIBRILM CURVE. X=.21684 Y=,53049
RECTIFYING OP“R&TI.G LGh. X=.31684 Y=,33127
EQUILIBRIUM CURVZ. X=.0C633 Y=.83127
RECTIFYING CPE&ATIKG LINE. X=.80650 Y=.32331
ZQUILI:nIUV CURVE. £=.79499 Y=,822331 .
~RECTIFYING CPERATING LINE., X=.79499 Y=.81¢431
EQUILIBRIUM CURVE. X=.73134 Y¥=,31431
RECTIFYIXG OPERLTING LINS., X= .75154 v=,50227
EQUILIBRIUM CUTVE. X=.76545 Y=.203C

RECTIFYING OPCNLTING LINE.  X=.763486 Y=.79133
ZQUILIBRIUM CURVI. =.74549% Y=.79133
2ECTIFYING OPERATING LINZ. X=.74549 Vv=,77538
EGUILIZAIUM CUNYE. X .71953 Y=.77553
RICTIFYING cr:n:*z.c LINE. X=.716533 Y¥=.75
CCUILIBRIUM CUVE. X= .68°5J Y=.75572 _
RECTTFYING CPERATING LINE. X=.03263 ¥=.72726
EQ"ILI:?I"v CURVE. Xx=.52959 Y=,7273%

ZCTITYING COPIDATING LINE. %=.62959 Y=.685029
~\LILIBRIJY CULLVE. X=.53707 Y=,50559
RECTIFYING CPIRATING LINC. X=.33707 Y=.61406
SQUILIERIUM CURVE. X=,34045 Y¥Y=.61405
AECTIFYING CPI2ATING LINE. X=.34946 Y=.46241
IQUILIZRITY CURVE. £=.11124 ¥=_43241 _

- 3TRIPPING OPZMLITING LINE. x=.1112* ¥=,19247
S IQUILIZDIUM CURVE. U= .0°c ¥=.19247
STRIPPING QPERATING LINE. X=.02026 Y=.03473
SCUILIBRITM CUTVE. X=.00278 Y=.03473
STRIPPING CPLDATING LINE., %=.00278 Y=.00442
EQUILIBRIUM CURVE. X=.0CC34 Y=.00442

83349

[}
~
(V)
w
~
N

""“’"O"‘""""CJ L REICT. STAGES=22. &TR 3T&GES= 3.

N A o addr uLuIA *

- DIST COLUMN DIAX (FT)=14.1 HT=34.6

INTIR CCLIM2 TXCHANGER

THET (DEG K)=367.06 TCOLC=335.84

DELQ (KCAL/!R)= <115044E+08

EXCH AREAS (FT2)= 2029.5 MO. OF UMITS= 1

DISTILLATICN COLUMY RCBOILER

THGT (DEG K)=420C,30 TCOLL=335.84

DELTA Q (KCAL/UR)= .108299E+05

EXCH AREAS (FT2)= .3 M0. OF UNITS= |

PRODUCT CONDENSER

THOT (DEG %)=317.72 TCOLDIN=291.48 TCOLDOUT=315.31
DELT4 Q (KCAL/HR)= .11G227E+08 .

EXCH AREAS (FT2)= 6536.7 NO. OF UNITS= 1
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MAIX DISTILLATICN TRAIN 101440147, L/YR CAPACITY

STRIPPING COLMYN, STAGES= 25.05949

DIAMETER= . «68752E+01FT. HEIGUT= .S4119E+02FT.
SLGFE RATIC= .84855E+C1 :
FEED FLOW RATE= .87221E+C4 KG-MOLE/IR

" FEED TEMPERATURE= 367.05987DEG-K
XF= «24358E-01
BOTTCM FLCW RATE= «76942E+04 KG-MOLE/HR
BOTTCM TEMPERATURE= 373.13587 DEG-XK
XL= +48717E-04
PRCDUCT FLOW RATE= .10279E+04 KG-MOLZ/HR
PRODUCT TEMPERATURE= 367.05287 DEG-K
YG= .20628E+0C

CAPITAL COST=$ .51922815+06

EFFECTIVE COST=$ .19979E+06 PER YR.

DISTILATION COLUMN, THECRETICAL STAGES= 25.23404 :
DIAMETER= .14080E+02FT. HEIGHT= .34579E+02FT.
PRESSURE= 169.73693MM HG.

SLOPE RATIO= 11547E+01

REFLUX FLOW RATE= .83362E+03" KG-MOL~/HR A
REFLUX RATIC= 3.47223 RMIN= 2,05254

FEED FLCW RATE= .1027%E+04 KG-¥OLE/HUR
FEED TLDMPERATURE= 321.90729 DEG-K

XFD=  ,2062312E+C0O
- BOTTCM FLCW RATE= .7837SCE+C3 KG-MOLE/UR.
2OTTC! TDMPERATURE= 335.84451 DEG-K

XB=  ,5322911E=-03

. PRODUCT FLOW RATE= «24C02E+03KG=MOLE/IR.,
PROCUCT TEMPERATURE= 317.71913 DEG-X

D= . .88140CCE+00 -

CAPITAL COST=S .67558E+06

EFFECTIVE COST=% «25996E+06PER YR

-

HEAT EXCHANGER, AREA= = ,2029SE+04SQ.FT. NUMBER= 1
DELTA Q (KCAL/HR)= .11504E+08
CAPITAL COST=$ ~ ,13736E+06 ‘
EFFECTIVE COST=$ +52855E+05 PER YR.
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POST~-COOL, ARLA= 0. SQ.FT. NUMBER= 0

COCLING WATER FLOW RATE=" 0. KG/HR
COCLING WATER TEMPEPATURE RISE= - 6.52000DEG-X

DELTA Q (XCAL/HR)= 0.

CAPITAL COST=$ 0. _

CCOLING WATER COST=$ 0. . PER YR,
EFFEZCTIVE COET=S O, PER YR.

STRIPPER RISOILER, AREA= <l4231E+04SQ.FT. NUMBER=

' DELTA Q@ (KCAL/HR)= .1CE65E+08
STEAM FLCW RATZ= .20624E+0SXG/HR
CAPITAL COST=$  ,18062052+C6
STEAM COST=$ .11334E+07PER YR.
EFFECTIVE CCST=$ ~  .12029E+07PER YR.

REBOILER, AREA= ~ «8C7CCE+COSQ.FT. NUMBER= 1
STEAM FLCW RATE= .20943E+02KG/HR
DELTA Q (KCAL/HR)= .10830E+05

CAPITAL COST=§ ~, ISIISCIL#04 - —= — = —  — — ..o

STEAM CCST=$§ -11509E+04 PER YR,
EFFECTIVE COST=$ ~ .1848CE+C4 PER YR.

CONDENSER, AREA= .65367E+04SQ.FT.. NUMBER= |
COCLINIG WATER FLOW RATE= -~ ,45307E+06KG/IR
COCLING WATER TIMPERATURE RISE=. 24,32897DEG-X
DELTA Q (KCAL/HR)= .11023E+08
CAPITAL COST=$ .262225+C6 . S
COOLING WATER-COST=$ - .21503E+06 PER YR.
EFFECTIVE COST=$ .315935+06 PER YR.
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SY“TEM TOTAL COOLING WATER FLCW = 453069, 2XC/%R
_ IO*A' CCOLING WATER COST=$ 21 ¢32.1 /¥R

TOTAL STEAM FLOW RATE=$S 20€45.0KG, ¥R,
TCTAL TCAM COST=$ 1134560 5 /."
LABCR PEOUIREYEV” (WORKERS/SHIFT)= 1.33
LABOR COST=$ : 182070.3 /¥r
TOTAL CAPITAL COST=$ - 177G829.7

TOTAL CPERATING COS

T=$ - 153267C.9 /Yn
- TCTAL EFFECTIVL COST=$

. 2216378.9 /yn

- .602120

C111846

- 0018047
0175160

.C151091
.0218491

/L
/L
/L

A
et

/L
/L
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